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Introduction 


Hans-Jurgen Wernicke 

Methanol can be generated from a wide range of carbon and hydrogen sources. 
Currently, large-scale production is dominated by the conversion of fossil 
resources, mainly natural gas and coal, to carbon monoxide and hydrogen (syn¬ 
thesis gas) as the intermediate for catalytic methanol synthesis. Although they are 
not yet economically competitive, more ecologically friendly processes have been 
attempted using regenerative carbon and hydrogen sources such as biomass, 
(recycled) C0 2 and hydrogen from electrolysis using regenerative power sources. 

Almost 60 million tonnes of methanol are presently being produced. Methanol 
today is the most important single building block for chemicals and fuel compo¬ 
nents. To promote and gradually realise the vision of a “methanol economy” as 
proposed by Olah (1994 Nobel laureate in Chemistry) [1] and his coworkers, novel 
process routes to produce methanol are indispensable to stepwise replace the use of 
conventional and unconventional fossil raw materials by regenerative sources. 

Sections 4.2^1.8 discuss state-of-the art industrial processes. Some examples of 
unconventional routes to methanol are mentioned here, with reference to more 
detailed literature. However, the boundary conditions of most of these examples 
concerning yields, selectivity, reaction conditions and in some cases 
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environmental constraints have not (yet) led to a scale up to economically feasible 
industrial processes: 

(a) Selective oxidation of methane in gas or liquid phase [2]: 

CH 4 + V 2°2 — CH 3 OH 

• Via halogenation: 

CH 4 + Br 2 -► CH 3 Br + HBr 
CH 3 Br + H 2 0 CH 3 OH + HBr 
2HBr + V 2 0 2 Br 2 + H 2 0 
CH 4 + V 2 O 2 -> CH 3 OH 

• Via methyl bisulphate in the presence of homogeneous catalysts (dissolved Hg- 
and other salts) [3]: 

CH 4 + 2H 2 S0 4 -► CH 3 0S0 3 H + 2H 2 0 + S0 2 

ch 3 oso 3 h + h 2 o ch 3 oh + h 2 so 4 

S0 2 + V 2°2 + H 2 0 ->• H 2 S0 4 
CH 4 + V 2 0 2 -> CH 3 OH 

• As above, but in the presence of a solid Pt-covalent triazine framework (CTF) 
catalyst [4] 

(b) From methane by high-temperature pyrolysis to hydrogen [5-8] followed by 
C0 2 hydrogenation: 

3CH 4 -> 3C + 6 H 2 
2CQ 2 + 6 H 2 -> 2CH 3 OH + 2H 2 Q 

3CH 4 + 2C0 2 2CH 3 OH + 2H 2 0 + 3C 

(c) Enzymatically from methane by methane-monooxygenase [9, 10]: 

NADH + CH 4 + 0 2 -► NAD + + CH 3 OH + H 2 0 

(d) From synthesis gas generated by the “Hynol” process [11]: 

Hydropyrolysis of a carbonaceous feedstock (biomass) into 
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• A methane-rich synthesis gas followed by 

• Methane steam reforming and methanol synthesis with 

• Recycling of excess hydrogen to the hydropyrolysis stage 

(e) By co-electrolysis of C0 2 and water into synthesis gas [12,13] 

(f) By steam reforming [14, 15] or direct hydrogenation [16, 17] of glycerol (as 
biodiesel byproduct) 

Sections 4.2-4.8 concentrate on the dominating process sequence for generat¬ 
ing synthesis gas from various carbon sources (and water), its conditioning and 
conversion into methanol. The carbon sources to produce methanol can be man¬ 
ifold. If fossil raw materials, they usually are natural gas, crude residual oil (crude 
resid), coal, or “unconventional” hydrocarbons such as shale gas or synthetic 
crude oil (syncrude). Gasification processes also allow the use of biomass, such as 
wood, straw, or waste and sludge. A special case is the separation and hydroge¬ 
nation of C0 2 to methanol with hydrogen from nonfossil sources. 

Section 4.1 provides an overview of the types and availability of raw materials 
from fossil and nonfossil sources. Sections 4.3 and 4.4 contain the various schemes 
to generate and condition synthesis gas via steam reforming, partial oxidation 
(POX) and gasification. Section 4.5 describes special situations of C0 2 separation 
(e.g. from flue gases) and hydrogenation to methanol. This is only meaningful if 
hydrogen from regenerative or any other source of nonpurpose hydrogen production 
is being used. Section 4.5 also summarises all potential sources of hydrogen and 
focuses on water-splitting technologies that use regenerative power. Section 4.6 
deals with the general principles of methanol catalysis. The properties and appli¬ 
cation of industrial methanol catalysts are described in Sect. 4.7, including the 
various large-scale methanol production processes based on synthesis gas. Section 
4.8 deals with the special case of C0 2 hydrogenation to methanol. 


4.1 Raw Materials for Methanol Production 

Hans Jurgen Wernicke 1 , Ludolf Plass 2 and Wladimir Reschetilowski 3 

1 Kardinal-Wendel-Strofie 75 a, 82515 Wolfratshausen, Germany 
2 Parkstrafie 11, 61476 Kronberg, Germany 

3 Institute of Chemical Technology, Dresden University of Technology, 01062 Dresden, Germany 


Economical methanol synthesis requires cheap synthesis gas, which can be pro¬ 
duced from a variety of feedstocks such as coal, lignite, natural gas, shale gas, oil, 
oil refinery residues (vacuum residues or petroleum coke), as well as from 
renewable resources such as wood, wood and agricultural residues, biogas and 
waste (see Sects. 4.1.1 and 4.1.2). When C0 2 is used, the required hydrogen can be 
produced by a variety of technologies (see Sects. 4.5.2 and 4.5.3). 
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Fig. 4.1 Atomic ratio of 
solid fossil fuels against the 
oxygen content 



Atomic Q:C Ratio 


The costs of these different feedstocks vary substantially according to quality, 
availability, cost of mining/preparation and transport. In addition, taxation issues 
according to different C0 2 production rates in the synthesis gas (syngas) process as 
well as government regulations for the use of renewable resources can—depending 
on the location of the plant—play an important role for the economics of the 
methanol production. 

Chapter 7 describes the different influences of plant size, plant location and cost of 
feedstock in more detail. The different syngas generation processes vary according to 
the different feedstocks, and the requirements of the reforming or gasification tech¬ 
nologies as will be outlined in more detail in Sects. 4.3 and 4.4. As illustrated in 
Fig. 4.1, the hydrogen and the oxygen contents of solid fossil fuels play an 
important role for the selection of feedstock preparation and gasification technology. 
Per tonne of methanol, approximately 1.5 t of bituminous coal (29,300 kJ/kg), 5.4 t of 
lignite (8,000 kJ/kg), 3 t of wood (15,500 kJ/kg) or 1,120 Nm 3 of natural gas 
(31,600 kJ/Nm 3 ) are required in terms of higher heating value (HHV). 

“Associated gas” from crude oil production is used for methanol and chemical 
production in the Middle East. Plans to do the same in Russia (also from depleted 
oil and gas wells) have so far not materialised. The use of mixtures of coal and 
waste for methanol and power production has been demonstrated at the Sekundar- 
Rohstoff-Verwertungszentrum in Germany (see Sect. 4.4). Developments to place 
a MegaMethanol plant (see Sect. 4.7.3) on a ship to make use of associated gases 
from oil drilling platforms had been far advanced in the pre-engineering stage but 
was stopped because of the economic crisis in 2008. 

The production of methanol and other chemicals from biomass has been espe¬ 
cially studied at different places and plants that are in operation or under con¬ 
struction in Brazil [18] and Sweden. A methanol plant in the Netherlands was built 
in the 1970s and was originally based on natural gas. It shut down in 2005 but was 
reopened in 2008 by the Company BioMCM, Delfzijl/NL and converted to use raw 
glycerine as feedstock to produce “green methanol,” essentially as a green blending 
component to gasoline. The “double counting” for biofuels of the second 
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generation makes it economically attractive to switch—at least partially—to 
renewable feedstocks. 

Looking into the future, it seems that the combination of different feedstocks 
will play an increasingly important role for the production of fuel, chemicals and 
energy. 


4.1.1 Fossil Raw Materials 

Conventional raw materials for the production of methanol range from natural gas 
to coal. However, there is a major evolution towards the increased use of non- 
conventional and renewable sources of hydrocarbons. This chapter puts major 
emphasis on the techniques and scenarios to produce and use nonconventional and 
renewable sources. 

Concerning the future availability of hydrocarbon feedstocks, one has to dif¬ 
ferentiate between the following: 

• The initial reserves as the sum of cumulated production and proven reserves 

• Potential availability of proven and assumed reserves as future potential resources. 

Specifically, the resources of unconventional hydrocarbons compared to 
reserves and resources of conventional hydrocarbons are not definitely established; 
only rough estimates exist. It appears that these resources could easily exceed 
known reserves of conventional feedstocks (see Table 4.1) [19]. 

Natural Gas/Nonconventional Gas 

Apart from dominating energy use, natural gas is the second most important 
feedstock (next to crude oil) for major chemical building blocks such as methanol, 
ammonia, hydrogen and their derivatives. Other industrial uses are in pulp and 
paper, iron and steel, ceramics and food processing. 

In recent years, the production and use of natural gas has been more and more 
supplemented by increasing exploration and use of unconventional gas and other 
unconventional hydrocarbons, specifically of shale gas, tight gas, coal-bed meth¬ 
ane, “deep deposits” of natural gas and also oil shales. Figure 4.2 schematically 
shows the sourcing of conventional and unconventional natural gas, which—apart 
from its energy use—is the hydrogen-richest and easiest-to-process raw material 
for methanol and other chemical building blocks. 

Natural Gas 

The reserves-to-production (R/P) ratio of natural gas worldwide is estimated at 
about 64 years, with the Middle East and Eurasian regions having the largest 
known reserves. The statistics also show a decline of R/P ratio over the last 
30 years, which has not (yet) been compensated for by the increased exploration 
and production of nonconventional reserves and resources. Over the years, the 
known absolute reserves have increased substantially through explorations and 
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Table 4.1 Reserves and resources of conventional and nonconventional fuels concerning 
conventional and nonconventional gas production, reserves and resources [19] 


Fuel 

Units 

Reserves 

EJ 

Resources 

EJ 



(cf. left column} 


(cf. left column) 


Conventional Crude Oil 

Gt 

168 

7.014 

15© 

6.637 

Conventional Natural Gas 

Tcm 

101 

7.240 

307 

11,671 

Conventional Hydrocarbons [Total] 

Gtoe 

341 

14.254 

433 

18,308 

Oil Sand 

Gt 

27 

1.120 

63 

2.613 

Extra Heavy Oil 

Gt 

21 

886 

81 

2,541 

TighWShale Oil 

Gt 

<0.5 

11 

87 

3.636 

Oil Shale 

Gt 

- 

- 

©7 

4.068 

Non-Conventional Gi [Total] 

Gtoe 

48 

2,0*0 

308 

12.858 

Shale Gas 

Tcm 

2.8 m 

105 w 

157 

5.©84 

Tight Gas 

Tcm 


_ m 

63 

2,307 

Coalbed Methane 

Tcm 

1.8 

70 

50 

1.886 

Aquifer Gas 

Tcm 

- 

- 

24 

©12 

Gas Hydrates 

Tcm 

- 

- 

134 

6.9S2 

Non - Conventional Gas [Total] 

Tcm 

4.e 

175 

478 

18.171 

Non-Conwentional Hydrocarbons [Total] 

Gtoe 

m 

2.193 

742 

31.029 

Hydrocarbons [Total] 

Gtoe 

303 

16,440 

1.180 

40,337 

Hand Coal 

Gice 

638 

18,602 

14,486 

424,553 

Lignite 

Gtoe 

111 

3,260 

1,684 

40,340 

Coal [Total] 

Gtoe 

740 

21,052 

16.160 

473,803 

Fossil Fuels [Total] 

* 

- 

38,308 

- 

523.230 

Uranium 1J 

Mt 

2.1 * 

1,061 * 

13* 

6.254 * 

Thorium 

Mi 

- 

- 

5.2 

2,006 

Nuclear Fuels [Total] 

- 

- 

1,061 

- 

8,860 

Non-Renewable Fuels [Total] 

- 

- 

30.450 

- 

532,000 


“ no reserves or resources 


*> 11 U = 14 000 - 23000 tee, tower value used or 1 IU = 0.5 k 10 *'- J 

a RAR re«werabte up to USOSOftg U 

3 > Total from RAR exploitable from 3O-2S0 USCVkg U, and IR arid undscovered <260 USDTcg U 
** 11 Tbocum assumes to have t» same tee-value as for 1 10 

89 only United States (Status: 2010) 

* induded in conventional natural gas reserves 


reassessment of new gas fields, responding to the heavy increase of world gas 
consumption (see Figs. 4.3, 4.4) [21]. 

Nonconventional Gas 

The exploration and use of nonconventional gas is most advanced in the United 
States. Projections in Fig. 4.5 show a steep increase of shale and other uncon¬ 
ventional gas production in the coming years, which has already overtaken the 
production of conventional gas. 

The most important nonconventional natural gases are shale gas, tight gas and 
coal-bed methane. Shale gas is contained in a grained sedimentary rock, which is 
broken up to release the gas from its pores by so-called fracturing. This is done by 
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Fig. 4.2 Schematic geology of natural gas resources [20] 
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Fig. 4.3 Static Gas Reserves-to-Production (R/P) Ratios 2012 (years) and Gas Production 
(billion cubic metres) 1987-2012 by region [21] 


injection of a mix of water, certain chemicals and sand as a spacer to keep the gas¬ 
releasing fissures open. The principle of hydraulic fracturing is shown in Fig. 4.6. 

The reserves and potential resources of shale gas (and oil) are spread over 48 
U.S. states, as shown in Fig. 4.7 [24]. This has led to oversupply situations in the 
recent years, with a reorientation from imports to even future exports accompanied 
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Fig. 4.4 Increase and geographical distribution of proven natural gas reserves (in %) [21] 


U S. dry natural gas production 
trillion cubic feet 



Source: ElA, Annual Energy Outlook 2013 Early Retease 

Fig. 4.5 Gas production in the United States [22] 


by a significant decline of gas prices in the United States compared to other world 
regions (see Fig. 4.8). 

So-called tight gas is natural gas that is contained in less permeable, nonporous 
hard rock, limestone, or sandstone formations. As with shale gas, several 
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Fig. 4.6 Principle of gas fracturing [23] 



Fig. 4.7 Shale oil and shale gas distribution in North America [24] 


techniques to extract tight gas from rock can be applied, such as fracturing and the 
use of rock-dissolving chemicals. Many of these techniques are under debate 
concerning long-term environmental impacts. 
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Fig. 4.8 Development of natural gas prices by region in US-$/MMBtu (until 2012) [25] 


In connection with coal mining, coal-bed methane so far has been an unwanted 
byproduct and safety thread. Instead of releasing it to the atmosphere, the col¬ 
lection of coal bed methane has become a significant contributor to the gas net¬ 
work in the United States and other coal mining regions. 

Compared with conventional natural gas, the composition of nonconventional 
gas varies. The content of C 2 + hydrocarbons, sulphur and other components 
besides the main component methane are wide ranging. The use of unconventional 
gas as chemical feedstock requires the same cleaning and conversion steps as used 
for conventional “dry” and “wet” (i.e., higher hydrocarbon-containing) natural 
gas, as discussed in Sect. 4.3. 

The low gas prices and often high content of C 2+ hydrocarbons will initiate new 
capacities in the coming years for conversion into synthesis gas by steam reforming 
or POX, as well as the use of the C 2+ fraction for olefins production by 
steamcracking. According to the International Energy Agency (IEA) [26], the 
United States will have the largest reserves worldwide and become the largest 
hydrocarbon-producing country in the world in 2017, pushing Saudi Arabia into the 
second position. By 2015, the United States will be ahead of Russia and also become 
the largest natural/shale gas producer worldwide; it will become independent from 
any fossil energy imports by 2035. According to the IEA, these reserves can provide 
energy independence for the United States for the next 100 years. 

Despite all environmental concerns in connection with climate change and with 
the production techniques used to collect unconventional gas, its generation and 
use will expand from North America mainly into the Asian regions, where vast 
resources are assumed. 
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Fig. 4.9 Reserves-to- 
production ratio of coal by 
region in years (2012) [27] 
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Coal 

Increasing crude oil prices, geopolitical aspects and large regional, easily acces¬ 
sible reserves will not only lead to more use of natural gas but also to a renaissance 
of coal conversion processes to produce chemical building blocks. The biggest 
growth of coal production and consumption for fuels and chemicals took place first 
in South Africa and then in China, where in 2009 more than 75 % of about 
40 million tonnes of methanol was based on coal. 

Coal reserves are more evenly distributed over the globe, with a proven R/P 
ratio of 109 years on average in 2012 (see Fig. 4.9). Production is increasing 
mostly in Asia, particularly in China (see Fig. 4.10). 

As already explained in the introduction, coal can only play a substantial role 
for the production of methanol either (a) if natural gas is scarce or very expensive 
or (b) if the coal is cheap and available in large quantities. This means in practical 
terms that only run-of-mine coal or lignite without or with minimum transport and 
upgrading costs is suitable as feedstock. Typical examples for such mine-mouth- 
based chemical plants are the Sasol plants in South Africa, the ANG plant in North 
Dakota, and large-scale chemical complexes in China. Because the composition 
and nature of coals are rather complex, the syngas production processes have to be 
precisely adapted to the characteristics of the coal, as outlined in Sect. 4.4. 

High-quality coal, which is traded on a worldwide basis, is today priced in the 
range of $60-80 per tonne. Therefore, at current methanol prices, it is not 
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Fig. 4.10 Production of Coal 
1987-2012 by region (Mio 
tonnes of oil equivalent) [27] 


87 92 97 02 07 12 0 



competitive if methanol is the only product. However, if the overall process 
scheme integrates syngas production with downstream production of power and 
chemicals such as methanol, then the economics are different and may also allow 
for the use of high-quality coal. 

Heavy Oil and Oil Residues 

High conversion rates in modem refineries generate substantial amounts of resi¬ 
dues, such as vacuum residues and petroleum coke. The use of petroleum coke in 
power stations is becoming more and more difficult, especially because of the 
typically high sulphur contents in the coke. An alternative is the use as feedstock 
for chemicals via entrained flow (EF) gasification. More than 95 % of liquid 
material gasified consists of refinery residues [28]. POX at high temperatures 
(1,350-1,400 °C) and high pressures (30-80 bars) with 0 2 produce a CO/H 2 
syngas stream containing both gases with approximately the same volumetric 
quantities. 

The noncatalytic process can accept a relatively broad spectrum of liquid feed. 
However, every feedstock needs to be evaluated carefully to meet the expected 
syngas requirements. EF-slagging gasifiers, designed for pulverised coal, have 
been successfully converted to petroleum coke. Because of the lower reactivity of 
the petroleum coke against coal, either the gasification temperature must be 
increased or the residence time prolonged (see Sect. 4.4). Also, ash must be added 
to produce enough liquid slag to protect cooled membrane wall reactors or to 
ensure a liquid slag in case of refractory-lined reactors. 
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4.1.2 Renewable Raw Materials 

General aspects 

Currently, mostly fossil raw materials are used for the production of methanol 
because the most important criteria are the cost of feedstock and its processing 
costs. For example, the synthesis gas production accounts for a large part (up to 
60 %) of the investment of a methanol plant [29]. In the longer term, an increasing 
amount of methanol can be made from renewable and sustainable resources, 
including every kind of biomass, biogas, agricultural and timber waste, solid 
municipal waste and other feedstocks. 

In principle, methanol can be produced from biomass in two different ways. 
“Dry” biomass (e.g. waste wood) can be gasified, producing a gas mixture that has 
to be conditioned in order to obtain a parent gas suitable for methanol synthesis 
[30]. A biogas that is rich in methane can be produced from “wet” biomass (e.g. 
biodegradable waste) by means of fermentation. Both gases have to be cleaned and 
conditioned before being suitable for methanol synthesis [31]. Pathways for the 
production of methanol from biomass are illustrated in Fig. 4.11. 

The gasification of “dry” biomass produces a gas mixture mainly consisting of 
CO, C0 2 , H 2 , H 2 0, CH 4 and higher hydrocarbons, as well as condensable aromatic 
compounds (tar). Such tar can condense at a temperature below 300-400 °C and 
will negatively affect the downstream processes. Furthermore, the obtained raw 
gas contains small amounts of contaminants such as dust, sulphur compounds, 
ammonia and halogens—some of which are poisonous to the methanol catalyst. In 
principle, the contaminants are the same as those found in the raw gas of coal 
gasifiers (see Sect. 4.4). A H 2 /CO ratio slightly above 2 is desired for methanol 
synthesis, which requires further adjustment of the gas composition by means of 
scrubbing and shift conversion (see Sect. 4.4.8). Another possibility to adjust the 
H 2 /CO ratio is the addition of hydrogen from other sources, such as water elec¬ 
trolysis (see Fig. 4.12). 

This leads to a rough balance of a biomass input of 2 t/h (waste wood) and an 
energy input of approximately 5 MW e i to produce approximately 1.2 t/h of 
methanol [32]. The necessary separation of a large part of the C0 2 (more than 
60 %), however, reduces the conversion of the biomass carbon into methanol 
further to approximately 45 %. The correlation between the rates of CO, C0 2 and 
hydrogen in the biomass-based synthesis gas and the methanol yield and selec¬ 
tivity was examined and described in detail by Yin et al. [33]. 

As described for natural gas feedstocks in Sect. 4.3, the production of methanol 
on the basis of biogas consisting mainly of methane, carbon dioxide, as well as 
some undesired components requires a complex purification and subsequent 
reforming and potential water gas shift conversion of the biogas. An undesired side 
reaction in the raw gas processing is the methanisation of C0 2 , which consumes 
part of the generated hydrogen (Sabatier reaction): 
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Fig. 4.11 Simplified schematic illustrating methanol production from biomass-based feedstocks 


Raw Gas 



Fig. 4.12 Flow diagram for methanol synthesis from biomass, including hydrogen generation by 
electrolysis. Because there is still a hydrogen deficit, carbon dioxide has to be removed from the 
raw gas [32] 
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Excess C0 2 contents in the reformed biogas can be removed by scrubbing or by 
pressure swing adsorption (PSA). Lack of hydrogen in the synthesis gas may be 
corrected by hydrogen addition from external (regenerative) sources. Details of the 
methanol synthesis itself are described in Sects. 4.6 and 4.7. 

Without any additional hydrogen and assuming a carbon dioxide separation 
efficiency of 95 %, the overall carbon-to-methanol conversion drops to about 
20 %, with a methanol production of only 0.6 t/h based on a wood input of 2 t/h as 
a feedstock [34]. According to other reports, this procedure can produce 2 t of 
methanol (96 % pure) from 1,500 m 3 of biogas generated from 100 t of liquid 
sludge per day [35]. 

In newer facilities that use renewables for the production of methanol, the 
synthesis gas or biogas is mainly generated from organic residues. Such facilities 
also function as waste disposal facilities in that they fulfil an ecological task as 
well, which also changes the economic perspective [29]. 

Increasing production of methanol based on biological resources seems to be 
feasible, particularly because the individual process steps are for the most part 
known. Sound cost-benefit calculations for large industrial facilities are available 
as well. 

Wood 

Of all the types of biomass, wood appears to be attractive as a renewable raw 
material for chemicals, as in methanol production [36]. In 2005, the total volume 
of the accumulated wood from all forests in the entire world was estimated at 
422 Gt by the Food and Agriculture Organization of the United Nations (FAO) 
[37]. Distribution of the world’s forests is illustrated in Fig. 4.13. Every year, 
3.2 billion m 3 of raw wood are cut—almost half of it in countries in the tropics. 
But with 2.3 m 3 /ha, Western Europe presents the highest annual cutting rate. 
Almost 50 % of the global timber is used as firewood, particularly in countries in 
the tropics. However, power generation still remains the most important type of 
utilisation of wood. In Western Europe, firewood only accounts for almost a fifth 
of the wood cut. Wood is considered a renewable source of raw material and 
energy, provided that the volume used does not exceed the volume regrown. The 
fact that it is simple to process and accordingly requires little energy for pro¬ 
duction. However, logistics and processing of wood constitute other important 
factors in its ecologic assessment. 

The wall of lignocellulosic plant cells typically consists of cellulosis (40- 
50 wt%), hemicellulosis (25-40 wt%), lignin (20-30 wt%), small amounts of so- 
called extractives (2-10 wt%) and some inorganic compounds (0.2-0.8 wt%) 
forming ash during combustion [38]. Fresh biomass contains up to 60-70 % water 
and must be dehumidified prior to gasification to reduce the water content to 
approximately 15 %. In order to constitute an economically attractive feedstock, it 
should cost only half as much as coal, calculated on the basis of the same heating 
value. 

Table 4.2 indicates the composition and heating values of wood in comparison 
to hard and brown coal as well as peat on a dry, ash-free basis. 
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Fig. 4.13 Distribution of the world’s forests, recorded by the Food and Agriculture Organiza¬ 
tion, 2006 [39] 


Table 4.2 Comparison of the composition of completely dry hard coal, brown coal, peat and 
wood on an ash-free basis 


Elemental composition, % 

Hard coal 

Brown coal 

Peat 

Wood 

Carbon 

79.5 

66.6 

56.9 

49.5 

Hydrogen 

4.7 

4.9 

5.7 

6.1 

Oxygen 

12.7 

26.9 

35.9 

44.1 

Nitrogen 

1.4 

1.2 

1.3 

0.3 

Sulphur 

1.7 

0.4 

0.2 

0.02 

Lower heating value, kJ/kg 

31,100 

25,500 

21,800 

18,400 

Higher heating value, kJ/kg 

32,100 

26,600 

23,000 

19,700 


Although coal mining and oil production hardly take up any surface area, the 
production of all kinds of biomass requires large areas and a suitable climate. This 
limits the use of such raw materials to those countries with a very large surface 
space and lack of oil, gas and coal resources. 

Among all potential regenerative raw materials, methanol production based on 
wood is the most cost-efficient method. It is superior to every other process in 
terms of the total calorific efficiency, the expense for cultivation and harvesting, 
and the net yield per hectare. Wood is planted every 10-30 years, can be harvested 
and used throughout the entire year, and does not cause any environmental 
problems. Wood ash from the gasification process is conveniently returned to the 
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soil. This is possible due to its high melting point, so that it does not form slag in 
the gasifier (see Sect. 4.4). 

Wood gasification and gasification of organic residues for the purpose of pro¬ 
ducing synthesis gas or gaseous fuels for heat and power generation has recently 
led to a growing number of research and demonstration projects. Wood from 
forests as well as agricultural lignocellulosic biomass is particularly suitable as 
feedstock. Lignocellulosic biomass primarily includes stalk material such as crop 
and corn straw as well as other residues from the agricultural cultivation of crops. 
In the future, this might be complemented by energy crops such as Miscanthus 
giganteus as well as poplar and willow wood cultivated on short-rotation planta¬ 
tions [40]. Compared to biomass containing starch or sugar, such as wheat, com, 
sugar beets and sugar cane, the net yield of wood-based methanol is 1.5-2 times 
higher based on the same heating value. 

Gasification of biomass has been tested up to the industrial scale in various 
reactors, but its use today in long-term operations is limited. The preparation and 
input of the feedstock as well as the monitoring of the ash behaviour constitute the 
greatest challenges. There is a great number of different versions in terms of the 
reaction engineering concerning gasification temperature, the type of biomass used, 
and its pretreatment. The various gasifier types are explained in detail in Sect. 4.4. 

Examples of overall processes using biomass with high-temperature gasifica¬ 
tion in an entrained-flow reactor are Bioliq [41] and Chemrec [42]; examples of 
methods with gasification in a fluidised bed (FB) include allothermal gasification 
with a solid heat transfer medium in biomass power plant Giissing [43] and 
bubbling bed from Uhde, a ThyssenKrupp company [44]. Uhde has been selected 
as technology supplier and engineering partner by Varmlans Methanol for a bio- 
mass-to-methanol (BtM) plant with an annual production of 100,000 t of fuel- 
grade methanol from biomass (forest residue). The world’s first full-scale BtM 
plant will be strategically located in the forest-rich province of Varmland, in 
Hagfors, Sweden. Fixed-bed reactors are not suitable for synthesis gas production 
due to the high amounts of byproducts formed and the critical scale-up. Several 
companies are working on the development of adapted syntheses for methanol or 
dimethyl ether, including Bioliq [45], BioDME [46] and TIGAS [47]. 

Particularly in the United States, work on the chemical processing of wood is 
stimulated by the fact that waste wood with a volume of more than 500 million 
tonnes (dry product) is generated every year. With regard to Brazil and the United 
States, many people believe that the global demand for fuel can be met with biomass, 
primarily wood. A number of companies have built or are building plants to prove 
biomass for methanol production technology. For example, Range Fuels (USA) is 
currently building a plant in Georgia to convert wood waste into syngas and then into 
a mixture of methanol and ethanol. Chemrec (USA) plans to build a plant in 
Michigan to convert black liquor into methanol and dimethyl ether. Methanex 
(Canada) has a joint development agreement with a Brazilian company to evaluate 
the conversion of sugar cane bagasse, tops and leaves into methanol [48]. 

This is certainly not applicable for Europe. The countries with the greatest 
percentage of forest in Europe are Finland, Slovenia, Sweden and, some distance 
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behind, Austria. The largest forest surface areas (absolute values) are located in 
Sweden (approximately 28 million hectares), Finland, Spain, France and Germany. 
Switzerland, Austria, the Czech Republic, Slovakia and Slovenia have the largest 
average resources of wood per hectare at their disposal, whereas Germany has the 
largest overall wood resources in Europe, with more than 3.4 billion solid cubic 
metres (followed by Sweden, France and Finland) [49]. 

In Germany, the amount of wood cut increases continuously. A new all-time 
high was reached in 2007, with 76.7 million solid cubic metres [50]. This value 
includes trunk wood (46.8 million solid cubic metres) and pulp wood (29.9 million 
solid cubic metres). At 21.2 million solid cubic metres, Bavaria’s portion of cut 
wood is the largest. Nevertheless, the chances of the construction of 1,000 tonnes 
per day (tpd) plant for wood-based methanol in Europe are considered to be very 
small because the wood production surface area required for this purpose would 
be 1,500 km 2 . 

In summary, wood regained importance as a raw and work material at the 
beginning of the twenty first century because it can be produced in an almost C0 2 - 
neutral manner, it is compatible with an ecological and sustainable economy, it can 
be processed with little energy, and it is recyclable in its entirety. 

Biogas 

Biogas as feedstock for the production of methanol can be produced by the fer¬ 
mentation of biomass in biogas plants [51]. Suitable basic materials for the 
technical production of biogas foremost include the following biological 
resources: 

• Fermentable, biomass-containing residues such as biological waste, food resi¬ 
dues, or sludge 

• Farm fertiliser ([liquid] manure) 

• Unused plants and plant parts (e.g. catch crops, plant residues) 

• Energy plants cultivated for this purpose (regenerative feedstocks). 

A large part of the feedstocks mentioned above—in particular, farm fertiliser, 
plant residues and energy plants—is produced in agriculture. Therefore, this sector 
has the greatest potential for biogas production. 

Biogas is generated through the natural process of anoxic microbial decom¬ 
position of organic material. In this process, micro-organisms convert the carbo¬ 
hydrates, proteins and fats contained in the material into the primary products 
methane and carbon dioxide. The process consists of several steps, each of which 
is accomplished by micro-organisms with various types of metabolisms. Polymeric 
components of the biomass, such as cellulose, lignin, or proteins, are first con¬ 
verted into monomeric substances (of low molecular weight) through microbial 
exoenzymes. Substances of low molecular weight are degraded to alcohols, 
organic acids, carbon dioxide and hydrogen through fermenting micro-organisms. 
The alcohols and organic acids are converted into acetic acid and hydrogen 
through acetogens. In the last step, methanogenic archaea convert carbon dioxide, 
hydrogen and acetic acid into two final products: methane and water. 
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Table 4.3 Comparison of biogas feedstocks [52] 


Feedstock 

Biogas yield per tonne fresh mass, m 3 

Average methane content, % 

Maize silage 

202 

52 

Grass silage 

172 

54 

Whole-plant rye silage 

163 

52 

Fodder beet 

111 

51 

Biological waste 

100 

61 

Poultry manure 

80 

60 

Sugar beet chips 

67 

72 

Pig manure 

60 

60 

Cattle manure 

45 

60 

Distillers’ grains 

40 

61 

Liquid pig manure 

28 

65 

Liquid cattle manure 

25 

60 


The gas mixture, which is saturated with water, is composed mainly of methane 
(45-70 %) and carbon dioxide (25-55 %). Traces of nitrogen (0.01-5 %), oxygen 
(0.01-2 %), hydrogen (0-1 %), hydrogen sulphide (10-30,000 mg/m 3 ) and 
ammonia (0.01-2.5 mg/m 3 ) are usually present in the mixture as well. As indicated 
in Table 4.3, different feedstocks produce different yields of biogas and, according 
to their respective composition, gas mixtures with varying methane content. 

Prior to its utilisation (feeding into the natural gas network) or processing 
(production of synthesis gas), the raw biogas has to be subjected to a complex 
conditioning process. In addition to the removal of water, hydrogen sulphide, and 
carbon dioxide from the biogas, its heating value must be adjusted to that of the 
natural gas in the respective gas network (conditioning). Due to the high technical 
effort, the conditioning process is currently profitable for only very large biogas 
plants. 

In the period from 1999 to 2010, the number of biogas plants in Germany 
increased from approximately 700 to 5,905, and they generate approximately 11 % 
of the power from renewable energy sources. By the end of 2011, this number was 
estimated to be 7,000 plants [53]. Due to the tendency to build larger plants, the 
installed capacity increased at a higher rate and reached 1,270 MW in 2007. The 
approximately 9 billion kWh of power generated in 2007 accounted for 10 % of 
all power generated from renewable energy sources and 1.5 % of the total power 
demand in Germany. It is expected that the production of biogas will increase to 
12 billion m 3 of biomethane per year by 2020. This corresponds to a fivefold 
increase of the capacities in 2007 [54]. 

Parallel to the utilisation of conditioned biogas in the energy sector as discussed, 
the interest in biomethane as feedstock for the production of methanol has also 
continued to grow [33, 55]. The feedstock can be very different in quality due to the 
different biogas pathways and depending on various influencing factors (e.g. sub¬ 
strate used, biogas conditioning procedure used, reforming conditions), which are 
of significance for the economic and ecologic evaluation of the product methanol. 





70 


H.-J. Wernicke et al. 


According to the current state of the art, two concepts for the generation of 
biomethane from biogas prevail. Both concepts are divided into two stages: 
(1) raw biogas production and (2) biogas conditioning. Raw biogas production 
comprises the preliminary treatment (including ensilage, storage and substrate 
treatment), the fermentation (wet fermenter with secondary fermenter), the gas 
reservoir, a condensing boiler for heating the fermenter, and the processing of the 
fermentation residues. The biogas conditioning stage comprises the drying, the 
desulphurisation, the methane enrichment and the pressure adjustment. 

The substrate used in both types of plants is composed of different amounts of 
liquid manure, regenerative feedstocks and residues. Liquid manure in this case 
means liquid cattle manure; the regenerative feedstocks used consist of an 
established mixture of maize silage, whole-plant silage and grains. Both concepts 
reflect the current state of biomethane production and produce 250 Nm 3 of 
biomethane per hour. They differ in respect to the fermentation substrate and the 
methane enrichment method. For the first concept, liquid manure and regenerative 
feedstocks are used in equal amounts. The methane enrichment in this concept is 
carried out by means of pressure swing adsorption (PSA)—the procedure that has 
been used most often in Germany so far. 

As a second concept for the production of biomethane, a typical plant for the 
utilisation of regenerative feedstocks (as they were built frequently in the past 
years) was examined. This plant was supplied with a mixture of 90 % regenerative 
feedstocks and 10 % liquid cattle manure. The altered composition of the substrate 
in this concept results in a higher specific power demand (with reference to the 
amount of substrate input) due to the more complex loading process. On the other 
hand, the demand for thermal energy for preheating the substrate decreases due to 
the higher energy density of the regenerative feedstocks. Preheating the substrate is 
necessary in order to avoid disturbing the sensitive fermenter environment (37 °C). 

This concept uses pressurised water scrubbing instead of PSA for methane 
enrichment. This technology has been used in Europe for a long time, and it is 
mainly employed in large new plants. The biomethane produced in this way and 
purified to the quality level of natural gas is fed into the natural gas network or 
used for the production of methanol. The material flows required for economic and 
ecologic evaluation were accounted for on the basis of the method and data used 
by Althaus et al. [55]. Figure 4.14 illustrates the schematic flow diagram of the 
demonstration plant for methanol production from biogas as designed and operated 
by the Center for Solar Energy and Hydrogen Research (ZSW) in Stuttgart [32]. 

By means of anaerobic fermentation of sludge, biogas containing approximately 
65 % methane and 35 % carbon dioxide is produced and used as fuel gas in a 
combined heat and power plant. For methanol production, a part of the biogas is 
channeled off, cleaned in a gas filter, and heated and desulphurised. The water vapour 
required for the reforming process is injected into the biogas flow before it enters the 
reformer. In the reformer, a synthesis gas is produced, which contains a high pro¬ 
portion of carbon dioxide in addition to hydrogen and carbon monoxide. After the 
water is condensed out of the product gas and separated, the synthesis gas is con¬ 
verted into raw methanol under 5-8 MPa pressure and a temperature of 250-280 °C. 
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Slogan 



Fig. 4.14 Schematic flow diagram of methanol production from biogas based on the “once- 
through” concept without carbon dioxide separation 


As the synthesis gas produced from biogas is not suitable for the recycle loop 
without a separation of C0 2 , the facility is designed according to the “once-through” 
concept, which is simpler in terms of processes. For example, the synthesis gas can 
be used within the process for the operation of the reformer or in the power plant. 

Waste and Sludge 

Thus far, waste and sludge have not been used for the production of synthesis gas, 
although the volume of this kind of waste material is very large. Of the 455 kg of 
waste per capita produced in German households in 2009, 199 kg were household 
waste and bulky waste, 143 kg were recyclable materials, and approximately 
111 kg were biological waste [56]. In the European Union, the amount of bio¬ 
logical waste produced per year totals 118-138 million tonnes. This amount is 
expected to increase by 10 % until the year 2020, reaching an annual amount of 
approximately 680 kg per European citizen [57]. 

In Germany, sludge amounted to approximately 2.2 million tonnes (dry mass) 
with a calorific value of 10,470-18,840 kJ/kg in the past years. This corresponds to 
an energy equivalent of approximately 1 million tonnes of hard coal. Depending 
on its subsequent utilisation, the sludge has to be pretreated in different ways. 
Several sequential procedures have to be carried out: drainage, thickening, con¬ 
ditioning, and drying. 

Sludge that is not used as fertiliser (because of its content of nutrients such as 
phosphate and nitrate) is used in thermal processes (combustion, gasification, or 
carbonisation) [57-59]. A sufficient heating value can be achieved by prior drying, 
which, however, requires a high amount of energy. To improve the energy balance 
for the energetic utilisation of sludge, only cofiring in power plants or waste 
incineration plants fuelled with solid materials is possible. Waste and sludge can 
also be used together with light agglomerating hard coal or brown coal as fuel. For 
example, sludge and municipal waste are briquetted together with light agglom¬ 
erating coal and then gasified in the traditional way (see Sect. 4.4.6). 
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4.2 Synthesis Gas Generation—General Aspects 

Ludolf Plass 1 , Hans Jurgen Wernicke 2 and Friedrich Schmidt 3 

1 Parkstrafie 11, 61476 Kronberg, Germany 
2 Kardinal-Wendel-Strafie 75 a, 82515 Wolfratshausen, Germany 
3 Angerbachstrasse 28, 83024 Rosenheim, Germany 


As shown in Fig. 4.15, syngas can be produced from many different feedstocks 
and using a variety of different syngas-generating technologies. Section 4.3 deals 
with the production of syngas from gaseous feedstocks such as natural gas, 
refinery off-gases and biogas. Also, naphtha and liquefied petroleum gas (LPG) 
fall under this heading because they can be vapourised before being converted to 
syngas. 

More than 60 % of the worldwide production of synthesis gases is used for the 
production of ammonia (51 %) and methanol (8 %), whereas approximately 35 % 
goes into refining for hydrodesulphurisation, hydrotreating and hydrocracking [60] 
of mineral oils [61]. Hydrogen is mainly produced from fossil fuels such as natural 
gas (48 %), liquid hydrocarbons (30 %) and coal (18 %). The production from 
water electrolysis amounts only to approximately 4 %, used preferably when very 
high hydrogen purity is needed. The current production of hydrogen for com¬ 
mercial use worldwide is approximately 50 million tonnes per year [62], repre¬ 
senting approximately 140 million tonnes of oil equivalent, less than 2 % of the 
world primary energy demand. In more than 50 smaller hydrogen plants (capacities 
< 2.000 Nm 3 /h) methanol is used as a feedstock for hydrogen (see Sect. 6.5.1). 
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Fig. 4.15 Routes to synthesis gas. (Courtesy of Air Liquide Global E&C Solutions) [60] 
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Table 4.4 Various reforming reactions 

• Steam reforming 


CH 4 + H 2 0 ±5 CO + 3H 2 

Equation 4.1 

C m H„ + m H 2 0 m CO + (m + nil ) H 2 

Equation 4.2 

CH 3 OH + H 2 0 ±5 C0 2 + 3H 2 

Equation 4.3 

• Partial oxidation 


CH 4 + l/20 2 ±5 CO + 2H 2 

Equation 4.4 

C m H n m/102 ^ CO -\- n/2R 2 

Equation 4.5 

CH 3 OH + 1/2 0 2 ±5 C0 2 + 2H 2 

Equation 4.6 

CH 3 OH ±5 CO + 2H 2 

Equation 4.7 

• Autothermal reforming or oxidative steam reforming 


CH 4 + 1/2H 2 0 + l/20 2 t;CO + 5/2H 2 

Equation 4.8 

C m H„ + m/ 2 H 2 0 + ml 40 2 m CO + {mil + n/l)H 2 

Equation 4.9 

CH 3 OH + 1/2H 2 0 + l/40 2 ±5 C0 2 + 2.5H 2 

Equation 4.10 

• Gasification of carbon (coal, coke) 


c + h 2 o CO + h 2 

Equation 4.11 

C 4- 0 2 ^ C0 2 

Equation 4.12 

C + 0.5O 2 ±5 CO 

Equation 4.13 

C + C0 2 2CO 

Equation 4.14 

• Carbon formation 


CH 4 ±5 C + 2H 2 

Equation 4.15 

C m H„ 4 xC + C m _ x H n _ 2x + x H 2 

Equation 4.16 

2CO ±5 C + C0 2 (Boudouard) 

Equation 4.17 

CO + H 2 ±5 c + h 2 o 

Equation 4.18 

• Water-gas shift 


CO + H 2 0 ±5 co 2 + h 2 

Equation 4.19 

C0 2 + H 2 ±5 CO + H 2 0 (reverse water-gas shift) 

Equation 4.20 

• Selective CO oxidation 


CO + o 2 ±5 co 2 

Equation 4.21 

H 2 -f 0 2 ^ H 2 O 

Equation 4.22 


In a first step the feedstock has to be converted in the synthesis gas section into 
hydrogen and carbon oxides. Furthermore, a gas composition well suited for the 
subsequent synthesis has to be adapted, ranging from a 3:1 mixture of hydrogen 
and nitrogen used for the ammonia production, a mixture of 2:1 of hydrogen and 
carbon monoxide for the production of methanol to a mixture of 1:1 of hydrogen 
and carbon monoxide for the production of dimethyl ether. The components 
harmful to the downstream synthesis catalyst must be removed. The selection of 
process technologies for synthesis gas production and purification depends on the 
feedstock as well as on the local requirements. 

The equations in Table 4.4 represent the possible reactions in different pro¬ 
cessing steps involving four representative fuels: natural gas (CH 4 ) and LPG for 
stationary applications, liquid hydrocarbon fuels (C m H n ) and methanol (MeOH) 
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Fig. 4.16 Temperature 
dependence of steam 
reforming reaction 


Feed Methane 



£ 


and other alcohols for mobile applications, and coal gasification for large-scale 
industrial applications for syngas and hydrogen production. Most reactions 
(Eqs. 4.1-4.14 and 4.19-4.21) require (or can be promoted by) specific catalysts 
and process conditions. Some reactions (Eqs. 4.15-4.18, 4.22) are undesirable but 
may occur under certain conditions [63]. 

Reforming or gasification produces syngas whose H 2 /CO ratio depends on the 
feedstock and process conditions, such as feed steam/carbon ratio and reaction 
temperature and pressure. 

Figure 4.16 shows that with increasing outlet temperature, methane conversion 
is increasing, resulting in higher concentrations of H 2 and CO. 
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Table 4.5 Typical specification of different feed gases [64] 



Natural gas 

Associated gas 

Lean 

Heavy 

Lean 

Heavy 

N 2 , vol% 

3.97 

3.66 

0.83 

0.79 

C0 2 , vol% 

- 

- 

1.61 

1.50 

CH 4 , vol% 

95.70 

87.86 

89.64 

84.84 

C 2 H 6 , vol% 

0.33 

5.26 

7.27 

6.64 

C 3 , vol% 

- 

3.22 

0.65 

6.23 

Maximum total sulphur, ppmv 

20 

20 

4 

4 

Hydrogen sulphide, ppmv (typical) 

4 

4 

3 

3 

Carbonyl sulphide, ppmv (typical) 

2 

2 

n.a. 

n.a. 

Mercaptans, ppmv (typical) 

14 

14 

1 

1 


4.3.1 Synthesis Gas Generation Processes and Feedstocks 


For the production of synthesis gas from natural gas, oil-associated gas, coal-bed 
methane, or shale gas, the following technologies are well proven: 

• Steam reforming 

• Autothermal catalytic reforming 

• Combined reforming 

• Noncatalytic POX. 

The most appropriate processes for the generation of synthesis gas for methanol 
production depend on a variety of parameters, as outlined later in this chapter. A 
summary of selection criteria is available in Sect. 4.3.6. A detailed review of 
catalysts and catalytic processes for the generation of synthesis gas from natural 
gas was published elsewhere by Aasberg et al. [64]. 

Table 4.5 shows a typical specification of different feed gases. Of special 
importance is the total content of sulphur, as well as small concentrations of other 
catalyst poisons such as carbonyl sulphide (COS) and mercaptans in the feed gas. 


4.3.2 Steam Reforming 

4.3.2.1 Principles and Introduction 

Steam reforming of hydrocarbons converts hydrocarbon substances with an excess 
of steam into a product gas consisting of hydrogen, carbon monoxide, and carbon 
dioxide, with some slip of unconverted hydrocarbon from which hydrogen can be 
separated in high purity. The steam reforming process is endothermic, so that 
reactor concepts are allothermic with heat flux into the reactor. In the case of 
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Fig. 4.17 Process scheme of a typical steam methane reformer (SMR) plant (Source Air Liquide 
Global E&C Solutions [65]) 


methane as hydrocarbon feed, the process is sometimes called steam methane 
reforming (SMR). 

Modem steam reformer plants convert methane feed into syngas in a mature 
process. A typical design of a steam reformer is shown in Fig. 4.17. It provides a 
continuous product stream of syngas with a high reliability exceeding 8,600 
operating hours per year. As a feedstock preparation step, sulphur-containing 
compounds are removed from the natural gas feed by a catalytic hydrogenation of 
sulphur followed by H 2 S absorption guard bed (ZnO; see Fig. 4.19 in 4.3.2. 2). 
Therefore, a minor stream of hydrogen is added into the natural gas, taken from the 
product hydrogen stream via a small hydrogen membrane compressor, followed by 
preheating in a feed-effluent heat exchanger. Sometimes, depending on the feed¬ 
stock, a pre-reformer catalyst is placed in front of the hot steam reforming step, 
operating at a lower temperature to convert higher hydrocarbons into methane and 
carbon oxides and to avoid coking (see Sect. 4.3.2.5 and Fig. 4.28). Depending on 
the optimisation criteria, a high and variable amount of superheated steam is added 
into the feedstock gas to have an appropriate carbon/steam ratio and thereby 
avoiding coking on the catalyst. The mixture is preheated in a flue gas/feedstock 
heat exchanger from 520 to 650 °C. Reforming of hydrocarbons happens in the 
reactor, which is a reaction tube (up to 14 m length) installed in an oven that 
provides the heat. Modern large-scale reformers have up to 1,000 tubes. At the 
outlet of the reformer, chemical equilibrium between formed hydrogen, carbon 
monoxide and residue methane is almost reached and 85-90 % of methane is 
converted. Product gas with between 780 and 950 °C reformer outlet temperature 
is cooled in a process gas boiler while producing steam used for the process and as 
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Table 4.6 Typical conversion rates of a methane steam reformer. Feedstock: natural gas. 
(Adapted from [66]) 



Feed 

Before desulphurisation 

Reformer inlet 

Reformer outlet 

H 2 , vol% 

0 

4.8 

1.1 

51.9 

N 2 , vol% 

1 

1 

0.3 

0.2 

CO, vol% 

0 

0 

0 

10.7 

C0 2 , vol% 

0.5 

0.5 

0.1 

5.1 

CH 4 , vol% 

95 

90.4 

26.1 

3.8 

C 2 , vol% 

3.5 

3.3 

1 

0 

H 2 0, vol% 

0 

0 

71.4 

28.3 

Quantity, m 3 (STP)/h 

2,160 

2,070 

7,160 

10,450 

Temperature, °C 

20 

390 

520 

850 

Pressure, MPa 

2 

1.9 

1.9 

1.7 


export steam (if required in the chemical complex). The product stream is cooled 
via a series of heat exchangers as the feed preheater, boiler feedwater preheater 
and preheater for demineralised water. After passing through an air cooler and a 
water cooler, the syngas is ready for further processing, such as methanol 
synthesis. 

Typical conversion rates for natural gas in the methane steam reformer can be 
seen from Table 4.6. 

Feed flow can be downflow or upflow through the tubes. Improvements in tube 
metallurgy allow operation of steam reformers at pressures up to 40 bar and tube 
wall temperatures of up to 1,000 °C. The average heat flux is reported to be as high 
as 95,000 W/m 2 for top fired reformers. 

Hydrocarbon Feeds 

Hydrocarbon feeds can be: 

• Natural gas 

• LPG 

• Refinery off gases 

• Petrochemical off gas 

• Naphtha. 

Target Product Gases 

Synthesis gas produced by steam reforming of hydrocarbons is used to manu¬ 
facture the following: 

• Ammonia synthesis gas 

• Methanol synthesis gas 

• Hydrogen 

• Oxo synthesis gas 

• H 2 /CO reducing gas 

• Pure CO. 
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Given the variability of primary reformer configurations and design, hydro¬ 
carbon feedstock and product gas requirements, a case-by-case consideration of 
suitable catalysts is necessary for every application. 

The steam-to-carbon (S/C) ratio has an impact on the overall reaction as well. 
With increasing S/C, more reforming will take place and at the same time CO shift 
conversion will be increased. Beyond pure operational aspects, catalyst perfor¬ 
mance is most critical to the entire process. 

Special attention has to be given to the following: 

• Catalyst activity: nickel content and catalyst shapes 

• Pressure drop: catalyst shapes 

• Physical strength: catalyst carrier 

• Suppression of coking: catalyst carrier promoter. 


4.3.2.2 Conditioning of Gaseous Feedstocks for Steam Reforming 

All commercially applied steam reforming catalysts are based on nickel as the 
catalytically active component. Catalyst poisons are therefore all substances that 
can react with nickel, especially the following: 

• Sulphur 

• Halogens 

• Arsenic 

• Heavy metals 

Poisoning leads to a more or less drastic reduction of the catalyst activity, 
yielding undesired high tube wall temperatures (see Fig. 4.18), carbon formation, 
and increase of pressure drop in the steam reformer section. 


Fig. 4.18 Effect of sulphur 
on the tube wall temperature 
[67] 
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Fig. 4.19 Hydrodesulphurisation and sulphur removal set-up [67] 


(A) Sulphur 

Sulphur is a particular deactivator of nickel-reforming catalysts and it should be 
removed from any hydrocarbon feed to a level of less than 0.1 ppmv. 

The sulphur reacts with nickel according to 

Ni + H 2 S ^ NiS + H 2 (4.23) 

The equilibrium condition of this reaction shows that sulphur is not a permanent 
poison. Hence, the activity of the steam reforming catalyst can be mostly restored 
when the feedstock becomes sulphur-free. Also, steaming to remove sulphur and re¬ 
reduction of the steam reforming catalyst is a way to recover reforming activity. 
The presence of sulphur, however, increases the probability of carbon formation on 
the catalyst, leading to permanent deactivation or even catalyst breakage (due to 
carbon buildup). Sulphur poisoning must be avoided under all circumstances 
because it decreases the reforming activity of Ni-based catalysts so that the max¬ 
imum tube wall temperatures increase (see Fig. 4.18) at the expense of lifetime. 

Sulphur Removal 

The typical process for desulphurisation of natural gas or similar feedstocks is a 
one- or two-step process based on hydrogenation of organic sulphur (HDS) and 
conversion to H 2 S and subsequent adsorption/absorption of H 2 S by zinc oxide 
beds. This process concept has been used industrially for decades and is well 
documented in the literature [67, 68], in which a description of technologies for 
sulphur removal from different raw materials, including both natural gas and 
heavier hydrocarbon streams is given. The hydrogen required for the hydrogena¬ 
tion reaction is typically provided as purge gas from the synthesis loop. 

For the conversion of organic sulphur compounds, a Co/Mo- or Ni/Mo- 
hydrotreating catalyst in the sulphide form is used. The conversion and maintenance of 
the oxidic catalyst into its active, sulphidic form is normally achieved through the feed 
sulphur components. Figure 4.19 shows a process concept for the sulphur removal. If 
the heat balance requires, a “fired heater” (as shown in the figure) can be added. 
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The following principal chemical reactions take place in the dusulphurisation 
reactors: 

(a) Hydrodesulphurisation 


RSH + H 2 -► RH + H 2 S (4.24) 

RSR + 2H 2 -► 2RH + H 2 S (4.25) 

RSSR + 3H 2 -► 2RH + 2H 2 S (4.26) 

COS + H 2 -► CO + H 2 S (4.27) 

(b) Absorption by zinc oxide: 

ZnO + H 2 S -> ZnS + H 2 0 (4.28) 


The reaction of H 2 S absorption to form zinc sulphide is exothermic 
(AH 0 = —76.7 kJ/mol, AS 0 = —3 J/molK, referring to formation of the most 
stable form of /?-ZnS—sphalerite) [69]. The reaction is thermodynamically 
strongly favoured with the equilibrium constants as shown in Fig. 4.20 as a 
function of temperature. 

Typical operating conditions for desulphurisation are as follows: 

• For the hydrodesulphurisation stage, typically 4,000-6,000 m 3 /(m 3 h) at 330- 
380 °C, 3-5 vol% hydrogen is added to the feed gas, which, for example, may 
be taken from the purge gas stream of the methanol reactor. 


Fig. 4.20 Equilibrium 
constant for reaction 
according to Eq. 4.28 [70] 
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• The zinc oxide stage typically uses 1,000-2,000 m 3 /(m 3 h) at 330-400 °C with 
an optimum around 370 °C. 

• The ZnO absorbent will also catalyse the hydrolysis reaction of COS to form 
C0 2 and H 2 S, the latter being absorbed. 

• A typical commercial ZnO absorbent will consist of more than 90 wt% ZnO 
(plus a binder material) in the form of extrudates with a bulk density of about 
1.1-1.3 kg/1. It will have a sulphur pickup capacity before sulphur breakthrough 
in the region of up to 32 wt% sulphur (lead bed of a two-reactor design), 
whereas the “saturation” pickup of the ZnO absorbent itself may reach even up 
to 39.6 wt% sulphur. 

The two-reactor design of the ZnO reactors (see Fig. 4.19) allows a lead/lag 
operation, with the first reactor tolerating a sulphur slip as to maximise the sulphur 
pickup and with the second reactor for achieving the required outlet purity of less 
0.1 ppmv sulphur. More recent process schemes allow the combination of 
hydrodesulphurisation and sulphur absorption in one step. In this case, the catalyst 
consists of a combination of ZnO absorbent, which at the same time serves as a 
carrier for the hydrodesulphurisation catalyst. A typical composition of the cata¬ 
lyst/absorbent is 1.5 wt% Co, 3.5 wt% Mo, with the balance as ZnO. Even if the 
absorption capacity of the zinc oxide (in the first reactor) is spent, the hydro¬ 
desulphurisation activity is maintained. 

A setup that operates with only two instead of three reactors can typically 
handle feedstocks with 1-15 ppmv sulphur and is operated at about 330-400 °C, 
with pressures up to 60 bar and a space velocity of up to 5,500 m 3 /(m 3 h). Espe¬ 
cially for feed gases with lower sulphur contents below approximately 20 ppmv 
total sulphur, the simpler design and operation of the combined purification leads 
to substantial cost savings. 

Product Gas Sulphur Content 

The resulting residual sulphur content of the exit gas from a hydrodesulphurisation 
and absorption system is in the region of 0.1 ppmv or less, which is tolerable for 
the downstream reforming units. 

In case of very high water contents in the feed gas, the equilibrium H 2 S content 
will increase, causing higher H 2 S leakage to the downstream units. For example, a 
0.3 steam/hydrocarbon ration in the feed gas at 340 °C would increase the outlet 
sulphur content from about 0.1 to 0.4 ppmv. 

The effect of high C0 2 contents in the feed gas will only have a negligible effect 
on the sulphur leakage in the product gas. Even 100 % C0 2 as feed gas at 340 °C 
would only cause 0.1-0.2 ppmv additional sulphur leakage by means of shifting 
the equilibrium for COS formation from ZnS. 

(B) Chlorine 

The effect of chlorine and other halogens on the steam reforming catalyst is not as 
severe as the effect of sulphur but halogens still reduce its activity. Chlorine 
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poisoning is partially reversible. An overview on the deactivation effects is given 
by Richardson et al. [71]. 

Entrained HC1 reacts with Ni according to the following equilibrium reaction: 

Ni + 2HC1 ^ NiCl 2 + H 2 (4.29) 

Under typical operating conditions of primary reforming, the equilibrium will 
be on the side of the reduced and active nickel. Chlorine poisoning might also lead 
to higher tube wall temperatures and is a cause for shorter tube life and can destroy 
other downstream catalysts and equipment. 

Chlorine migration into downstream sections containing copper-based catalysts 
[low temperature shifts (LTSs), methanol synthesis] leads to rapid sintering of the 
active phase and thus rapid deactivation of these catalysts. Their feedgas should 
have a chlorine content not exceeding approximately 5 ppbv [72]. 

Chlorine Removal in Reformer Feed-gas 

In some cases, installation of a chloride guard—usually between the hydro- 
desulphurisation stage and the zinc oxide absorbers—is required. In the hydroge¬ 
nation reactor chlorine, compounds will be converted into HC1, which can then be 
removed either by activated alumina or alkali (mostly potassium)-promoted alumina 
before entering the zinc oxide reactors. The alkali promoted alumina serves as an HC1 
scavenger: 


4HC1+ 2K 2 0/A1 2 0 3 —> 4KC1 + A1 2 0 3 + 2H 2 0 (4.30) 

Alkali-promoted aluminas have an absorption capacity of up to 15-20 wt% and 
work under the same conditions as the desulphurisation stages. 

The chloride guard bed can be either installed as a separate reactor or as top-up 
of the zinc oxide beds (Fig. 4.21). For both versions, this setup avoids formation of 
zinc chloride by entrained HC1, which would reduce the sulphur pickup capacity of 
the zinc oxide beds and could sublime as a poison into the downstream reformer 
reactors. 


Fig. 4.21 Chlorine guard on 
top of desulphurisation bed 
[67] 
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(C) Arsenic 

Arsenic traces will accumulate and poison the desulphurisation catalysts as well as 
the steam reforming catalysts. The buildup of arsenic on steam reforming catalysts 
will affect its operation when exceeding levels of approximately 50 ppmw [73]. 
The poisoning is irreversible due to alloy formation with the active nickel. 

A content of maximum 5 ppbw in the reformer feedstock is seen as an upper 
tolerable limit. It normally is present as arsine (AsH 3 ) or organic derivatives. The 
desulphurisation catalysts can act as a trap, which in this case asks for a corre¬ 
sponding increase of the catalyst bed [73]. An alternative is the removal by an 
upstream absorbent bed. 

(D) Other Contaminants 

Removal of contaminants such as mercury and phosphorous is described in con¬ 
nection with the product gas from solid fuel gasification (see Sect. 4.4.8). 


4.3.2.3 Carbon Formation/Coking 

In the case of heavier feedstocks, carbon formation becomes an issue. Carbon can 
be formed by thermal cracking of hydrocarbons (see also equations in Table 4.4): 


C m H„ ±=» mC+ n/2R 2 



(4.31) 

CH 4 ^C + 2H 2 

AH 

= 90 kJ/mol 

(4.32) 

It can also be formed by CO disproportionation (Boudouard reaction): 


2CO C + C0 2 (Boudouard) 

AH = 

—85kJ/mol(4.33) 

(4.33) 


Another possible reaction is a water-gas shift (WGS) type reaction, leading to 
elemental carbon: 

C0 + H 2 ^C + H 2 0 (4.34) 

The Boudouard reaction is favoured at high CO partial pressures and low 
temperatures. 

Cracking reactions can occur at the acidic sites of the carrier. They are ther¬ 
modynamically favoured at high temperature and are the main cause for carbon 
formation in fired reformers. Heavier hydrocarbons in the feed will crack first. As 
this occurs, the active sites of the catalyst are masked, resulting in less reforming 
and hence hotter gas and tube wall temperatures and increased cracking (see 
Fig. 4.22). 

The thermodynamic boundaries of coking reactions can best be summarised in 
the triangular diagrams shown in Fig. 4.23 for a pressure of 15 bar [74]. In 
Fig. 4.23, the grey “carbon + gas” regime shows the equilibrium of carbon with 
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Fig. 4.22 Routes to carbon 
[67] 



Fig. 4.23 The 

thermodynamic boundaries of 
coking reactions for a 
pressure of 15 bar [74] 
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the gas phase for different temperatures. In the “gas” region, carbon would not be 
formed. 

The coking limits will change depending on the gas phase composition, as 
shown for a system steam-methane-carbon dioxide at 30 bar in Fig. 4.24, and 
different C0 2 concentrations and steam to (methane + C0 2 ) ratios. 

At high temperatures (>1,000 K), higher C0 2 concentrations reduce the equi¬ 
librium carbon regime. Below 1,000 K, higher C0 2 concentrations extend the 
equilibrium carbon regime. The higher the operating pressure, the more favourable 
the carbon formation. 

Steam/carbon ratios used in practice should be sufficiently high to be distant 
from equilibrium curves for carbon formation. C0 2 can also suppress carbon 
formation, but the effect is approximately only half compared to the one of steam. 
Figure 4.25 shows the minimum required S/C ratio as a function of the operating 
pressure (including the effect of C0 2 ). 
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Fig. 4.24 Coking limits depending on the gas phase composition for a system steam-methane- 
carbon dioxide at 30 bar in and different C0 2 concentrations and steam to (methane + C0 2 ) 
ratios [75] 


Fig. 4.25 Minimum required 
steam-to-carbon (S/C) ratio 
as a function of the operating 
pressure (including the effect 
of C0 2 , without pre¬ 
reformer) [67, 68] 
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4.3.2.4 Catalysts for Steam Reforming 

Aasberg et al. [64] reviewed the scientific aspects of the catalysts used for steam 
reforming. 

(A) General Aspects, Requirements 

The heart of the reforming process is the tubular primary reformer where the 
hydrocarbon feed reacts catalytically with steam. The main reactions in the pri¬ 
mary reformer are the following: 

• Steam reforming of higher hydrocarbons (see Table 4.4, Eq. 4.2) 

• Steam reforming of methane (see Table 4.4, Eq. 4.1) 

• WGS reaction (see Table 4.4, Eq. 4.19) 

The reforming reaction is an equilibrium reaction and depends on several 
operational parameters: 

• Outlet pressure 

• Outlet temperature 

• Inlet S/C ratio 

• Feedgas composition. 

Pressure levels have to be discussed in an overall pressure concept of a plant 
and the influence on the equilibrium within a few bar is insignificant. 

Primary reforming catalysts have to satisfy several basic requirements in 
service: 

• High activity 

• Low pressure drop 

• High physical strength 

• Resistance against carbon formation 

• Long life 

• Cost efficiency. 

For other reforming processes, one or the other additional items is also of great 
importance. The activity of a catalyst is only one out of several properties that are 
required to produce synthesis gas from light hydrocarbons. However, for primary 
reforming processes, it is the most critical issue. 

Metal Component 

It has been found that transition metals from group VIII are active in steam 
reforming of hydrocarbons [76-85]. Several parameters such as dispersion of the 
metal, accessibility of the active site, metal-support interaction and others also 
affect the activity. Because the most active metals of Pt, Ir, Rh and Ru are too 
expensive, the preferred large-scale industrial steam reforming catalysts are based 
on nickel, which has good steam reforming activity and a reasonable price. Pre¬ 
cious metal-based catalysts play a major role in fuel processor applications for fuel 
cells, which currently is still a niche market. 
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Fig. 4.26 Nickel supported 
on an MgAl 2 0 4 spinel carrier. 
Recorded at 550 °C and 
7 mbar of hydrogen using the 
in situ electron microscope at 
Haldor Topspe A/S [64] 



Usually, catalysts are supplied with nickel in the oxide form. Therefore, the 
catalyst needs to be reduced in order to become active. The commercial catalysts 
are easy to reduce in the plant using common proven procedures. At a low reformer 
inlet temperature, reduction of the catalyst may not be complete. For these rare 
cases, the catalysts can be supplied in the pre-reduced form. The pre-reduced 
material is only required in the inlet 1-2 m of the reformer tube [86]. 

Nickel is always supported on an oxidic carrier, typically A1 2 0 3 , Zr0 2 , 
MgAl 2 0 4 , Ca0(Al 2 0 3 ) n , MgO and mixtures thereof in order to maximise the 
dispersion of the active component (Fig. 4.26). For certain applications, the carrier 
is promoted with alkali to reduce coke formation while operating with heavier 
feedstock and, as the case may be, with some stabiliser component. For some rare 
applications, a noble metal spiking can be helpful to initiate the hydrocarbon 
reforming reaction. 

Catalyst Carrier 

The suppression of carbon formation reactions is accomplished by decreasing the 
acidity of the catalyst by incorporating alkaline earth metals into the carrier and by 
further promoting with an alkali metal. The most common commercial combi¬ 
nations used today are potassium-promoted calcium aluminate and potassium- 
promoted Mg-aluminate. The combination retards the formation of carbon and 
also accelerates the carbon gasification reaction once it has been formed. 

The acidity of the carriers of commercially available reforming catalysts (see 
Table 4.7) is ranked from least to greatest: K-promoted Ca-aluminate < Ca-alu¬ 
minate < Mg-aluminate < a-Al 2 0 3 . K-promoted Ca-aluminate (the carrier in 
ReforMax 210) or Mg-aluminate (the carrier for R-67-7H) are less acidic oxides 
than pure a-Al 2 0 3 . The alkaline nature of the appropriate commercial carriers is 
sufficient to ensure carbon-free operation when operating on light feedstocks. 
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Activity 

In a tubular primary reformer, the SMR reaction is highly mass transfer limited 
(diffusion limited; effectiveness factor is less than 10 %). Approximately 90 % of 
the reaction takes place on the outer surface (geometric surface) of the catalyst. 
Thus, the effective activity of any catalyst formulation can be enhanced by using a 
catalyst that exposes more geometric surface area and hence more pore openings 
to the gas. Besides the geometric surface area, the catalyst activity is also influ¬ 
enced by the nickel content of the catalyst and the respective nickel dispersion on 
the catalyst surface. 

Nickel Content 

Nickel is the catalytically active component of any commercially available steam 
reforming catalyst. Catalytic activity increases to a certain extent with increasing 
content of nickel. The catalyst is loaded with nickel by dipping the catalyst carrier 
in an aqueous nickel salt solution followed by calcination to convert the respective 
nickel species into NiO. During startup of the steam reformer catalyst, NiO is 
reduced to elemental Ni, which is the active component. It is important that the 
nickel crystallites are well dispersed throughout the catalyst. Nickel surface area 
increases with increasing nickel content; nickel dispersion, however, decreases at 
the same time. 

The catalyst carrier and the amount of potassium also influence the catalyst 
activity. Practical experience has shown that the maximum activity for the Ca- 
aluminate based ReforMax 330 (see Table 4.7) low differential pressure (LDP) is 
achieved with approx. 11 wt% Ni. The potassium promoted ReforMax 210 LDP 
catalyst for instance requires approximately 14.5 wt% Ni to reach the same level 
of activity. The optimised balance between coking resistance and activity has been 
reached in almost all commercial catalysts. 

Sintering 

Sintering of Ni particles on a MgAl 2 0 4 support was particularly studied under 
simulated pre-reforming conditions and was assigned to migration and coalescence 
of nickel particles on the spinel carrier surface [87, 88]. Under these specific 
conditions, the sintering of the Ni particles is found to be initially fast and to slow 
down as the Ni particles grow in size. High partial pressures of steam were found 
to enhance the sintering. An increase in the sintering rate in H 2 0/H 2 atmospheres 
is seen at temperatures above 600 °C. Furthermore, it is not unexpected that the 
dependence of H 2 partial pressure is found to be even stronger. The authors 
interpreted this finding as a change in sintering mechanism from particle migration 
and coalescence to Ostwald ripening via atom migration at the support. They 
concluded that for tubular reformers the sintering mechanism in the main part of 
the reactor will be governed by Ostwald ripening, whereas the migration and 
coalescence mechanism dominates under pre-reforming conditions 
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Fig. 4.27 Low differential 
pressure—a premium shape 
for low pressure drop. 
Courtesy of Clariant [89] 


Geometric Surface Area 

The simplest and most effective way to maximise catalytic activity at a given Ni 
loading is by using catalyst particles with maximised external geometric surface 
area. The geometry of a carrier, however, also determines the pressure drop of the 
respective catalyst. Sophisticated shapes have been developed to combine maxi¬ 
mum geometric surface area with low differential pressure drop. 

Pressure Drop 

Everything related to pressure drop is most critical in the operation of the tubular 
reformer. Both the initial pressure drop and the evolution of the pressure drop with 
time on stream have to be considered. The initial pressure drop over the catalyst 
bed is determined by the catalyst shape and to a certain extent by the loading 
method. Evolution of the pressure drop is influenced by catalyst carrier material, 
catalyst shape and, of course, by the mode of operation. 

Initial Pressure Drop 

The catalyst development for reforming catalysts was always motivated by 
increasing catalyst activity and decreasing pressure drop. Recent developments 
include the LDP shape, see Fig. 4.27. With its high geometric surface area, high 
activity for the steam reforming reaction is provided. The most striking feature of 
the LDP shape, however, is the combination of high activity with extremely low 
pressure drop. 

Loading the reformer catalysts with a particular designed shape allows opera¬ 
tion at up to a 15 % higher throughput rate without having a corresponding higher 
pressure drop [89]. 

Physical Strength and Pressure Drop Development 

A catalyst loaded in reformer tubes is subject to extreme physical stress due to the 
expansion and compression of the tubes during startup, shutdown and upset 
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conditions. The carriers for primary reforming catalysts are tailored for the 
respective feeds and operating conditions. For instance, the carrier of ReforMax 
330 catalysts comprises hibonite, which is the only irreversibly formed phase in 
the Ca0/Al 2 0 3 phase diagram. This material is the basis for the extreme stability 
of the ReforMax 330 catalyst under physical and thermal stress, due to the higher 
ductility compared to the other carriers. 

According to Haldor Topspe, “The combination of two or even three sizes is 
chosen to minimise pressure drop and to provide the desired activity, where 
required. Particles of a relatively larger size are often used in the lower part of the 
tubes, as a larger part of the pressure drop is generated in the bottom half” [90]. 

Potassium Promotion 

Feed gases for primary reformers become increasingly heavier, so the need for 
coking-resistant primary reforming catalysts has become very important. To 
minimise the formation of carbon in the primary reformer, promoted catalysts have 
been developed specifically for this application. The heavier the hydrocarbon 
feedstock and/or the lower the S/C ratio, the more likely carbon is formed on the 
catalyst. It is well understood that the acidic sites of the catalyst carrier promote 
carbon formation. 

By using a more alkaline carrier, carbon formation is suppressed very well. 
With heavier feeds like LPG and light naphtha, however, the catalyst must be even 
more alkaline to suppress carbon formation. The various catalyst suppliers rec¬ 
ommend related catalyst loading arrangements. For instance, ReforMax 210 LDP 
contains only 1.5 % K 2 0, which is however chemically incorporated into the 
catalyst carrier. With this formulation, potassium is available in the necessary 
concentration to suppress carbon formation without depleting from the catalyst 
prematurely. ReforMax 210 LDP is typically used with heavy natural gas or LPG. 
A typical setup comprises 30-50 % of the top layer of the tube with ReforMax 210 
LDP and a respective bottom layer of ReforMax 330 LDP. In many cases, naphtha 
reforming requires an even higher level of potassium promotion. This is achieved 
by adding more than 5 wt% K 2 0 to a carrier based on basic refractory oxide. 
These catalysts are usually loaded in the top 50 % of the tubes, with a respective 
bottom layer of a conventional methane steam reforming catalyst. 

Effect of promoters 

The influence of alkaline earth and alkali metals on the coking rate can be 
determined by measuring the thermal decomposition of various hydrocarbons over 
promoted conventional catalysts. The effect of the promoters to suppress carbon 
formation can be ranked as: K > Ca > Mg > Al. The most effective promoters 
that decrease coking are potassium and calcium. The catalyst incorporating one or 
a combination of these elements will decrease the rate of carbon formation but the 
method of incorporation is critical. 

The addition of potassium increases the rate of carbon gasification as the 
adsorption of water and carbon dioxide at the catalyst surface is increased. The 
overall accumulation is determined by the difference in the rate of carbon 
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formation and the rate of carbon gasification. The carbon gasification reactions are 
as follows: 


C + 2H 2 0 -> C0 2 4 2H 2 

(4.35) 

C + C0 2 -► 2CO 

(4.36) 

2C + 2H 2 0 2CO + 2H 2 

(4.37) 


Potassium must be mobile to be effective, but it is widely known that mobile 
potassium significantly reduces the steam reforming activity. Soluble potassium is 
more effective in reducing carbon formation, but a great loss of catalytic activity 
comes along. Soluble potassium leaches quickly from the catalyst during normal 
operation so that coking resistance will be lost during operation. In extreme cases, 
condensation during shutdown or startup will easily wash the potassium from the 
catalyst. Potassium that is bound too tightly to the carrier will not reduce the 
reforming activity but will also not decrease the suppression of carbon formation. 
Properly formulated catalysts are characterised by the following: 

• Suppression of carbon formation 

• High carbon gasification rate 

• High activity 

• High physical strength 

• Little rate of “leaching”. 

The carrier for potassium-promoted catalysts is tailored to suppress coking 
effectively without reducing the reforming activity, as in the case of high alkali 
version, RK-212 and RK-202 or ReforMax 210 LDP. As a result, some of the 
potassium-promoted catalysts such as ReforMax 210 LDP contain a potassium 
reserve that can release potassium in the reformer environment at a controlled rate 
over its lifetime. The concentration of potassium in the wet reformed gas is typ¬ 
ically less than 10 ppbv. The high-alkali catalysts with more than 1 % potassium 
oxide are capable of handling naphthas with final boiling point (FBP) up to 200 °C 
(392 °F) and aromatic contents up to 20 % [91]. 

The overall economics of a plant with a fired reformer depends significantly on 
the cost of tubes. It is good practice to operate the reformer with the tube wall 
temperatures as low as possible—consistent, of course, with satisfactory quality of 
the reformed gas. Even a slight increase in the tube wall temperatures will have a 
drastic impact on the tube lifetime. Increasing the maximum tube wall by only 
10 °C above its design value may result in a shortened lifetime of the reformer 
tubes of up to 30 %. 

(B) Commercial steam reforming catalysts for various feedstocks 

A broad variety of catalysts is offered on the market to satisfy the needs of the 
particular reforming task. At first, the catalysts are selected with respect to the 
reforming technology, such as pre-reforming, secondary reforming, or combina¬ 
tions thereof. Subsequently, the catalysts are selected on the basis of the operating 
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Table 4.7 Selected commercial steam reforming catalysts 


Catalyst 

Supplier 

Typical feedstock 

ReforMax 330 LDP 

Clariant 

Natural gas, low steam 

ReforMax 210 LDP on top of 
ReforMax 330 LDP 

Clariant 

Heavy natural gas, LPG 

ReforMax 250 on top of ReforMax 
330 LDP 

Clariant 

Naphtha, mixed feeds with high C 5+ 
content 

KATALCOJM 23-series 

KATALCOjm 

High methane content gas, design plant 
rates 

KATALCOJM 57-series 

KATALCOjm 

High methane content gas, design plant 
rates 

A combination of 25-series 
with 57/23-series 

KATALCOjm 

Low steam-to-carbon ratio, high methane 
content gas 

High methane content gas, design plant 
rates 

Feedstock with significant levels of higher 
hydrocarbons 

Topspe’s R-67-7H 

Haldor Topspe 

Reforming of light feedstocks, such as 
natural gas 

Topspe’s R-67-7H is combined 
with Topspe’s series of alkali 
promoted catalysts 

Haldor Topspe 

In high heat flux top-fired steam reformers 
and on feedstocks ranging from heavy 
natural gas to naphtha 

Topspe’s RK-211/RK-201 
and RK-212/RK-202 

Haldor Topspe 

The reforming of heavy natural gas and 
off-gases from refineries or LPG only 
requires the lightly alkali-promoted 
RK-211 and RK-201 (top layer) in 
combination with the traditional gas 
reforming catalyst, R-67-7H 


conditions of the different reforming steps and on the plant capacity, type of 
feedstock, product specifications, desired steam production, etc. 

Catalysts for Tubular Reformers 

A high heat transfer coefficient minimises the tube wall temperature, thereby 
reducing the required wall thickness. The pellet size for primary steam reforming 
catalysts is much larger than for the pre-reforming catalyst, and the shape is 
optimised for low pressure drop and high heat transfer. Hydrocarbon feeds can be 
as previously outlined. Table 4.7 summarises typical catalyst types from various 
suppliers. 

Johnson Matthey Catalysts manufactures three main catalysts for use in steam 
reformers using lighter hydrocarbon feedstocks ranging from refinery off-gas and 
natural gas to lighter LPG. The KATALCO JM 23-series is nickel oxide on an 
a-Al 2 0 3 support. The KATALCO JM 57-series is based on nickel oxide on a Ca- 
aluminate support. The KATALCO JM 25-series is based on a slightly alkalised 
nickel oxide catalyst on a Ca-aluminate support [92]. All catalysts are made in a 
range of sizes, allowing optimum reformer loading for each individual plant. The 
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active metal of Haldor Tops0e’s R-67-7H is nickel. Less than 10 wt% nickel is 
supported on an Mg-aluminate carrier. 

A pre-reduced catalyst R-67R-7H is available to load the top 10-15 % in the 
tubes in order to support initiation of the reforming process immediately. Particles 
of a relatively larger size are often used in the lower part of the tubes to com¬ 
pensate for the pressure drop that usually is generated in the bottom half [90]. 

Haldor Topspe’s RK-200-series features alkali-promoted reforming catalysts. 
The RK-200 series uses nickel-containing catalysts based on a ceramic calcium 
magnesium aluminate carrier promoted with potassium oxide. The ceramic carrier 
does not contain any free magnesium oxide; therefore, there is no possibility of 
hydration of the catalyst during startup or during operation. The RK-200 series 
offers two types of alkali-promoted reforming catalysts: 

• Low-alkali version, RK-211 and RK-201 

• High-alkali version, RK-212 and RK-202 

Catalysts for Naphtha Reforming 

The steam reforming of naphtha requires a catalyst for primary reforming with 
even higher cooking resistance and hence a higher amount of potassium promoter. 
For this severe service, a nickel-containing naphtha steam reforming catalyst is on 
the market. The refractory support of ReforMax 250 is promoted with potassium 
and comprises oxides of calcium, magnesia and alumina. The concept of Refor¬ 
Max 250 is similar to that of ReforMax 210 LDP. The potassium is mainly 
incorporated in the carrier and is released as needed on the catalyst surface. 

Naphtha feeds can contain significant amounts of aromatics so that the risk of 
carbon formation increases dramatically. ReforMax 250 is optimised for pro¬ 
cessing naphtha feeds. Its high amount of potassium suppresses carbon formation 
throughout the catalyst life and the high amount of 18 % Ni on the catalyst 
balances cooking resistance and catalyst activity. The naphtha reforming activity 
of ReforMax 250 is very high and leaves no naphtha or heavy hydrocarbons as 
feed in the bottom part of the reformer part. Standard loadings are therefore mixed 
loadings with ReforMax 250 in the top (40-60 % of the tube) followed by a layer 
of ReforMax 330 LDP. Potassium migrates with time on stream to a certain extent 
down the tube and leads finally to waste heat boiler (WHB) fouling. The potassium 
concentration in the wet reformed gas at the exit of the reformer tubes is typically 
about 1,000 ppb. 

ReforMax 250 can be applied for steam reforming of almost any type of 
naphtha. The primary reformer processing of naphtha is normally designed for 
pressures of 30-35 bar and outlet temperatures of 800-830 °C. The recommended 
S/C ratio under these conditions can be as low as 3.0 mol/mol. 

The formation and accumulation of carbon on the catalyst is controlled by 
reaction kinetics. During normal operation, the rate of carbon removal is much 
greater than the rate of carbon formation. Therefore, carbon accumulation is 
unlikely. The rate of carbon formation, however, increases with the following: 
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• Heavier feedstocks 

• Lower S/C ratios 

• Higher gas temperatures. 

Accumulation of carbon on the catalyst occurs when the rate of carbon for¬ 
mation exceeds the rate of removal. In such cases, catalytic activity and void 
fraction will be reduced, resulting in the following: 

• Poor conversion 

• Increased tube wall temperatures 

• Catalyst breakage 

• Increased pressure drop. 

Process upsets that lead to cracking reactions include the following: 

• Loss of steam 

• Temperature drifts 

• Feed composition changes 

• Catalyst poisoning. 


Other Application Aspects 


Catalyst Compounding 

The catalyst is prepared by mixing hydrated alumina, Ca-aluminate and colloidal- 
dispersed titanium compound with water, molding the mixture, pre-calcining and 
calcining the moldings to form the support, and coating the resulting support 
moldings with nickel. This type of calcium-promoted, alumina-supported, nickel¬ 
reforming catalyst stabilised with titanium is particularly useful for reforming 
reactions in feed streams containing significant quantities of CO and C0 2 , low 
quantities of steam (the feed stream having a H 2 0/CH 4 of less than 0.8 and a C0 2 / 
CH 4 of greater than 0.5), and relatively high quantities of sulphur compounds (up 
to about 20 ppm) [93]. 

Reactors 

Several types of reactors are used for steam reforming—that is, the conversion of 
hydrocarbons with steam into carbon oxides, hydrogen, and methane. The main 
types are 

• Tubular reformers 

• Adiabatic reformers 

• Heat exchange reformers (HER). 

In a conventional steam reforming process, hydrocarbons and steam are cata- 
lytically converted into hydrogen and carbon oxides. Because the overall reaction 
is a highly endothermic reaction, heat has to be provided externally. Because the 
methane level in the reformed gas should be at a minimum, the temperature at the 
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reformer outlet has to be as high as possible. However, the outer wall temperature 
and the wall thickness of the reformer tubes are limited—that is, the higher the 
reformer temperature, the lower the pressure to be specified. Because a low 
reformer pressure requires higher compression energy, an optimum has to be 
achieved between reformer temperature (methane slip) and reformer pressure 
(compression energy). 

The composition of the reformed gas is characterised by the stoichiometric 
number (SN) and should be 2.0 or slightly above for the methanol synthesis. 

SN = (mol H 2 - mol C0 2 )/(mol CO + mol C0 2 ) (4.38) 

If a natural gas with a high methane content is used as feedstock and no C0 2 is 
available, a SN of 2.8-3.0 is attained in the product gas. 

The preheated reformer feed—a mixture of natural gas and process steam—is 
distributed via a header in the steam reformer upper section into parallel manifolds 
and then through an inlet pigtail system to each individual reformer tube. The 
tubes filled with catalyst are arranged in rows, with each having a fired length from 
2.5 to 14 m. The tube diameter varies between approximately 6 and 20 cm and the 
wall thickness is between approximately 1 and 2 cm. The lifetime for the tubes is 
designed for >100,000 h. 

The reforming reactions take place in a temperature range from approximately 
600 °C at the inlet to the catalyst bed to approximately 950 °C at the outlet, 
requiring high alloy, Ni-based, centrifugally cast and inside machined tubes to 
withstand the combination of high pressure and temperatures, oxidising atmo¬ 
sphere on the outside and reducing atmosphere on the inside. 

Because the main reaction is highly endothermic, heat to the catalyst tubes has 
to be supplied by external firing. During normal operation, a mixture of purge gas 
from the synthesis unit, off-gas from the distillation unit and natural gas is used for 
firing the reformer. For startup purposes and during upset conditions, only natural 
gas is used as fuel. The reformed gas consisting of H 2 , CO, C0 2 , inerts, non- 
converted CH 4 and steam leaves the reformer tubes and is passed to the outlet 
manifold into the reformed gas waste heat section. 

Steam/Carbon Ratio 

For trouble-free operation of a catalyst as for example ReforMax 210 LDP, it 
needs to be operated at certain minimum S/C ratios depending on the carbon 
number of the feed (see Table 4.8). It has been demonstrated in many commercial 
plants that the use of promoted catalysts can allow operation of the primary 


Table 4.8 Typical steam-to-carbon (S/C) ratios (p = 30 barg) [94] 


Feed 

S/C Ratio (mol/mol) 

Natural gas 

2.6 

Ethane (C 3 < 3 vol%) 

2.8 

Propane (C 4 <30 vol%) 

3.3 

Butane 

3.5 

Hexane (C 7 < 1 vol%) 

4.5 
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reformer with heavy feed gases without any significant operational changes. 
Problems due to carbon formation can be eliminated. 

C0 2 as Additional Feedstock 

If C0 2 is available for the methanol production, the carbon yield can be increased 
considerably. Especially for CO-rich syngas (e.g. MeOH, OXO), the process 
economics can be significantly improved (offsetting the additional investment for 
the C0 2 removal section including C0 2 compression). 

Tube Wall Temperature 

The effect of the catalyst activity on the tube wall temperature depends signifi¬ 
cantly on furnace design and operation. It is thus necessary to have a deeper 
understanding for the relationship between activity and heat transfer. 

Heat transfer is represented by the equation: 

Q/A = U(T 0W ~ T g ) (4.39) 

where U is the overall heat transfer coefficient. Approximately 70 % of the heat 
flux (Q/A) is used in the reforming reaction and approximately 30 % is used for 
the sensible heat. The driving force for getting heat into the tube is the temperature 
difference between the outer tube wall ( T ow ) and the gas inside the tube ( T G ). In 
sections of the tube where the reaction is far away from reforming equilibrium, a 
more active catalyst can achieve more endothermic reforming and will hence 
consume a larger part of the incoming heat. This will result in a lower gas tem¬ 
perature in that region and allow the same amount of heat input starting with a 
cooler outer tube wall temperature. 

However, in regions of the tube where the gas is already close to the reforming 
equilibrium, a more active catalyst cannot achieve additional reforming. In this 
case, there will be little effect on the temperature of the gas and of the outer tube 
wall in that section. 

Thermal Shock Resistance 

The catalysts need to have high mechanical and thermal stability as well as high 
thermal shock resistance at temperatures greater than 800 °C, particularly at more 
than 850 °C, and at pressures up to 30 bar in an environment consisting essentially 
of steam, hydrogen and carbon dioxide. Furthermore, the catalyst has to withstand 
abrupt temperature changes (e.g. during plant trips) and the resulting high thermal 
stresses. If the thermal stresses at a certain point within the catalyst particle exceed 
a critical value, then cracks occur at this point, which can sometimes lead to the 
complete breakage of the particle. 

Certain efforts have been made to increase the thermoshock resistance of the 
catalyst pellets by using additives to the conventional alumina-based nickel cat¬ 
alysts, such as rare earth components [95], or a variety of earth alkali oxides, such 
as those disclosed in DE000002431983C2, which describes a catalyst for the 
steam reforming of hydrocarbons that contains a refractory nickel-containing Ca- 
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aluminate catalyst (carrier: 10-60 wt% of calcium oxide, 0-30 wt% beryllium 
oxide, magnesium oxide, and/or strontium oxide, 30-90 wt% alumina, and less 
than 0.2 wt% silica). The increase in crush strength is mainly ascribed to the use of 
Ca-aluminate with low silica content. This type of catalyst can be further improved 
by including in the alumina/calcium aluminate support approximately 0.2-10 wt% 
(preferably approximately 0.8-5 wt%) of titanium dioxide, related to the total 
weight of the support. The titanium dioxide apparently causes a conversion of the 
calcium so that the latter is at least partially in the form of a hibonite 
[Ca0(Al 2 0 3 ) 6 ] phase in an a-Al 2 0 3 matrix as defined by X-ray diffractometry. 
The catalyst contains approximately 7-15 wt% of nickel (relative to the weight of 
the support). In addition to the nickel, the catalyst can also contain minor quan¬ 
tities of cobalt, according to the patent. The support is preferably a bulk material in 
the form of spheres, cylinders, rings, or other moldings [96]. 


4.3.2.5 Pre-reforming of Heavier Feedstocks 

If the feedstock contains fractions of higher hydrocarbons including aromatic 
compounds or consists of naphtha, the tubular reformer catalyst under normal 
steam-methane reforming conditions is prone to carbon deposits due to cracking 
reactions. For these feedstock materials, pre-reforming is the technology of choice. 
The pre-reformer usually is a fixed-bed adiabatic reactor installed upstream of a 
tubular primary reformer or in combination with an autothermal reformer (ATR) 
(see Sect. 4.3.3) [97]. The adiabatic pre-reformer converts the higher hydrocarbons 
by steam reforming into a mixture of methane, hydrogen and carbon oxides. 

The purpose of installing a pre-reformer is to convert higher hydrocarbons 
before reaching the main reformer stage to increase the capacity of the reformers, 
to stabilise and reduce the load to the downstream main reformer, to reduce overall 
steam consumption (and in the case of downstream autothermal reforming (ATR), 
oxygen consumption). Last but not least, the potential of coking with the use of 
higher than methane hydrocarbon feedstocks is minimised. A pre-reformer prin¬ 
cipally operates at lower temperatures than normal steam reforming and applies 
the principle of the “equilibrated gas”. In some cases, a combined catalyst bed 
design with a layer of pre-reforming catalyst at the inlet bed of tubular reformers is 
used instead of a separate pre-reforming reactor. The feedstock is converted in the 
pre-reformer over a high nickel-containing catalyst into a mixture, mainly con¬ 
sisting of CO, hydrogen and methane (Fig. 4.28). 

The principle reactions are as follows (see also equations in Table 4.4): 

C m Ff 2 + mH 2 0 mCO + (m + n/ 2)H 2 (4.40) 

CH 4 + H 2 0 <=► CO + 3H 2 (4.41) 

as well as the water gas shift (WGS) reaction: 


CO + h 2 o^co 2 + h 2 


(4.42) 


98 


H.-J. Wernicke et al. 


S-Rernoval Pre- Fired Heater 

reforming 


Autothermal 

Reformer 


Steam 

Production 


Protess Steam 



Fig. 4.28 Process design for syngas production by adiabatic pre-reforming and an autothermal 
reformer [64] 


Although the reforming reactions are endothermic, the WGS reaction is exo¬ 
thermic. In the case of methane reforming, the overall heat of reaction would be 
endothermic; it can become exothermic for heavy feedstocks (naphtha). 

The typical operating temperature of a pre-reformer is in the range of 400- 
500 °C, which is lower than in a primary reformer. Typical gas space velocities are 
2,000-4,000 m 3 /(m 3 h) or, on a wet basis, 10,000-14,000 m 3 /(m 3 h), with a S/C 
ratio in the range of 1.0-3.5 depending on feedstock composition (where an 
aromatics content of up to 3.0 % can be tolerated). With increasing operating 
temperatures, the exothermic formation of methane is thermodynamically 
favoured at the expense of reforming reactions. This can be compensated for by a 
higher inlet S/C ratio through the higher heat capacity of the total feed and 
moderation of the methanisation equilibrium. 

All poisons in the feedgas, specifically sulphur leakages from the upstream 
desulphurisation stage, must be removed in order to protect the pre-reformer 
catalyst. 


Commercial Pre-Reforming Catalysts 
General 

The pre-reforming process was developed initially for the production of methane- 
rich gases for use as town gas and synthetic natural gas (SNG). Today, the tech¬ 
nology is used as the first step in steam reforming of heavier feedstock, including 









































4 Methanol Generation 


99 


Table 4.9 Selected commercial pre-reforming catalysts for pre-reforming of heavy feedstock 
(open literature only) [105] 


Supplier 

Commercial 

name 

Feedstock/ 

application 

Active 

metal, 

wt% 

Promoter, 

wt% 

Carrier 

Haldor Topspe 
[106, 107] 

RKNGR 

Natural gas, LPG, 
naphtha; 
aromatics 
up to 30 wt% 

NiO: 25 


MgO, A1 2 0 3 

Johnson Matthey/ 
Katalco 

46-3Q 

Naphtha 

NiO: 23 

K 2 0: 7 
Na 2 0: 

<0.5 

CaAl 2 0 4 , 

Zr0 2 , 

Si0 2 

Abbott and 

McKenna [75], 
Shekawat [107] 

46-5Q 

Light hydrocarbon 
and naphtha 

NiO: 20 

K 2 0: 1.8 

CaAl 2 0 4 , 

Si0 2 

CaAl 2 0 4 

Clariant [107], 
Sud-Chemie 
(2005) 

ReforMax 100 

Natural gas: naphtha/ 
adiabatic reactors 

NiO: 56 


Balance 

Clariant [107], 
Sud-Chemie 
(2005) 

ReforMax 250 
(Cll-NK) 

Naphtha/top of bed in 
tubular reformers, 
fired by outside 
burners 

NiO: 25 

K 2 0: 8.5 

CaAl 2 0 4 


naphtha, which now has gained universal acceptance as a means of improving the 
efficiency and solving problems associated with the conventional tubular steam 
reforming process. 

The pre-reforming catalyst converts higher hydrocarbons that are present in the 
natural gas feedstock into a mixture of methane, carbon dioxide, carbon monoxide, 
and hydrogen. Moreover, the pre-reforming catalyst can adsorb any slip of sulphur 
from the desulphurisation section. Because the pre-reforming catalyst is more 
expensive than the SMR catalyst, reliable upstream desulphurisation is recom- 
mendable. The catalyst life depends on the operating conditions and feed 
composition. A number of factors influence the deactivation such as sintering, 
poisoning and carbon formation [88, 98-104]. 

For a pre-reforming catalyst, a high nickel surface area is essential due to the 
low temperature of operation in adiabatic reactors with moderate reactor size. The 
catalyst crush strength, thermal shock resistance and pressure drop are less 
important than in other applications. This allows the use of catalyst pellets of 
moderate size to be used in pre-reforming reactors. Pre-reforming catalysts have 
been reviewed by Boon and van Dijk [105] (Table 4.9). 

In addition, a naphtha steam pre-reforming catalyst YS-Z501 has been 
described. This catalyst, with more than 50 wt% nickel, has an active component 
and multipore complex substance as carrier [108]. The operating temperature is 
reported to be in the range of approximately 360-560 °C and the operating 
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pressure is recommended to be between atmospheric and 6.0 MPa. The optimum 
steam/carbon ratio is approximately 1.5-3.0 and the carbon space velocity is 
approximately 1,000-3,000 h -1 . 

All these catalysts feature the following: 

• Excellent reforming activities and stability, especially high activity at low 
temperature 

• Ability to converting all C 2+ hydrocarbons to methane-rich gas 

• Suitability for pre-reforming under high space velocity 

• Excellent reducibility; able to be reduced in pre-reformer 

• Stability for long service life 

• Suitability for a wide range of feedstocks. 

Selected Commercial Pre-reforming Catalysts 

Catalco JM (Johnson Matthey Catalyst) pre-reforming catalysts include CRG-LH, 
CRG-LHR, CRG-LHC and CRG-LHCR (CRG stands for ‘catalytic rich gas’). The 
CRG LH is a precipitated catalyst based on nickel (45-50 wt% nickel as NiO) as 
the active component and on a carrier composed of magnesium, silicon, potassium, 
chromium, calcium, and alumina as A1 2 0 3 . This type is compared with CRG F 
(75-81 wt% nickel as NiO) on alumina containing 0.2 wt% silicon as Si0 2 and 
0.35 wt% potassium [109]. The catalyst is supplied pre-reduced and stabilised: the 
oxidised form is available as a special order. 

Haldor Topspe’s pre-reforming portfolio includes the RKNGR and AR-301 
catalysts, as well as a new generation of pre-reduced pre-reforming catalysts, 
designated AR-401, with 35 wt% Ni on activated MgAl 2 0 4 . 


4.3.2.6 Steam Reformer Designs 

Economically, the steam reforming process is driven by optimum product and heat 
integration. Because hydrogen purification usually is done with PSA, there is a 
residue of tail gas from the PSA plant. This contains unconverted methane, carbon 
monoxide, carbon dioxide, residue water and hydrogen. The tail gas is used as the 
main heat source of the steam reformer furnace and contributes approximately 85- 
90 % of the heating value to the furnace. Additionally, this is a very economical 
and environmentally benign way to make use of byproducts and residues from 
steam reforming by using their heating value and destroying them to water and 
carbon dioxide. Natural gas only contributes 10-15 % of energy to the furnace in 
regular operations, and of course the heat demand during startup of the plant. 

Besides the reliability of this mature process, the energy integration is a major 
success factor for steam reformer plants. Because the steam reforming reaction 
occurs at temperature of 800-950 °C, the temperature of the furnace is even hotter 
(approximately 1,100-1,200 °C), while the educts and products have ambient 
temperatures and the flue gas is released just slightly above the dew point with 
roughly 130 °C. Hence, exergy optimisation by heat exchange is the key driver of 
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Fig. 4.29 Steam reforming technologies with tubular reformer types [110] 


the process economy. Hence, the process makes use of flue gas temperatures in 
four different heat exchangers and utilises the heat flux in the product stream, as 
well as in four main heat exchangers. Only low-temperature heat has to be 
removed without further use in one air cooler and one water cooler. 

Steam reformer designs exist as top-fired, side-fired, so-called terraced-wall,and 
bottom-fired reformers in the market (Fig. 4.29). Designs are proprietary to each 
technology company and are also a result of the design requirements for a certain 
capacity class of reformers. 

The reactions taking place under the steam reforming process are given in 
Table 4.10 along with the enthalpy of reaction and the equilibrium constant [64]. 
Reactions 1 and 2 in Table 4.10 are the steam and C0 2 reforming reactions for 
methane and reaction 3 is the WGS reaction, which takes place simultaneously. 
The WGS reaction is fast and is generally considered in equilibrium. Reaction 4 is 
the steam reforming reaction of higher hydrocarbons. The enthalpy and equilib¬ 
rium constant of reaction 4 is given for steam reforming of n-heptane. 


Table 4.10 Key reactions in steam reforming [64] 


Standard enthalpy of Equilibrium 

reaction AH 2 98 k (kJ/mol) constant 

lnK p = A + B/T 




A 

B 

1. CH 4 + H 2 0 CO + 3H 2 

-206 

30.420 

-27.106 

2. CH 4 + C0 2 ±5 2CO + 2H 2 

-247 

34.218 

-31.266 

3. CO + H 2 0 ±5 C0 2 + H 2 

41 

3.798 

4,160 

4. C W H m + n H 2 0 n CO + 

-1,175 

21.053 

-41.717 


(n + m/2) H 2 for H 2 n-C 7 H 16 
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Reforming equilibrium temperature (°C) 


Fig. 4.30 Steam reforming and methane conversion. O/C: ratio of steam to methane in the feed 
gas [70] 

The steam reforming reactions are strongly endothermic and lead to gas 
expansion. This means that reaction 1 is favoured at low pressure and high tem¬ 
perature, as illustrated in Fig. 4.30, where the equilibrium conversion is shown as a 
function of temperature and pressure. However, for industrial applications, the 
optimum window of operation conditions needs to be determined in view of supply 
pressure, steam host and total cost of ownership. The heat required for converting a 
1:2 mixture of methane and steam from 600 °C to equilibrium at 900 °C is 214 kJ/ 
mol CH 4 at 30 bar. 

One has to distinguish between fired heaters, in which the heat is provided 
mainly via radiation through burners on the outside of the tubes, and HER, in 
which the heat is provided via convection from flue gas or process gas. 

(A) Fired Heaters 

The general furnace classifications according to firing patterns are described in the 
following [111]. 

Top-fired 

A top-fired furnace is characterised by having the burners in the top and firing 
down. The tubes are often installed in parallel rows, with the burners firing down 
between each row. The principal radial temperature profile of the tubes is shown in 
Fig. 4.31. Examples include the furnaces by Kellogg/KBR, Davy Process Tech¬ 
nologies, Humphreys & Glasgow, Technip/KTI, UHDE and Lurgi. A top-fired 
furnace sometimes is called a roof-fired furnace (see Figs. 4.32, 4.33, right.). 



Temperature 
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Fig. 4.31 Radial temperature profile for a top-fired furnace (40 % down from the top end of the 
pipe) [112] 



Fig. 4.32 Arrangement of top-fired reformer. (Courtesy of Air Liquide Global E&C Solutions) 
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Fig. 4.33 Side-fired (left) 
and top-fired (right) burner. 
Maintaining a tube wall 
temperature that is hot 
enough for the reforming 
reaction is a critical factor in 
reformer heater design. © 
2011 Chemical Engineering 
Processing, 29 May 2010 
[115] 



Individual burners 



Roof-fired 


In top-fired reformers with very high heat flux (typically 75,000-95,000 W/m 2 ), 
the maximum tube wall temperatures are usually 30-40 % from the top, where the 
reaction can be significantly away from equilibrium (see Fig. 4.34). Thus, large 
reductions of the maximum tube wall temperature (typically 25-50 °C) can be 
achieved. The temperature differences cause significant variations in the methane 
reaction rate along the radial position, whereby the catalyst close to the reforming 
tube centre is poorly used [113]. 

As a typical example of a top-fired heater, the Lurgi reformer is described in the 
following (see Fig. 4.32). The reformer features an inlet pigtail design, which allows 
an inlet temperature of up to 650 °C, thus enabling one to achieve high radiant 
efficiencies with a reduced number of reformer tubes, a more uniform tube wall 
temperature, and reduced fuel requirement combined with lower NO and C0 2 
emissions. The internal insulation at the top of the reformer catalyst tube avoids the 
damage of outside insulation by the tube movement. The flange bolts remain relatively 
cool, even at inlet temperatures of 650 °C, so that no periodic retightening is neces¬ 
sary. The insulation inserts are designed with a diffuser outlet. This diffuser ensures a 
gradual temperature profile at the tube inlet and optimally recovers the pressure drop. 

The counterweight tube support system provides for upward expansion from the 
furnace outlet header. The system provides real constant load support for the tube 
over the whole range of movement, in contrast to the only approximate charac¬ 
teristic of spring or so-called constant-load hangers. The tubes remain straight 
without any necessity for routine readjustment. 
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Fig. 4.34 Tube skin 
temperature (T w ), radial mean 
temperature (I) and 
temperature predictions given 
by the one-dimensional 
model (r ID ) as a function of 
the dimensionless reactor 
length for top-fired (dashed 
lines) and side-fired {solid 
lines ) reformers [116] 



The outlet system uses a “straight pigtail,” which is welded to the cold header 
nipple. The cold header ensures minimum expansion of the header and the straight 
pigtail provides a flexibility that is not possible with a direct welded reformer tube. 
The external insulation around the pigtail is enclosed in a flexible stainless steel 
bellows-type casing, which is gasket-seated and clamped, both with the header 
nipple and the reformer box floor. By using this design for a large furnace, one can 
exploit the full capability of the reformer tube without other restrictions, be it 
pigtail or header length. Furthermore, the outlet system allows “tube nipping” 
during operation. 

The design incorporates an additional feature that protects the tube-to-header 
transition from metal dusting at high outlet partial pressures of CO. Because the 
reformer tube is at approximately 800-950 °C and the header at approximately 
200 °C, inevitably at some point or other in the transmission from tube to header 
the material is in the metal dusting range. The design provides for the introduction 
of a burner gas at the critical point, thus ensuring that materials are not exposed to 
a metal dusting gas atmosphere. 

Side-fired (Tier) 

Side-fired furnaces are characterised by having multiple-level burners firing 
backwards on heat-resistant refractory. The tubes are heated by the resulting 
radiation (see Fig. 4.33, left). Examples include furnaces by Haldor Topspe and 
Selas [114]. 

In a side-fired reformer with medium to low heat flux (typically <70,000 W/m 2 ), 
the maximum tube wall temperatures are usually towards the bottom of the tube in a 
region where the reforming reaction is very close to equilibrium (see Fig. 4.34). 
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There, a more active catalyst may not be able to reduce the maximum tube wall 
temperature. However, activity reserves will allow these tube wall temperature 
levels to be maintained for a longer time on stream. 

In side-fired furnaces, a reduction of the maximum tube wall temperature is 
possible if the furnace firing can be adjusted to put more heat into the top half of 
the tube, where the tube skin temperatures are cooler. This reduces the amount of 
heat required in the bottom zone below and hence lowers the maximum tube wall 
temperature. 

Side-fired (Terrace) 

Side-fired (terrace) furnaces are characterised by having one to three terraces with 
the burners firing up the side walls. The tubes can be in one straight row or two 
offset rows (staggered). Examples include furnaces by Foster Wheeler and Alcorn. 

Bottom-fired (Box) 

A bottom fired (box) furnace is characterised by having the burners in the bottom 
firing up between the tube rows. 

Bottom-fired (Cylindrical) 

A bottom-fired (cylindrical) furnace is characterised by having the burners in the 
bottom firing up between the tube rows. The tube rows run radially from the centre 
of the furnace to the outer wall. 

The different types of reformers, including their burner arrangements, result in 
different heat fluxes and temperature profiles over the tube length. Adapting the 
different catalyst types to the heat flux profile optimises the reformer efficiency and 
allows for substantial part load operation for some reformer types (down to 30 %). 

Compact Reformer 

The fundamental processes taking place within the compact reformer are the same 
as those in a conventional steam reformer. Fresh feed mixed with steam enters the 
reformer tubes, where it passes over the reforming catalyst. Heat for the reforming 
reaction is provided by firing on the shell side of the reformer. 

In the compact reformer, three of the main process steps involved in conven¬ 
tional steam reforming are incorporated into a single unit: reforming of process 
gas, reformed gas cooling and preheating of combustion air and fuel. The reformer 
can be divided into three sections (see Fig. 4.35). In the ‘feed preheat’ section, 
combustion on the shell side is complete and the combustion gases are relatively 
cool. Enhanced heat transfer is used to maximise the heat recovery from the flue 
gases into the process, which is also relatively cool at this stage. 

The majority of the reforming reaction takes place in the ‘combustion zone’, 
where combustion is taking place and the temperature of the combustion gases is 
much higher. The catalyst bed ends at the top of the combustion zone. The 
reformed gas then enters the ‘air/fuel preheat’ zone, where it is cooled by counter- 
current heat exchange with cold combustion air. The combustion air in turn 
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Fig. 4.35 Process principle 
of a compact reformer [117] 


Process outlet 
480 °C 



transfers heat to the fuel. Finally, the cooled reformed gas is collected in a header 
and leaves the device. 

The incorporation of the air/fuel preheat zone means that the reformed gas is 
relatively cool when it leaves the reformer. This eliminates the need for a costly 
reformed gas boiler and steam system. Any steam or power required on the plant 
can then be provided by the most appropriate means (e.g. package boiler, gas 
turbine). 

The compact reformer is designed to maximise the rate of heat transfer between 
the flue gas and the process gas. This results in an improved thermal efficiency 
compared to a conventional reformer and is achieved using a combination of 
methods: 

• The firing is counter current to the process gas flow inside the tubes. 

• Much smaller tubes are used than in a conventional reformer, giving a large 
surface area to volume ratio. 

This is achieved by the following methods: 

• The process tubes are much more tightly packed than in a conventional reformer 

• Enhanced heat transfer is used where possible to maximise heat transfer rates 
and ensure the maximum amount of heat is recovered from the flue gas into the 
process. 

In the early 1990s, this concept was tested in single tubes; a 0.3 million stan¬ 
dard cubic feet (SCF) per day natural gas pilot unit was built and subsequently 
operated. This unit provided firm evidence of the potential for low-cost reformer 
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Fig. 4.36 DPT compact reformer [117] 


technology with enhanced thermal efficiency, but it was realised that a new design 
approach was required. Figure 4.36 illustrates this pilot unit. 

In a conventional reformer, the dominant heat transfer mechanism is radiation 
with convective heat transfer from the hot flue gases, accounting for less than 5 % 
of the total heat transferred to the tubes. In the compact reformer, this situation is 
reversed. The small, closely packed tubes are designed to promote convective heat 
transfer and the relatively small volume of flue gas reduces the potential for radiate 
heat transfer from the gas. Hence, about 90 % of the total heat transfer is by 
convection. 

The compact reformer is conceived as a modular device. Scaling to various 
capacities from relatively small hydrogen plants to world-scale plants can then be 
achieved by installing the required number of standard modules. The construction 
of the modules is relatively simple and opens up the possibility for mass manu¬ 
facture in a factory before transporting to the site for installation. Transportation is 
relatively straightforward; a single module will fit inside a standard shipping 
container. On an equal capacity basis, a compact reformer-based system occupies 
about 25 % of the plot area of a conventional steam reformer, with a corre¬ 
sponding reduction in weight [117]. 

(B) Heat Exchange Reformers (HER) 

To reduce the capital cost of syngas-based processes and to decrease exergy losses, 
the heat-exchanger reforming system was developed. In HER, sometimes also 
called convective reformers, hydrocarbon gas together with steam is exposed to 
convective heat that is supplied by process gas or flue gas. The design is com¬ 
parable to conventional tube heat exchangers. Examples are shown in Figs. 4.37 
and 4.38. The catalyst is either filled inside tubes or in the space between tubes. 

The amount of heat transferred to process gas may increase from approximately 
50 % to approximately 80 % by using heat exchange devices [118]. However, 
because the heat exchange occurs dominantly by convection, heat fluxes are lower, 
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Fig. 4.37 Conventional 
straight-tube heat exchanger 
[119] 
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Fig. 4.38 Conventional U- 
tube heat exchanger [120] 
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resulting in bigger equipment than in tubular reformers with radiant heat transfer. 
Therefore, for large plants, this type of reformer cannot be a stand-alone solution 
but is operated in conjunction with another reformer. 

Several types of HER have been developed, which can be grouped into three 
categories: (a) flue gas heated reformers (straight through), (b) flue gas heated 
reformers (bayonet tube concept), and (c) process gas heated reformers (gas-heated 
reformers, GHR), as shown in Fig. 4.39. 

As mentioned, HER heated by process gas, which are called GHR, usually are 
fitted to another reformer, such as a fired tubular reformer, an air or 0 2 -blown 
secondary reformer, or an ATR. 

In 1994, ICI (now part of Johnson Matthey Catalysts) extended the GHR 
concept into methanol production as part of the leading concept methanol tech¬ 
nology. In the meantime, several design improvements (simplification of the 
fabrication, reliability, optimisation of the materials of construction) resulted in the 
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Fig. 4.39 Types of heat exchange reformers. Adapted from Aasberg [64] 
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Fig. 4.40 Gas-heated reformer (. HTER ) in combination with autothermal reforming [122]. 
Adding the HTER to an ATR of the same size allows to increase the product gas production by 
34 %, whilst reducing the 0 2 consumption by 20 % and the steam production by nearly 50 %. 
(Numbers are in percentages) 


advanced gas-heated reformer (AGHR). The AGHR concept is based upon the 
proven GHR and is optimally linked with an ATR, as presented in Fig. 4.40, in 
which the advantages are also summarised. 
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Topics to be mentioned are: 

1. Metal dusting for HT reformers with a low S/C ratio (S/C < 2) 

2. GIAP (now part of Clariant) design for ammonia plants can operate because 
they use a high S/C ratio (S/C > 2) 

Further details on various heat exchanging reformers are discussed by Aasberg 
et al. [64]. 


4.3.3 Autothermal Reforming 

The required heat for the endothermic reforming reactions is supplied by an 
autothermal catalytic reforming step, whereby internally partial and/or total 
combustion of part of the feed with oxygen or air provides the heat according to 
the following equations: 


C m H w + (w + n/ 4) O 2 —* tyi CO 2 + / 2 / 2 H 2 O 


(4.43) 

(4.44) 


CH 4 + 20 2 -► C0 2 + 2H 2 0 
Compared these with the following equation: 

C m H„ + m/202 *=► raCO + n/2H2 


(4.45) 


In principle, the process can be executed by two different options: (a) ATR 
(with flame), which is common practice for today’s large-scale syngas plants or (b) 
flameless ATR using catalytic partial oxidation (CPO), which is subject to current 
scientific work. 


4.3.3.1 Characteristics of the Autothermal Reforming Process 

The principal facts characterising the autothermal catalytic reforming process are 
described here. ATR produces high volumes of carbon-free synthesis gas with a 
low H 2 /CO ratio for large-scale applications for methanol or Fischer-Tropsch. In 
these cases, there is a significant economic advantage compared to tubular 
reforming processes. In cases where cheap oxygen is available, ATR technology 
can also be used for the production of smaller syngas volumes, such as for CO 
production or Oxo-syngas. The process offers a wide range of operating flexibility, 
with a given installation being able to produce gas with a H 2 /CO ratio varying 
from 1.7 to 4.7. Turndown ratios of approximately 65 % are readily achievable 
(Fig. 4.41). 

The process is available for a wide range of operating conditions, which can be 
optimised for the specific application. Reformer outlet temperatures are typically 
in the range of 800-1,000 °C. Temperatures inside the combustion chamber are in 
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Fig. 4.41 Autothermal reactor and CFD simulation [125] 


the range of 1,100-1,300 °C directly above the catalyst bed and up to 2,500 °C or 
more in the flame core (see Fig. 4.41). Commercial experience exists for pressures 
up to about 40 bar. A design for 60 bar has been incorporated into the Giga- 
Methanol process design (see Sect. 4.7.3). 

Steam/carbon ratios can vary between 1.0 and 3.5. Operation at a steam/carbon 
ratio of 0.6 has been demonstrated in the Lurgi POX in Freiberg and on an 
industrial scale [121] (see also Sect. 4.3.3). A broad range of reactor sizes is 
available, with capacities running from 200,000 to 13 million m 3 /day. The reactor 
design includes a special mixing burner so as to achieve optimal conditions for the 
catalyst. The reformed gas at the exit of the autothermal reactor contains H 2 , CO, 
C0 2 , N 2 , Ar and nonconverted CH 4 . Typically, the exit gas does not contain any 
soot. 

The stoichiometric ratio for the methanol synthesis achieved by catalytic ATR 
normally is slightly less than 2. To adjust the H 2 , CO and C0 2 balance, hydrogen is 
added from an outside source if available or generated from methanol synthesis 
purge gas in a PSA unit. When natural gas or oil-associated gas with high content 
of lighter hydrocarbons is used as feedstock, a partial removal of C0 2 from the 
reformed gas may be preferred. Figure 4.42 shows a typical scheme of ATR for 
methanol synthesis gas. 
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Fig. 4.42 Autothermal reformer. (Courtesy of Air Liquide Global E&C Solutions) 
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4.3.3.2 Commercial Catalysts for Secondary and Autothermal 
Reformers 

In methanol plants, the secondary reformer is an oxygen-fired reformer that oper¬ 
ates downstream the tubular reformer, “while in some synthesis gas (H 2 /CO) plants, 
natural gas is heated in a fired heater, mixed with steam and oxygen or enriched air, 
and reformed in a reactor similar to a secondary reformer (ATR)” [123]. 

Catalysts for application in secondary and ATRs are strongly affected by dif¬ 
fusion limitations. The key aspect for this type of catalyst is a strong and stable 
catalyst carrier that can withstand the high temperatures applied in these processes. 
Haldor Topspes’s RKS-2-7H catalyst is based on a magnesia alumina spinel 
(ceramic-type) carrier with a fusion point in excess of 2,000 °C, well beyond the 
highest temperatures typically observed in the catalyst bed of secondary reformers. 
The nickel content generally is 9 wt%, except RKS2P-7H, which has only 0.5- 
1 wt% of nickel. 

Clariant (formerly Sud-Chemie) offers two types of heat shield catalysts: 
ReforMax 400 GG (formerly Cl4-4 GG, with 12 wt% NiO on a-Al 2 0 3 six-hole) 
and ReforMax 420 (formerly G-31 E). Active heat shield catalysts are placed as 
the top-bed catalyst layer while a reforming catalyst, as the main bed, is at the 
bottom. The fraction of heat shield layer ranges from 10 to 20 vol% of total 
catalyst. It is usual to protect the catalysts from direct firing by placing a heat 
shield on the top layer. ReforMax 410 LDP (12 wt% NiO on CaAl 12 0 19 10-hole) 
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is the bulk of catalyst loading for secondary reforming reaction. It is placed 
beneath an active heat shield. The fraction of this catalyst layer ranges from 80 to 
90 %. The original name is C14 LDP. 

Oxygen-rich ATR requires a mix of catalysts, including an active thermal shield 
and a reformer catalyst of excellent physical/thermal stability. The catalysts must 
also be resistant to thermal shocks through the flame. The standard mix is made up of 
a layer of 5-10 % of the catalyst to the catalyst ReforMax 420 (8 wt% NiO on a- 
A1 2 0 3 extrudates) and ReforMax 330 LDP (12-15 wt% NiO on CaAl 12 0i 9 10-hole). 

In addition, there are other catalyst manufacturers, although with a less strong 
reference list. The SSR-202 (5 wt% NiO) by Sun Chemical Technology is a 
protection catalyst that can tolerate high temperatures at the top of the reactor. The 
catalyst support consists of MgAl 2 0 4 spinel and nickel oxide. SSR-202B reveals a 
higher Ni content of 14 wt% NiO. Usually SSR-202 is loaded on the top layer of 
the reactor to protect under catalyst SSR-202B. The normal distribution is 25 % 
SSR-202 on the top and 75 % SSR-202B on the bottom section [124]. 


4.3.3.3 Autothermal Reactor Design 

The ATR is a refractory-lined vertical vessel. The mixture of reformed gas from 
the steam reformer enters the ATR at the top. In a special mixer, the feed gas is 
mixed with the oxygen. At an operating temperature of about 960 °C and a 
pressure of about 31 bar, methanol synthesis gas with a low methane slip is 
produced. The synthesis gas leaves the ATR at the lower end through a special 
catalyst support. 

Figure 4.43 shows a simplified flow sheet of the POX demonstration plant in 
Freiberg. Figure 4.44 gives an impression of the plant in Freiberg. 


4.3.4 Combined Reforming 

Combined reforming is a combination of a conventional steam reformer and an 
ATR. In the conventional process, natural gas is reformed with steam in a tubular 
reformer. The heat required for reforming is supplied by heating the reformer tubes 
from the outside. With the given C/H ratio of the natural gas and the hydrogen 
added by steam decomposition, the hydrogen surplus is such that the stoichiom¬ 
etric number SN = (mol H 2 — mol C0 2 )/(mol CO + mol C0 2 ) is too high for an 
optional methanol production. The surplus of hydrogen has to be compressed and 
behaves as a ballast gas in the synthesis loop; that is, it increases the size of the 
equipment in the loop and has to be discharged with the purge gas. Thus, it can 
only be used for firing the tubular reformer. In order to keep the methane level in 
the synthesis gas to a minimum, the outlet temperature at the reformer has to be as 
high as possible. However, because the outer wall temperature of the reformer 
tubes is limited, the wall thickness is limited as well; therefore, the higher the 
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Fig. 4.43 Block flow diagram of a high-pressure partial oxidation demonstration plant in 
Freiberg Saxonia. (Courtesy of Air Liquide Global E&C Solutions) 


Fig. 4.44 High-pressure 
partial oxidation 
demonstration plant in 
Freiberg, Germany. (Courtesy 
of Air Liquide Global E&C 
Solutions) 



reformer temperature, the lower the pressure to be specified. Because a reformer 
pressure that is too low requires higher compression energy, an optimum has to be 
achieved between reformer temperature (inert content) and reformer pressure 
(compression energy). 

In a conventional steam reformer, approximately 82 % of the hydrocarbons are 
reformed by external heating, so the fuel demand of the tubular reformer is very 
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high. The economy of the overall plant is very largely determined by waste heat 
recovery from the flue gas. In the catalytic auto thermal process, the heat required 
for reforming is generated by partially combusting gas in the autothermal reactor. 
Because the autothermal reactor is a pressure vessel with inner lining, its limita¬ 
tions in regard to pressure and temperature are much less stringent. The temper¬ 
ature is limited alone by the thermal stability of the reforming catalyst and of the 
interior lining. 

If only ATR would be applied, the heat required for reforming would largely be 
generated by free oxygen and the resulting synthesis gas would exhibit an under- 
stoichiometric ratio. In such cases, the SN can be adjusted by either removing 
C0 2 , adding hydrogen from an external source, or recirculating hydrogen recov¬ 
ered from the purge gas. The ATR operates at low S/C ratios, thus reducing the gas 
flow through the plant to a minimum. 

The reforming reactions may be described by the following equations: 

CH 4 + H 2 O^CO + 3H 2 (4.46) 

CH 4 + 1 /20 2 CO + 2H 2 (4.47) 

In both cases, the WGS equilibrium is adjusted according to the outlet 
temperature: 


CO + H 2 0^C0 2 + H 2 (4.48) 

Therefore, the two processes are combined in such a way that only the amount 
of natural gas that is required to generate a synthesis gas with a stoichiometric ratio 
of approximately 2 is routed through the tubular reformer. Thus, the synthesis gas 
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Fired Heater Autothermal Reformer Saturator 



Fig. 4.45 Combined reforming (Source Air Liquide Global E&C Solutions) 






































































4 Methanol Generation 


117 



Fig. 4.46 Combined reformer at the Atlas methanol plant (capacity 5,000 tonnes/day). 
(Courtesy of Air Liquide Global E&C Solutions) 


flow is reduced considerably (in the case of methanol, by approximately 25 %). 
Depending upon the composition of the natural gas, only 30 % of the hydrocar¬ 
bons are converted in the tubular reformer; therefore, the tubular reformer in the 
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combined process is only about one quarter the size of a reformer in the con¬ 
ventional process. This means considerable savings in cost and energy. 

As the reformed gas leaves the tubular reformer with a high methane slip, it is 
further reformed in the autothermal reactor together with the natural gas routed 
through the bypass. Due to higher suction pressure, the compression energy is only 
about 50 % compared to the compression energy for syngas of a conventional 
steam reforming. A further important advantage for reducing the plant cost and the 
energy requirement is the very low process steam requirement, resulting in a low 
S/C ratio. Because only about half the natural gas is reformed in the steam 
reformer, the necessary total S/C ratio drops to almost half. The compression of 
synthesis gas is possible in a single casing compressor. To keep the methane level 
low at high pressure, the catalytic autothermal reactor is operated at an outlet 
temperature of about 960 °C. Figure 4.45 shows a typical scheme of combined 
reforming [126]. 

The difference in size of the steam reformer and the ATR demonstrate that 
large-scale synthesis plants will use combined reforming, at least for capacities in 
the range of 1,500-6,000 tpd of methanol. Because the capital cost for the air 
separation unit (ASU), which is producing oxygen, is lower in comparison to 
savings due to economy of scale for the synthesis gas production, synthesis gas 
compression and methanol synthesis in large plants, the total cost of the combined 
reforming using oxygen provides the best economics (see Chap. 7) (Fig. 4.46). 


4.3.5 Partial Oxidation 

4.3.5.1 Introduction 

A niche variant to ATR is POX. Only a limited number of plants for methanol 
production are in operation. The POX process can convert difficult feedstocks into 
clean synthesis gas with minimal environmental impact. Many of the undesirable 
components in crude oil (sulphur and heavy metals) are concentrated in residual 
fuel oil. Increasingly stringent environmental legislation dictates a reduction in 
sulphur content and/or the application of expensive flue gas treatment techniques 
when burning such residual fuels. POX makes these measures dispensable. 

The declining demand for residual fuel oil and increasing demand for distillates 
are pushing refineries to look for alternative conversion processes of the heavy 
residues. POX is such an alternative. It will digest not only the traditional heavy 
refinery residues but also all kinds of other liquid and even solid-containing resi¬ 
dues and combinations, apart from the gaseous feeds discussed here. POX is an 
attractive option with respect to the sustained trend toward closed-loop production, 
as byproducts of many chemical processes can be used as feedstock for POX. The 
process enables the manufacture of a wide range of products such as hydrogen, 
carbon monoxide, oxo-alcohols and fuel gas. When cheap oxygen is available, the 
production of ammonia and methanol is also economically feasible. The integration 
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of efficient POX with a combined cycle (integrated gasification combined cycle, or 
IGCC) represents an option for generating clean power from residual fuels. 


4.3.5.2 Partial Oxidation Process Description 

POX is a noncatalytic POX process that can convert gaseous feeds also containing 
liquid components (apart from wide variety of liquid/even solids containing 
hydrocarbon feedstocks) to clean synthesis gas, consisting mainly of hydrogen and 
carbon monoxide. Compared to the combustion of residue feedstock, which involves 
S0 2 removal, POX allows virtually complete removal (over 99 %) of the gaseous 
sulphides, with marketable sulphur produced. The metal salts in the feedstocks are 
separated from the product gas as a solid filter cake, which can serve as a raw material 
for metal recovery. State-of-the-art water treating techniques ensure clean effluents. 

A gasification unit usually consists of the gasification reactor itself, where the 
feedstock reacts with oxygen to raw synthesis gas (a hydrogen-carbon monoxide 
mixture), a synthesis gas cooling section and a carbon handling system. The 
gasification is autothermal and is described by the following reaction: 

2C m H w + m/20 2 2m CO + n H 2 (4.49) 

Depending on the composition of the feedstock and the oxidant as well as the 
actual gasification temperature (1,200-1,450 °C), the raw syngas contains quan¬ 
tities of H 2 0 (to be condensed), C0 2 , residual CH 4 , H 2 S, COS, N 2 and Ar. In 
addition, a small amount of unconverted carbon (soot) is present, approximately 
0.5 wt% for liquid hydrocarbons. Gasification pressure may range from 1 to 
100 bar, but is normally between 30 bar (preferred for some IGCC) and 70 bar 
(preferred for H 2 production). Metal ash (slag) is removed together with the soot 
or, at high concentrations, as molten slag via quench and slag hopper. 


4.3.5.3 Partial Gasification: Quench Configuration 
Reactor System 

The noncatalytic POX of hydrocarbons by POX occurs in an empty, refractory- 
lined reactor (see Fig. 4.47). The refractory is selected as a function of the ash/slag 
load: the dry ‘dusty’ ash in most refinery applications results in less stringent 
specifications than molten slag. The feedstocks enter the reactor by a top-mounted, 
specially designed burner. This extremely robust burner—together with the 
quench—is the main reason for the high feedstock flexibility of POX. Feed and 
oxidant are preheated to minimise oxygen consumption. The oxidant (air, enriched 
air, 0 2 ) is mixed with steam as moderator prior to feeding to the burner. Burner 
and reactor are tuned by fluid-dynamic simulation to achieve mixing of the oxidant 
with the feedstock at the smallest possible volume. Thus, the reactor space is 
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Feedstock 



Fig. 4.47 POX flow diagram for quench configuration. (Courtesy of Air Liquide Global E&C 
solutions) 


optimally used for complete conversion. The central bottom outlet leads directly 
into the water quench ring. 

For liquid feed, the soot slurry from the gasification (in both quench and boiler 
mode) is flashed to atmospheric pressure in a slurry tank. The slurry is filtered, 
leaving a filter cake and a clear water filtrate, which is partly recycled as quench or 
scrubbing water. The filter cake is subjected to a controlled incineration process in 
a multiple hearth furnace, which allows, due to the combustion conditions, a 
recovery of the metals. The process is autothermal in principle, with the heat of 
combustion being sufficient to evaporate the moisture content of the filter cake. 

The surplus of water from the metal ash recovery system (MARS; i.e., the 
overall net water produced in the gasification step) is routed to a sour water 
stripper (SWS) to remove traces of ammonia (NH 3 ), hydrogen cyanide (HCN), and 
hydrogen sulphide (H 2 S). The off-gas is normally routed to a Claus/TGT unit. 

Syngas Cooling 

The hot raw gas from the reactor is shock-cooled (“quenched”) by water from the 
soot removal section, which is injected into a quench ring optimised for large 
variations in gas and solids (slag) load. The gas is cooled almost instantly to the gas 
saturation temperature and leaves through the side of the quench separator. The soot 
slurry resulting from the quench is drawn off for low-ash (refinery) cases and routed 
to the MARS. When processing high-ash feedstock, molten slag forms and flows 
down the refractory wall into the quench ring where it is blast-cooled into glassy 
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spheres (1-2 mm diameter). This nonleachable glassy slag is collected and can be 
easily disposed of (e.g. as aggregate for road construction). The overflow water 
carries fine particles and soot to the MARS unit, where it is treated to allow partial 
recycling of process water and collection of soot and particles for further treatment 
in the rotary furnace. Final gas cooling occurs in a medium-pressure steam boiler, 
which produces steam for use in the complex. After passing through the final water 
cooler, the gas is routed to the acid gas removal unit. 


4.3.5.4 Partial Gasification: Boiler Configuration 

The burner and reactor are essentially the same as in the quench configuration 
described previously, only that the hot raw gas now leaves from the bottom side of 
the reactor to enter directly into a heat recovery boiler, which raises valuable high- 
pressure steam. 

Syngas Cooling 

The boiler configuration is designed for recovery of sensible heat at the highest 
possible temperatures. Primary heat recovery takes place in a WHB generating 
high-pressure (i.e., 100-140 bar) saturated steam in which the raw gas is cooled to 
approximatley 340 °C (see Fig. 4.48) This WHB is specifically designed for the 
high gas inlet temperatures and the particulate-charged gas at high velocities. A 
small part of the steam thus generated is used for feedstock and oxidant pre¬ 
heating; the bulk is superheated and can also be used in steam turbine drives or in 
an IGCC. Lower-level heat is recovered in a boiler feedwater economiser directly 
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Fig. 4.48 Boiler configuration for partial gasification of partial oxidation. (Courtesy of Air 
Liquide Global E&C Solutions) 
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downstream of the WHB. Ash from the feedstock and soot particles are carried 
with the raw gas. They are removed from the gas in a wash quench and scrubber 
column. The soot slurry is collected and sent to the MARS. 


4.3.6 Process Selection Criteria for Methanol Generation 

4.3.6.1 General Aspects 

As described previously, various reforming technologies are applicable for the 
conversion of natural gas, oil-associated gas and other gaseous feedstocks to 
(methanol) synthesis gas. Although most of the plants worldwide use conventional 


Table 4.11 H 2 /CO ratios and stoichiometric numbers (SN) for reforming technologies 


Process 

h 2 /co 

SN 

Steam reforming by means of C0 2 recycle, H 2 /CO approaches SN 

4-6 with C0 2 3:1 

2.7-3.0 

Autothermal reforming 

2.1-33 

1.5-1.6 

Lurgi Multi Purpose Gasification (MPG) 

1.7-1.8 

1.5-1.6 


Table 4.12 Single-train reformer capacities 

Type of reformer 

Single-train capacities, Nm 3 /h dry 
syngas hour 3 

Steam reformers 

Autothermal reformer 

Multi Purpose Gasification (MPG) partial oxidation 

1,000-200,000 

10,000-900,000 

5,000-100,000 


a For a 5,000 tpd methanol unit, the syngas production rate is about 530,000 Nm 3 /h 


Table 4.13 Typical syngas compositions 3 


Feed 

Natural 

gas 

Natural gas 
and C0 2 

Natural gas 

combined 

reforming 

Naphtha 
C/H = 6 

Vacuum 
residue or 
coal 

C0 2 vol% 

6.98 

12.25 

7.74 

8.43 

3.22 

CO 

16.42 

15.48 

21.79 

20.37 

28.24 

h 2 

73.52 

69.36 

67.53 

67.22 

68.05 

ch 4 

3.08 

2.91 

2.86 

3.98 

0.49 

N 2 + Ar 

- 

- 

0.08 

- 

- 

Synthesis gas (Nm 3 /t) 
CH 3 OH 

3,120 

2,680 b 

2,546 

2,590 

2,300 

Stoichiometric number = 
(H 2 -C0 2 )/(C0-C0 2 ) 

2.84 

2.06 

2.03 

2.04 

2.06 


a See Sect. 4.4 
b Includes 151 Nm 3 C0 2 
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steam reforming, it is important to consider other proven technologies when the 
most economical methanol plant concept should be the objective. 

The most important parameters are outlined and described in this section. As 
described previously, the right selection of the SN has an important influence on 
the overall cost. Table 4.11 shows a comparison of the SNs and ranges for the 
different reforming technologies. The reforming processes have different ranges 
for syngas production, as can be seen from Table 4.12. 

Typical resulting syngas compositions are shown in Table 4.13 [127]. 

4.3.6.2 Specific Selection Criteria 

A more specific guideline for the process selection is described here. There are no 
absolute limits for the application of the different reforming technologies, but there 
are certain preferences. 

Conventional Steam Reforming 

Convention steam reforming is preferred for the following: 

• Plant capacities up to approximately 2,000 tpd [128] when no oxygen is 
available across the fence 

• Combined plants for methanol and ammonia and methanol and hydrogen 

• Plants having C0 2 available 

• Low feedstock cost 

• Low capital cost. 


Autothermal Catalytic Reforming 

Autothermal catalytic reforming is preferred for the following: 

• All sizes, when oxygen is available across the fence 

• Large-size stand-alone plant (greater than 6,000 tpd methanol) [97] 

• Low feedstock cost. 

Combined Reforming 

Combined reforming is preferred for the following: 

• All sizes, when oxygen is available across the fence 

• Sizes greater than 1,500-6,000 tpd methanol [97] 

• High feedstock cost 

• High capital cost 

• Conversion of NH 3 plants to methanol plants 

• Debottlenecking of methanol plants using conventional steam reforming. 
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Noncatalytic POX 

Noncatalytic POX is applied for special feedstocks, such as methanol plants where 
there is cheap oxygen and/or a combination of oxo-alcohol plants or acetic acid 
plants. 


4.3.6.3 General selection criteria 

Apart from the above-described process criteria, the decision for a reforming 
process is mainly dependent on the following: 

• Capacity of the synthesis plant 

• Feedstock properties 

• Cost of feedstock 

• Cost for investment capital 

• Stand-alone or integrated synthesis plant 

• Plant location 

• Available infrastructure 

• Available utilities. 


4.4 Synthesis Gas from Gasification Processes 

Ludolf Plass 1 , Osman Turna 2 , Hans Jurgen Wernicke 3 
and Robert Pardemann 4 

1 Parkstrafie 11, 61476 Kronberg, Germany 

2 Air Liquide Global E&C Solutions c/o Lurgi GmbH, Lurgiallee 5, 60439 Frankfurt, Germany 
3 Kardinal-Wendel-Strafie 75 a, 82515 Wolfratshausen, Germany 

4 Institute of Energy Process Engineering and Chemical Engineering, Freiberg University of 
Mining and Technology, Fuchsmuhlenweg 9, 09599 Freiberg, Germany 


4.4.1 Introduction 

Gasification usually is a large-scale technology that is only economical for large-scale 
units. Although steam reformers are built with a capacity of 1,000-100,000 Nm 3 /h 
syngas, gasification reactors usually start in a range of >100,000 Nm 3 /h dry 
syngas (CO + H 2 ). Large gasification sites, such as for Fischer-Tropsch gasification 
and downstream installations, have dimensions up to 20 km 2 (see also Sect. 4.4.6). 
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The dimensions of a gasification reactor itself show the scale of this technology. 
An EF gasification unit easily has a height of 50-80 m; some designs reach over 
100 m (see Figs. 4.61 and 4.62 in Sect. 4.4.6. 6). 


4.4.2 Development of Gasification Worldwide 

A variety of gasification technologies exist and many developments are underway. 
A recent publication from the U.S. Department of Energy shows a sharp increase 
in worldwide syngas production, from approximately 70,000 MWth in 2010 from 
144 operating plants with a total of 412 gasifiers to more than 120,000 MWth in 
2016 (>72 % increase), with an expected 193 plants with 505 gasifiers in operation 
(Table 4.14). The majority of the additional plants (40 out of 48) will use coal as 
feedstock [129]. 


4.4.2.1 Industry Changes 

Current industry syngas output has increased by 50 % since 2004. Seven plants are 
under construction in China, in addition to several plants for SNG production from 
coal (of which six convert coal to chemicals). Another 10 gasification plants are 


Table 4.14 Worldwide gasification capacity and planned growth: summary [129] 


Feedstock 


Operating in 
2010 

Under 
construction 
in 2010 

Planned for 
2011-2016 

Total 

Coal 

Syngas capacity (MW th ) 

36,315 

10,857 

28,376 

75,548 


Gasifiers 

201 

17 

58 

276 


Plants 

53 

11 

29 

93 

Petroleum 

Syngas capacity (MW th ) 

17,938 



17,938 


Gasifiers 




138 


Plants 

56 



56 

Gas 

Syngas capacity (MW th ) 

15,281 



15,281 


Gasifiers 

59 



59 


Plants 

23 



23 

Petroleum coke 

Syngas capacity (MW th ) 

911 


12,027 

12,938 


Gasifiers 

5 


16 

21 


Plants 

3 


6 

9 

Biomass/ 

Syngas capacity (MW th ) 

373 


29 

402 

Waste 

Gasifiers 

9 


2 

11 


Plants 

9 


2 

11 

Total syngas capacity (MW th ) 

70,817 

10,875 

40,432 

122,106 

Total gasifiers 


412 

17 

76 

505 

Total plats 


144 

11 

37 

192 
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Fig. 4.49 Worldwide gasification capacity and growth by technology distribution [129] 


50,000 


40,000 


* Planning 

■ Construction 

* Operating 


5 30,000 


=* 20,000 


10,000 



AsiafAuitralia Africa'W itfdlc East Europe North America Central & Sou! h 

Amerit ^Caribbean 


Fig. 4.50 Worldwide capacity and planned growth by region [129] 


planned for 2016 (of which eight will convert coal to chemicals). Two IGCC 
plants are under construction in the United States, with 16 further projects planned 
through 2016 [135, 137]. As indicated in Fig. 4.50, this overall increase will result 
in a capacity growth of 47 % for U.S. power production, 23 % for gaseous fuels, 
18 % for liquid fuels and 12 % for chemical plants. A total of 13 more plants are 
planned worldwide, 11 of which will use coal and 2 of which will use biomass/ 
waste [134]. 
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Fig. 4.51 Feedstock distribution [129] 


4.4.2.2 Technology Development 

Figure 4.49 demonstrates that the Shell entrained-flow process is currently the 
leading technology (also in terms of future growth), followed by Sasol Lurgi. The 
indicated growth of zero is not fully correct. The Jindal Steel and Power DRI 
project [seven fixed-bed dry-bottom (FBDB) gasifiers [138] and Sasol Synfuels 
extension of four FBDB gasifiers] is in addition to approximately 100 copies of 
FBDB gasifiers in China. However, the opposed multiple burners (OMB s) tech¬ 
nology by East China University of Science and Technology in Shanghai shows 
the highest growth rate for a single technology. 

As shown in Fig. 4.50, Asia/Australia has 37 % of the overall capacity. The 
second-place position of Africa/Middle East is mainly due to the gas-to-liquid 
(GTL) plants of Sasol and Shell in Qatar. Approximately 63 % of planned growth 
will be in the United States, followed by 34 % in Asia/Australia with China as the 
leader. 


4.4.2.3 Feedstock Distribution 

As can be seen from Fig. 4.51, coal is by far the preferred feedstock today (51 %) 
[136], with the 22 % of natural gas resulting from the Pearl GTL plant in Qatar. 
The capacity increase of more than 70 % is based on coal; the remaining 30 % is 
based on petroleum coke. 
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Fig. 4.52 Worldwide gasification capacity and planned growth by Product [129] 


4.4.2.4 Product Distribution 

Figure 4.52 shows that chemicals are currently and will also be in future the main 
product from syngas, followed by liquid fuels and power. The strongest increase 
on a percentage basis, however, will be for gaseous fuels and power (IGCC). 


4.4.3 General Principles of Gasification Processes 


Essentially, gasification means the conversion of a solid or liquid fuel to produce a 
gas that is suitable for combustion for energy generation or a syngas for the 
production of chemicals and fuels. Historically, the development of gasification 
started in the nineteenth century to produce town gas for illumination and heating 
purposes, using coal as fuel. The actual focus of gasification technology devel¬ 
opment and application is the generation of electricity (via IGCC technology) and 
the production (or coproduction) of electricity, chemicals and fuels based on a 
variety of fuels, such as coal, refinery residues, natural gas, biomass and waste (see 
Chap. 7). Important goals for these developments are to comply with stringent 
international environmental standards, maximise efficiency and allow for fuel 
flexibility as much as possible. 

Gasification is the reaction of solid, liquid or gaseous fuels under partial 
combustion conditions with air or oxygen, steam, C0 2 or a mixture of these gases 
at temperatures greater than 700 °C to produce a gas, which can be used for the 
generation of energy or as source for the production of chemicals and fuels. When 
coal is heated under the absence of oxygen or under partial combustion conditions, 
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it first undergoes a pyrolysis step at temperatures greater than 250-500 °C, 
depending on the composition and rank of the coal. Pyrolysis products are a 
hydrogen-rich volatile stream together with condensable tars, oils, phenols, and 
noncondensable hydrocarbon gases (CH 4 , C„H m ) plus C0 2 , H 2 , CO, etc. The 
generation of pyrolysis products as a function of temperature is dependent on the 
rank of coal and pyrolysis conditions (heatup rate, pressure, purge gas composi¬ 
tion). CH 4 and C^H m increase significantly with pressure. The release of volatile 
matter tails off between 600 and 900 °C. 

With increasing temperatures, the gasification of residual char takes place, 
releasing CO, H 2 , CH 4 gases, C0 2 from the combustion and a CO shift conversion 
taking place in the reactor. Solid residues (ash) will leave the combustion zone. 
For more details, see Refs. [130, 133, 140, 141, 142, 149]. 


4.4.4 Chemical Reactions of Gasification 


The main chemical reactions forming the gasification can be described as follows 
(for more details, see also Refs. [131, 132, 156, 157, 165]. All gasification reac¬ 
tions with carbon from the solid phase and a gas phase agent (air/oxygen, H 2 0 
steam, C0 2 ) are referred to as heterogeneous reactions. All gas/gas phase reactions 
are called homogeneous reactions. 

Complete combustion with oxygen: 

C + 0 2 -> C0 2 A r H° = -393.5 kJ/mol (4.50) 

Most of the energy from the above exothermic reaction is needed to dry and 
heat the coal for the following endothermic gasification reactions. 

Gasification with oxygen or air (partial combustion): 

C + l/20 2 -► CO A r H° = -110.5 kJ/mol (4.51) 

Gasification with carbon dioxide (Boudouard reaction): 

C + C0 2 -► 2CO A r H° = +170 kJ/mol (4.52) 

The Boudouard reaction is highly endothermic and much slower than the 
combustion reaction at the same temperature in the absence of catalyst. 

Gasification with steam (water-gas reaction): 

C + H 2 0 —► CO + H 2 A r H° = +131.5 kJ/mol (4.53) 

The water gas reaction is also endothermic. It increases with rising temperatures 

and reduced pressures, but it is very slow below 900 °C in the absence of a 
catalyst. 
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The water-gas shift reaction: 

CO + H 2 0 -► H 2 + C0 2 A r H° = -40.9 kJ/mol (4.54) 

The gas-phase WGS reaction takes place simultaneously with the above heter¬ 
ogeneous gasification reactions, determining the final crude gas quality. Thus, the 
WGS reaction plays an important role in adjusting the CO/H 2 ratio to the levels 
required for the production of H 2 and certain chemicals and fuels. Note that a 
second catalytic CO shift conversion step will be required downstream of the 
gasification should the H 2 /CO ratio for gasification be too low (see Sect. 4.4.8). 
Note the heterogeneous gasification reactions (4.51) and (4.52) are implicit in the 
homogeneous water gas shift reaction (4.54), which is often used to simply describe 
the gasification process, although heterogeneous reactions take place in parallel. 

With regard to the formation of methane, two principle reactions are 
considered: 

- Gasification with hydrogen (hydrogasification reaction): 

C + 2H 2 -► CH 4 A r H° = -74.9 kJ/mol (4.55) 

Hydrogasification needs very high pressures to become effective. 

- The gas-phase methanation reaction: 

CO + 3H 2 -► CH 4 + H 2 0 A r H° = -206.4 kJ/mol (4.56) 

The reaction requires high temperatures and catalytic conditions to become 
effective. 

More details regarding the gasification reactions and the related kinetics can be 
found in Refs. [132, 144, 159, 161-164, 166, 167, 168-173, 175]. 

Depending on the gasification process conditions, the following different types 
of syngas can be produced [131]: 

1. Low heating value gas (3.8-7.6 MJ/m 3 ), predominantly used as fuel gas in gas 
turbines or as reducing gas in steel production processes, is not suitable for 
chemical reactions due to the high content of nitrogen gas. 

2. Medium heating value gas (10.5-16 MJ/m 3 ) is suitable for IGCC applications 
but also as feedstock for chemical reactions. Depending on the CO/H 2 ratio, 
catalytic adjustments via a shift reaction are necessary to adjust this ratio 
accordingly to produce methanol and other chemicals such as ammonia and 
Fischer-Tropsch products. 

The composition and nature of the syngas is influenced by a variety of param¬ 
eters. Their respective influence may vary substantially and in a complex manner, 
depending on the reactor type and configuration, pressure and temperature, resi¬ 
dence time, type of fuel, fuel preparation and feeding, geometry, superficial gas 
velocity and particle size of the gasified fuel [132] (see Fig. 4.53). 
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Fig. 4.53 General principles of gasification technologies [132, 195] 
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4.4.5 Commercial Processes 

The principal differences between the technologies as per Fig. 4.53 are explained 
here. 


4.4.5.1 Moving Bed (Fixed-Bed Dry Bottom) Gasifier 

In this gasifier, a fixed bed of lumpy coal (approximately 5-60 mm) is formed, 
where coal is fed from the top of the reactor and the ash is extracted at the bottom. 
Gas flows through this fixed bed in countercurrent mode. The gas velocity is 
limited to prevent excessive carryover of fines to the next process step. Some 
reactor configurations have a co-current gas flow. Ash melting must be avoided for 
an FBDB gasifier, but coarse ash with some mild clinkering is preferred for better 
agent distribution. Worldwide, the majority of syngas from coal gasification is 
produced in FBDB gasifiers. As a further development of the fixed-bed gasifier is 
the British Gas/Lurgi (BGL) slagging gasifier, which features a liquid ash 
extraction system operating at temperatures above the ash melting temperature 
assisted by fluxing. For more details, see reviews in Refs. [143-148]. 


4.4.5.2 Fluidised Bed Gasifier 

A fluid bed of relatively fine coal particles (typically in the 0.1-5 mm range) is 
formed, keeping the particles in suspension in the upward gas flow while they 
undergo the gasification reactions. In contrast to the moving bed system, the gasi¬ 
fication temperature is constant in the overall FB reactor system. The gasification 
temperature is typically in the range of 800-1,050 °C, depending on the ash softening 
and sticking behaviour of the solid fuel. Ash softening/melting must be avoided. 

A further development is the circulating fluid bed (CFB) gasifier. The combi¬ 
nation of particle size and (substantially higher) gas velocity cause a high particle 
concentration in the gas stream leaving the reactor. The particles are separated in a 
downstream recycle cyclone and fed back to the reactor. The relative velocity 
between the particles and the gas maximises in these CFB gasifiers, favouring high 
heat and mass transfer rates [174]. Apart from coal, biomass is the preferred feed 
material for FB/CFB/transport gasifiers. 

4.4.5.3 Entrained Flow Gasifiers 

Pulverised coal and gases flow co-currently at high speeds in an EF. The reaction 
takes place at temperatures well above the ash melting point. Ash is extracted in 
a liquid form. This technology is actually the most employed for the production 
of H 2 and chemicals from coal. Modifications of this EF technology, including 
so-called two-stage reactors, are used for other solid fuels (e.g. petroleum coke), 
liquid or gaseous feed, or biomass. 
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Other gasification technologies, such as molten bath, rotary kilns, or in situ 
gasification, are not reviewed here because there are no commercial references 
available. Figure 4.54 shows a principal decision matrix for the selection of 
adequate technology for the gasification of different coals. 


4.4.5.4 Prinicpal Technology Decision Matrix 

The selection of the “best” gasification technology for a specific application 
depends on the correct selection of a variety of parameters and is therefore difficult 
[131, 132]. Parameters that must be considered include the following: 

• Coal quality and properties, ash content and melting behaviour, minor/corrosive 
components, salts/cost of coal 

• Further use of syngas and final product 

• Capacity per gasifier 

• Heating value/composition of gas 

• Turndown ratio, operational features, reliability, availability 

• Gas purity, cleanliness, gasification byproducts 

• Environmental constraints. 

In the case of coal as feed, the coal choice is typically the least flexible factor 
(geographical, economical, political, environmental factors), which means that the 
gasification process has to be adapted to the base coal to be processed. 


Principal Technology decision matrix 



Source: Abraham (Uhde) 


Fig. 4.54 Principal technology decision matrix (modified from Uhde) [191] 
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4.4.6 Examples of Commercial Gasification Processes 

4.4.6.1 Moving Bed Gasification (FBDB Gasification) 

The Lurgi FBDB gasifier is explained in more detail here as the typical and 
industrially most used moving-bed gasifier. A schematic representation of the 
Lurgi FBDB gasifier is depicted in Fig. 4.55. 

In the gasifier, coal with particle size of preferably 5-50 mm is loaded from the 
bunker into an isolated coal lock, which is then pressurised with raw synthesis gas 
and opened to the gasifier. The coal is loaded into the gasifier in a batch mode. 
Almost all the gas used to pressurise the coal lock is recovered during depressu- 
risation by lock gas recompression of the coal lock before loading it with coal from 
the bunker. The gasifier itself is a double-walled vessel. The boiler feed water 
(BFW) level is maintained between the outer shell and inner wall (jacket) to 
protect the outer pressure-bearing shell from high temperatures. At the same time, 
saturated steam is generated in the jacket at a pressure similar to the gasification 
pressure from the heat transferred through the reactor inner wall. This steam is 
added to the high-pressure superheated steam used in the gasification process. 

Coal from the coal lock is charged to the cross-sectional area of the gasifier and 
descends slowly through the bed. The gasification agent, steam and oxygen, is dis¬ 
tributed into the gasifier via the rotating grate located at the bottom of the gasifier. 
Heat recovery occurs between the hot ash bed consisting of course to fine particles 
and the ascending gasification agent (fed to the gasifier at steam-oxygen mixing 



Fig. 4.55 Lurgi FBDB gasifier [187] 
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temperatures between 300 and 400 °C). The hot ash at 20-30 °C above the agent 
temperature is then discharged into the ash lock and subsequently to the deashing 
system (ash sluiceways are commonly in use but other deashing systems had been also 
used). 

The ash produced has a residual carbon content typically in the range of 2.5-5 %, 
depending on the rank/reactivity of coal and operation. The grate is automatically 
speed controlled to remove ash from the bottom of the gasifier and fix the fire 
zone at a certain height above the rotating grate, thus protecting the grate. 
The temperature of the combustion zone is adjusted by using steam or C0 2 as a 
moderator to prevent excessive clinker formation by ash melting and to allow for an 
undisturbed removal of ash. 

The combustion zone characterised by the reaction of 0 2 with the carbon from 
char is the hottest zone of the gasifier (with temperatures between 1,250 up to 
1,500 °C, depending on the ash fusion properties of the coal) and hence provides 
heat for the upper gasification/reduction zone. C0 2 and steam form the reactants 
for the endothermic gasification reactions that take place next. CO is preferably 
formed due to the equilibrium at high temperatures. H 2 is being produced by the 
steam carbon reaction. As the hot gases ascend up the gasifier bed, they cool down 
by exchanging heat with the descending coal/char; some of the CH 4 is formed at 
temperatures where the gasification reactions tail off. The value of this reaction 
end temperature for the gasification is very dependent on the rank/reactivity of the 
char being produced in the pyrolysis zone above. The low temperatures for 
reactive char favour the formation of CH 4 and C„H m , of which a certain fraction 
will be produced in the gasification zone; however, the major part will come from 
the pyrolysis taking place upstream in the gasifier bed. 

The homogeneous WGS equilibrium is also defined by the gasification “reac¬ 
tion end temperature,” which eventually determines the gas composition (H 2 /CO 
ratio, C0 2 ) of the synthesis gas that is generated. For more literature regarding 
kinetics and simulation, see Refs. [150-155, 158, 176-180]. 

Most of the synthesis gas is being produced in this zone (see Fig. 4.56 for 
reference). It is worth noting that some of the CO shift conversion takes place 
already in the FBDB gasifier, resulting in H 2 /CO ratios of 1.5-1.7 for bituminous 
coals and up to 2.8 (v/v) for lignites. EF gasifiers typically have a H 2 /CO ratio of 
0.5 v/v, which requires additional steam if the syngas has to be H 2 rich depending on 
the final product. It can be easily seen that the FBDB favours SNG production due to 
the high H 2 /CO ratio and CH 4 from gasification plus pyrolysis. Note that up to 40 % 
of the syngas calorific value can be provided by CH 4 , which makes the FBDB 
process quite efficient. Reaction kinetics are fast at high temperatures of the shown 
profile and will naturally slow down, which is different than a co- or cross-current 
process such as a FB, which operates at a fixed temperature and with finer grain size. 

The gasification takes place between 1,250 and 1,500 °C, depending on the ash 
fusion temperature/steam-oxygen ratio, with a T R of 700 °C for lignites and 
1,100 °C for anthracite. These temperatures are quite different from the slagging 
operation described in Sect. 4.4.6.2. As the gases continue to move upwards in the 
gasifier, the volatile components are released in the pyrolysis zone and the syngas 
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Fig. 4.56 Lurgi FBDB gasification process temperature profiles [193] 


is further cooled down in the upper part of the gasifier where the coal is preheated 
and dried. The gas then exits the gasifier at temperatures of 230 °C for moist 
lignite, 450-550 °C for sub-/bituminous coals and 550-600 °C for relatively dry 
anthracite. The process will also accept high-moisture coals due to its in situ 
drying. The FBDB process combines gasification, CO-shift conversion, pyrolysis 
and drying in one reactor. 

The composition is ultimately a result of plant operation and coal composition 
[160]. Also present in the raw gas are the volatiles from the coal in the form of 
heavy and light oils, phenolic compounds, ammonia, and sulphur compounds in 
the form of H 2 S, COS and mercaptanes. 

The produced gas leaving the gasifier is immediately quenched with gas liquor. 
The water-saturated gas is then further cooled in a WHB. Condensation from 
cooling is routed to the gas liquor separation unit. The H 2 0-saturated crude gas 
saves steam in a downstream sour gas shift (SGS) system in the presence of H 2 S. 

Currently, two embodiments of the Lurgi FBDB gasification process are 
commercially available in the form of the Mark 4 (Mk4, “The Present”) and Mark 
Plus (Mk+, “The Next Generation”) gasifiers (see Table 4.15). 

Continuous improvements that incorporate the operating experience from many 
large-scale plants have led to the latest Lurgi FBDB Mk4 design of 40 bar, which 
is used at the Jindal Steel and Power project in India. The Lurgi FBDB Mk+ 
gasifier is the next-generation gasifier (see Fig. 4.57). Conditions of the gasifica¬ 
tion at higher operating pressure have been fully validated against test results at the 
Lurgi pilot plant. 




































4 Methanol Generation 


137 


Table 4.15 FBDB gasifier capacities [193] 


Name 

Mk4 (Mark 4) 

Mk+ (Mark Plus) 

Raw gas loading (Nm 3 /h) dry basis 

Up to 60,000 

Up to 120,000 

Outside diameter (m) 

4.13 

5.05 

Overall height (m) 

12.5 

17 

Design pressure (bar) 

40 

60 



Fig. 4.57 LURGI FBDB Mark plus gasifier outline with double coal locks [193] 


The Lurgi FBDB Mk+ gasifier doubles the dry raw gas production capacity, 
increases the methane yield in raw gas by 21 %, and decreases the byproduct of 
liquid higher hydrocarbons. The steam and oxygen consumption are reduced by 
12 % and there is a 17 % decrease in gas liquor flow requiring treatment. Those 
gains will vary depending on coal properties. 

The Lurgi FBDB Mk+ gasifier was developed using proven design features and 
components of Lurgi FBDB Mk4 gasification technology currently in operation 
worldwide. A Lurgi FBDB Mk5 prototype with a larger diameter has been suc¬ 
cessfully in operation for many years. The Mk+ was designed for elevated pres¬ 
sure, using double locks and improving gasification-related features, which 
resulted in the length of the reactor (see Table 4.15 and Fig. 4.57). The twin coal 
lock concept maintains the reliable lock design of the standard size while saving 
on pressuring gas. 
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System upgrades, improvements in operation and controls, and preventative 
maintenance strategies have resulted in high reliability, great availability and 
foreshortened inspection intervals. Economies of scale benefit from less FBDB 
Mk+ units being required to meet the gas demand. The increase in efficiency, raw 
gas heating value and operating pressure allows the downstream units to be reduced 
in size (i.e., gas cooling, gas cleaning units). Further benefits of the Furgi FBDB 
Mk+ gasifier include benefits for downstream processes, with improvements in CO 2 
absorption in Rectisol and the elimination or reduction in size of complex re¬ 
compression systems and their associated operating and maintenance costs. 

For the gasification of wood, most fixed-bed gasifiers use the downdraft mode. 
The advantage is that the product gases pass the combustion zone before leaving 
the reactor, which cracks most of the condensable pyrolysis products due to the 
high temperatures. Typically, such wood-fired downdraft gasifiers are suited for 
small-scale operation (less than 200 kg/h of wood) [185]. 

More than 200 gasifiers using the Mark 4 concept are operating worldwide— 
most of them in South Africa and China. Robust operation and high reliability are 
key features of the technology. 

FB gasifiers have the advantage of being able to process high-ash coals (up to 
45 wt% ash). Because of the countercurrent flow, the thermal efficiency is high, 
resulting in a substantially lower oxygen consumption against EF gasification (e.g. 
a factor of 2.0-2.4 lower, depending on the reactivity of the coal) [139]. The 
carbon conversion efficiency is high. The steam demand for the gasification as 
such is significantly higher, especially for coals with low ash melting temperatures. 
For example it can be as high as a factor of 18 (FBDB versus EF-based on coal) or 
16 (based on GJ syngas) [139]. However, steam is saved in the FBDB case when 
CO from syngas needs to be converted into H 2 by using the gas moisture, rather 
than by adding steam in the raw gas CO shift conversion process when using an EF 
process with heat recovery. When using EF technology with quench, steam for the 
CO shift is provided by the saturation level of steam in the raw gas, but then there 
is no heat recovery from the gasification. The best case for the FBDB is to sell the 
CH 4 as valuable byproduct, especially in a scenario of energy storage (see Chap. 8) 
[139]. Condensable hydrocarbons (tars, oils and naphtha) can be of advantage for 
Fischer-Tropsch production or represent otherwise an unwanted byproduct. Fow 
gas outlet temperatures do not require a sophisticated heat recovery to use the 
sensible heat of the raw gas. The FBDB technology produces large quantities of 
process liquor containing tars and phenols, which are recovered; the remainder 
requires an elaborate effluent treatment. 


4.4.6.2 Moving-Bed (British Gas/Lurgi) Gasification Process 

The British Gas/Furgi (BGF) slagging gasifier was originally developed on the 
basis of the Furgi FBDB gasifier. Farge-scale demonstration units were converted 
from a FBDB town gas plant in Westfield, Scotland. The initial goal was to 
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Fig. 4.58 British Gas/Lurgi moving bed gasifier [187] 


produce SNG from coal. However, in the later years of demonstration, the focus 
shifted to IGCC applications. A schematic is shown in Fig. 4.58. 

The BGL gasifier in principle has the same design configuration in the top part of 
the reactor as the FBDB gasifier. When many bituminous coals are heated, they 
soften and form a plastic mass that swells and resolidifies into a porous solid. Coals 
that exhibit such behaviour are called “caking coals”. The original BGL slagger was 
developed for U.K. and U.S. “caking coals,” which required the installation of a 
modified coal distributor and stirring device at the gasifier top [172]. For noncaking 
coals, it could be equipped with an annular internal gas outlet arrangement replacing 
the rotating coal distributor and stirrer. Most of the Lurgi FBDB gasifiers in oper¬ 
ation run with such an arrangement. The third configuration built was a modified top 
for the gasification for refuse-derived fuel (RDF). However, the bottom part of the 
reactor does not have a grate system for dry ash removal as does the FBDB. 

This function is effected by a system of tuyeres (water-cooled injection nozzles 
similar to a blast furnace but extruding deeper into the bed) located just above the 
level of the molten slag bath. These tuyeres are also capable of introducing 
additional fuels, such as pyrolysis products from the raw gas (dusty tar, heavy and 
light oils) and/or fines as dry pulverised fuel (PF) or as slurry. Moving-bed pro¬ 
cesses do not accept many fine particles fed to the top because this would lead to 
bed instabilities. The ash leaves the bottom part of the BGL reactor in a liquid 
form through a slag tap into a slag quench chamber, where it is quenched with 
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water, solidified, and extracted via a slag lock. The BGL slagger comes in two 
designs: one is fully refractory lined with a water-cooled double-shell arrange¬ 
ment, whereas the other has a bare metal top similar to the FBDB but with a 
refractory-lined bottom. 

Key drivers for the development were the following [144]: 

• Suitability for coals with low ash melting point 

• Improving cost effectiveness when using such coals 

• Solving the fine particle problem. 

For the first time, the BGL process was industrially applied in SVZ Schwarze 
Pumpe for the commercial gasification of waste in combination with coal. Various 
pelletised fuel combinations were run in a 3.6-m diameter reactor at 25 bars of 
pressure, containing 20-25 % brown and hard coal, up to 45 % RDF pellets, 10- 
40 % plastic waste, 5-15 % contaminated wood, and 10 % tar sludge pellets and 
other waste components. Because of the vitrified nature, the slag as such was 
nonleachable according to German standards [192]. 

The SVZ BGL gasifier (one unit) in combination with existing FBDB gasifiers 
and an entrained-flow Gas Kombinat Schwarze Pump (GSP, formerly GDR) 
gasifier for refuse oil and dusty tar provided syngas for methanol production. Purge 
and waste gases were routed to a combined gas turbine cycle to produce high- 
pressure steam and electrical power. The operation was stopped in the year 2007, 
and the BGL gasifier was dismantled and sold to India (Shriram). The FBDB and 
GSP gasifiers were scrapped. 

In summary, the steam consumption is substantially lower compared to the 
FBDB. Oxygen consumption is higher for reactive coals and equal to the FBDB 
for nonreactive coals. The pyrolysis products such as tars and phenols are reduced 
if not consumed by injection to the tuyeres. CH 4 is about two-thirds of the FBDB 
value due to a higher reaction end temperature; C„H m is also reduced. The gas 
contains small amounts of C0 2 but high CO concentrations, resulting in a low H 2 / 
CO ratio of about 0.5 v/v. The CO requires shift conversion depending on the 
required H 2 /CO ratio in the downstream synthesis process. This requires more 
additional steam compared to the FBDB process. 


4.4.6.3 Fluidised-bed Gasification Processes: High-temperature 
Winkler 

The Winkler process is closely linked to the gasification of solid fuels since its first 
application in the 1920s for producing fuels and syngas from coal. Crushed coal 
(<9 mm) is fed via variable-speed screw feeders into the bottom part of a so-called 
dense phase or stationary FB. In a stationary FB, the particle size and the fluidising 
velocity in the reactor are selected in such a way that the particles can move freely 
in the bed, but they are not entrained into the freeboard area above the FB. Steam 
and oxygen are fed to the reactor via nozzles located at various levels in the FB. 
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Fig. 4.59 Fluidised bed 
processes for high- 
temperature Winkler (HTW) 
and U-Gas [188] 
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The FB covers only approximately one-third of the reactor. It has a distinct 
surface from the freeboard area above. Secondary steam and oxygen are injected 
into the freeboard area to gasify unconverted carbon, tars and hydrocarbons. Ash is 
discharged at the bottom of the reactor. Smaller particles are entrained with the gas 
stream. Carbon conversion is limited by feedstock reactivity and by the continuous 
loss of carbon in the ash. 

A further development in the Winkler generator has been the high-temperature 
Winkler (HTW) process, operating at elevated pressure (up to 30 bar) and slightly 
increased temperature by adding limestone or dolomite to increase the ash-soft¬ 
ening temperature. The demonstration plant at Berrenrath (capacity of 600 tpd of 
dried lignite, operating pressure of 10 bar) was built and operated by Rheinbraun, 
producing syngas for the commercial production of methanol over a period of 
12 years between 1986 and 1997. A further plant was built in Oulu (Finland), 
gasifying what is essentially peat at a pressure of 13.5 bar to produce ammonia. A 
140 tpd pilot plant with a maximum thermal capacity of 36 MW was started up in 
1989 at Wesseling, operating at higher pressure (25 bar) with an airblown and 
oxygen-blown gasifier, to demonstrate the behaviour of different types of coal and 
to study IGCC applications [131]. 

Fluid beds can take a very wide variety of coal qualities: hard coals with ash 
contents up to 40 %, lignite with high salt, sulphur content >5, and 1 % chlorine 
were successfully tested. Figure 4.59 shows an outline of the FBs according to 
HTW (Uhde) and U-Gas (Gas Technology Institute, GTI). 

All three plants mentioned are no more in operation. The application of the 
HTW process was studied for a 300-MW e IGCC power plant (“Kombikraftwerk 
Braunkohle”), which was never built. The replacement of 26 fixed-bed gasifiers by 
Lurgi at Vresova (Czech Republic) via two HTW units, resulting in a 400-MW e 
IGCC, is under consideration. Also, the application of HTW technology for an 
IGCC with carbon capture is being studied by RWE in Germany [186]. 

HTW Biomass Gasification Process 

A BtM plant is under development at Hagfors in the province of Varmland in 
Sweden with a capacity of 100,000 tonnes/year of methanol. It will use forest 
residues based on Uhde’s HTW gasification. The plant is intended to start oper¬ 
ation at the end of 2013. 
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4.4.6.4 Circulating Fluid Bed (CFB) Coal Gasification Processes 

CFB systems operate at much higher superficial gas velocities (5-8 m/s). This 
results in much higher heat transfer and mass transfer between the gas and the 
particles due to their high differential velocities, resulting in a much reduced tar 
content in the raw gas. Due to the high gas velocity, the majority of the fluid bed 
material is entrained from the reactor top. A high-efficiency recycle cyclone is 
therefore an integrated part of the overall process. The entrained particles from the 
recycle cyclone are fed back to the bottom part of the fluid bed via a seal pot, thus 
increasing the carbon utilisation significantly. The CFB technology is less sensitive 
to particle size and form of the feed material, which favours it for the use of 
biomass 

CFB technology was originally developed by Lurgi for alumina calcinations 
and was later adapted for the combustion and gasification of solid fuels. The 
technology is today offered by Envirotherm. A competing CFB technology was 
developed by the Ahlstrom of Finland for CFB combustion and gasification; this is 
now owned by Foster Wheeler. 

In this section, CFB technologies that use oxygen for gasification and produce 
syngas suitable for methanol production are described. Air-blown gasification 
technologies are only mentioned briefly. 

Kellog Brown and Root (KBR) have developed a transport reactor system 
operating at gas velocities of 11-18 m/s to further increase throughput, mixing, 
and heat transfer. A demonstration plant (2-3 tpd coal throughput) was operated 
initially as combustor, then as air-blown gasifier and finally (for more than 7,000 h 
until 2007) in the oxygen gasification mode in Wilsonville, Alabama. The gasi¬ 
fication takes place at 900-1,000 °C and 11-18 bar pressure. Predominantly low- 
rank coals were used, resulting in carbon conversion rates of 95 %, with some 
results up to 98 %. According to various sources, economics favour the air-blown 
IGCC application. A 285-MW e demonstration plant is undergoing detailed engi¬ 
neering studies and will be built in Stanton, Florida. To increase the carbon 
conversion further and to produce a nonleachable, low-carbon agglomerated ash, 
two developments were undertaken (somewhat similarly to the BGL development) 
to create an agglomerated ash in the bottom part of the CFB reactor, while 
maintaining fluid bed conditions without slagging or softening of the particles 
above the agglomerating bottom part. 

The Kellog Rust Westinghouse (KRW) IGCC plant (rated at 100 MW e ), built 
near Reno, Nevada, did not achieve successful startup operation until 2002, 
according to the U.S. Department of Energy, mainly because of hot gas filtering 
difficulties. 

The U-Gas technology was developed by the GTI, applied for various com¬ 
mercial plants using gasification of coal or biomass with air or oxygen under low- 
and high-pressure conditions. The process is now licensed by Synthesis Energy 
Systems (see Fig. 4.59). Further developments have been made in Finland, using 
biomass, as discussed later. 
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Bharat Heavy Electricals (India) have developed an air-blown CFB gasifier 
(6.2 MW e , 168 tpd coal capacity), which is especially adapted to the high ash 
(approximately 42 % ash) coals of India. Operating ranges are pressure between 3 
and 10 bar, temperatures between 980 to 1,050 °C. A 125-MW e IGCC project is 
under development. 

Another air-blown CFB gasification process was developed especially for the 
high-moisture containing lignites (up to 60 % moisture) of Victoria in Australia. 
The initial development phase was under the State Electricity Commission of 
Victoria, later on taken over by HRE Limited (1989-1998). The process is called 
integrated drying gasification combined cycle (IDGCC). Hot pressurised gas 
(25 bar/900 °C) and particles leaving the recycle cyclone are used to pre-dry the 
wet coal in a liftpipe dryer. The dried lignite particles (5-10 % residual moisture) 
and the syngas are separated in another cyclone at approximately 250 °C. The 
syngas is cleaned and routed to the combustion chamber; the lignite is fed to the 
CFB gasifier. 


4.4.6.5 Circulating Fluid Bed Biomass Gasification 

Biomass is very diverse, depending on the nature of the biomass source (wood, 
wood waste, agricultural residues, waste, sludge, etc.). Each type of biomass needs 
a special pretreatment before it can be fed to a specific gasifier technology. Drying 
from >40 to <15 % moisture is costly. Crushing to grain sizes that are suitable for 
the specific gasification technology is in many cases complicated and costly as 
well [181]. EF reactors need especially fine material (<200 /im). So far, dry feed 
of very fine grained biomass (such as sawsdust) was only possible in combination 
with pulverised coal and only at approximately 20 % (Buggenum). These prob¬ 
lems can only be overcome if the biomass is converted into a “biosyncrude” using 
the Bioliq process [182, 189] or via torrefaction of the biomass. Both technologies 
are under development (see also Sect. 4.1.2). 

When using lumpy wood-type biomass or pellets in a fixed-bed gasifier, then 
the upflowing gases contain very high loadings of tar and hydrocarbons, making 
downstream tar-removing units difficult. Downdraft Fixbed reactors overcome that 
tar problem, but they are very much limited in capacity. Therefore, fluid bed 
systems offer the best process conditions for biomass gasification. In addition, the 
high reactivity of biomass and the typically low ash contents result in high carbon 
conversion rates, unlike when using coal as feedstock. 

However, tar conversion units are mandatory behind fluid bed gasifiers to 
achieve syngas quality. Also, the feeding of biomass against elevated pressure 
requires very specific lock hopper and/or screw feeding systems to achieve the 
necessary sealing against the environment, while securing adequate dosing 
performance. 

Foster Wheeler developed an air-blown CFB under pressure, which operates at 
20 bar with a capacity of 18 MWth for an IGCC application (Varnamo, Sweden). 
Their plant operated over 8,500 h, but it shut down due to lack of commercial 
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success in 1999. It is now being converted to operate with oxygen and steam to 
produce syngas for a biomass-to liquids plant. 

The Carbona process was originally developed by GTI in the United States (see 
Fig. 4.59), testing a wide variety of biomass and other feedstocks in a 20-MWth 
pilot plant at gasification pressures up to 30 bar. A commercial air-blown plant is 
operating at Skive, Denmark for power generation and district heating, using 
approximately 110 t/h of wood pellets. An oxygen-blown version of this tech¬ 
nology is being developed in cooperation with the GTI for biomass-to-liquid 
(Fischer-Tropsch) projects. 

Fast internal-circulating fluid bed (FICFB) technology was developed at the 
Vienna University of Technology in Austria. A plant with a capacity of 42 t/h of 
wood chips was built at Gussing, Austria. This plant uses an allothermal process, 
whereby the heat for the gasification is provided by the combustion of char in a 
separate CFB combustor and circulation of the hot sand bed material, the ash and 
residual char to the gasifier reactor, which is fluidised with steam. The predried 
biomass is fed to the gasifier and the raw syngas leaves the gasifier at approxi¬ 
mately 850 °C, is cleaned, and then is routed to a gas motor. Projects for the 
production of chemicals from the syngas by adding additional process steps are 
underway. 

In summary, because of the lower gasification temperatures and the carbon in 
the fly ash (and to a lesser degree, also in the bed ash), fluid beds have a lower cold 
gas efficiency than fixed-bed and entrained-flow gasifiers. Potential disposal 
problems with the ash because of the carbon content can be solved by postcom¬ 
bustion in separate boilers. Low melting components in the mineral matter of the 
coal (e.g. alkali minerals) can cause the formation of agglomerates and subsequent 
plugging of the fluid bed. The addition of sulphur absorbents such as limestone can 
reduce sulphur emissions effectively (up to 90 %), thus favouring the use of high- 
sulphur coals. In addition, fluid-bed systems can gasify a broad particle size dis¬ 
tribution and are therefore favoured for the gasification of biomass. 


4.4.6.6 Entrained-flow Gasification Processes: General Principles 

Entrained-flow gasification is applied for coal/water slurries (e.g. see the reactors 
in Figs. 4.65 and 4.66), for liquid hydrocarbon residues, and for dry coal dust 
(Figs. 4.63 and 4.64). The pressurised feedstock is fluidised and injected into a 
reaction chamber together with water steam and oxygen. Under extreme thermal 
conditions of flame temperatures >2,000 °C and equilibrium temperatures of 
1,200-1,600 °C, carbon reacts with water steam in an endothermic, so-called 
heterogeneous water steam reaction to a thermodynamic equilibrium of hydrogen, 
carbon monoxide and carbon dioxide. Pressure is usually in a range of 30-80 bar, 
depending on the design and downstream processes. Reaction heat necessary for 
the heterogeneous water-gas reaction is delivered by a POX of carbon with 
oxygen. Coupled in one reactor, the positive and negative heat duties of both the 
oxidation and water-gas reaction have to be balanced carefully to result in an 
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Fig. 4.60 Entrained-flow dry coal dust gasification system [194] 


autothermal reaction. Inorganic material contained in the fuel, such as ash in the 
coal, melts under these conditions to an inorganic glass-like material containing 
the slag builders alumina, calcium oxide and silicon oxide. Depending on the 
design, the slag may cover a water-cooled basket (cooling screen reactor; see 
Figs. 4.63 and 4.64) and protect it against the hot atmosphere, while the pressure 
vessel stays comparably cool at temperatures <280 °C. Other designs make use of 
the heat in radiation coolers to generate high-pressure steam but carefully treat the 
slag. For fuel with a low content of slag builders, a refractory-lined reaction 
chamber is used. 

For water quench systems, as shown in Fig. 4.60, the hot stream from the 
reactor is cooled down with a spray of water. In this process, additional hydrogen 
is formed from a homogenous WGS equilibrium. Further, the molten slag solid¬ 
ifies and can be taken out as granulate via a lock hopper system. Gas leaves the 
quencher downstream via some dust removal and condensation units to further 
reduce the dust content of the gas. Quench water containing soot, slag particles, 
and some soluble salts is brought into a filtration and treatment section and 
recycled. 

Figure 4.61 shows the impressive dimensions of a GSP gasifier with a capacity 
of 500 MWth in the workshop. The reactor is 80 m long and has a total weight of 
220 t [194]. 

Figure 4.62 shows the overall arrangement of the five GSP gasifiers, which 
produce the raw syngas for the downstream Rectisol gas cleaning plant, followed 
by the methanol-to-propylene process (see Sect. 6.4.3 and Figs. 6.84 and 6.85). 
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Fig. 4.61 A 500 MWth GSP gasification reactor 



Fig. 4.62 Entrained-flow (EF) gasification plant with 5 x 500 MWth GSP EF gasifiers. 
(Shenhua Ningxia Coal Group) [194] 


4.4.6.7 Dry-feed Entrained-flow Gasification Processes 

EF gasifiers can take solid, liquid and gaseous fuels. They operate at temperatures 
well above ash melting points, have a very high carbon conversion and produce a 
syngas free of tar and phenols. For these reasons, they are regarded as the most 
flexible gasification systems. EF gasifiers typically operate under pressure of 
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20-80 bar, with the majority at approximately 25 bar, and in a temperature range 
between 1,200 and 1,600 °C [131]. 

In comparison to moving bed gasifiers, their steam consumption can be much 
lower (by a factor of 10-18 depending on the type of coal). It must be recognised, 
however, that typically additional steam (more than for FBDB) has to be added to 
the syngas from the EF gasifiers before entering the shift stage to adjust the H 2 /CO 
ratio for the downstream synthesis. This can at least partly compensate the higher 
steam consumption of the FDBD technology (see above). However, a drawback is 
the significantly higher oxygen consumption of the EF technologies because of the 
operation in the ash fluid temperature ranges. (Typically FB gasifiers need only 
approximately 30-50 % of the 0 2 consumption of an EF gasifier.) 

Coal needs to be very fine (<1 mm). The degree of fineness and the particle size 
distribution depend strongly on the type of coal its ash content, and the mineral 
composition of the ash. Fluxes such as limestone can be added to reduce the ash 
melting temperature. Technically, the maximum ash content accepted by EF sys¬ 
tems is around 40 %; however, there is an economical limit at approximately 20 % 
ash because the 0 2 consumption for the melting of the ash becomes prohibitive. 
The fine coal can be brought into the reactor as dry feed (using steam or C0 2 as a 
transport medium for the dense phase flow) or pumped in via a coal slurry. 
Reactor configurations differ according to the entry point of the fuel: 

1. Top-fired gasifiers show a gas flow vertically from the top to the bottom of the 
reactor, together with the molten slag. 

2. The gasifier may be horizontally fired from the side, resulting in an upward flow 
of the raw gas, while the slag particles flow downwards along the reactor walls. 
Some designs, based on slurry feed, use raw gas recycling to increase the 
retention time of the particles. 

The very high reaction temperatures (1,200-1,600 °C) require expensive 
materials for the burners, the refractory or membrane wall and the downstream 
syngas coolers. The major existing EF processes are described in the following 
sections, and an outline on potential future dry EF processes is given. 

Siemens GSP EF Process 

The Gaskombinat Schwarze Pumpe (GSP) process was originally developed by 
Deutsches Brennstoff Institut in Freiberg, Germany and was first employed on the 
industrial scale in 1984. The gasifier had a thermal capacity of 200 MWth. The 
technology was bought by the Noell Group and subsequently by Babkock Borsig, 
Future Energy, and finally by Siemens AG Power Generation in 2006. 

The Siemens GSP process is a downflow (feed and agent in same direction as 
the GE/Texaco technology), high-temperature, entrained-flow gasifier technology. 
The GSP technology is characterised by its proprietary cooling screen in the 
reactor (see Fig. 4.63). The cooling screen provides a relatively simple design and 
construction, enabling very short startup and shutdown sequences; as such, it is a 
significant improvement over the refractory-lined reactors offered by competing 
technologies. The lifetime of the screen is claimed to be about 10 years, compared 
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Fig. 4.63 The Siemens GSP process [132] 


to 1-2 years for refractory-lined systems. For low-ash applications, the reactor can 
also be offered with refractory. 

A layer of solidified and molten ash is formed on the cooling screen, providing 
thermal insulation and keeping the tube surface of the cooling screen at temper¬ 
atures below 230 °C. To secure the ash layer on the wall, coals must have ash 
contents of at least 5 %, or else the addition of flux material or recycled fly ash is 
necessary. Approximately 2-3 % of the total heat produced is removed by the 
cooling screen and generates low-pressure steam. 

The raw gas leaves the gasification chamber at the bottom of the cooling screen 
and is quenched with water sprays. The process water in the raw gas, condensed 
during further cooling, is recycled to the quench sprays. The water from the 
quench camber is cleaned of heavy metals, sulphur, and nitrogen components, 
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which are dissolved during the quench process. The molten slag is solidified, 
extracted from the reactor in a granulated form. A variety of coals have been 
tested, resulting essentially in the following parameters: 

• Ash content should be below 15 %; if coals have higher ash contents, they 
should be blended with other low ash fuels (e.g. petroleum coke). 

• Gasifier operating temperature should be adjusted to 100-200 °C above the 
melting point of the ash. 

• Coals with very high ash melting points (>1,500 °C) should be blended with 
fluxes such as limestone. 

• Low-reactivity coals (e.g. anthracite or petroleum coke) will be ground to 
smaller particle sizes, compared to higher reactivity coals. 

Shell EF Process 

The origin of the Shell EF process goes back to the Koppers-Totzek process. Shell 
and Koppers jointly developed the pressurised reactor technology and built a 
demonstration plant (150 t/h coal feed) at Harburg, Germany in 1978. Later on, 
Shell and Koppers separated their developments because Koppers was more 
interested in a better syngas, whereas Shell was more interested in the downstream 
production of Fischer-Tropsch products based on coal. 

The Shell coal gasification process is a high-temperature entrained-flow pro¬ 
cess. The configuration of the gasifier is a bottom-up flow principle (see Fig. 4.64). 
The gasifier is fed with a dry, pulverised coal. The coal is very fine, with typically 



Fig. 4.64 Shell gasification reactor [195] 
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90 % being <90 fim. It is pressurised in lock hoppers, transported as a dense phase 
using nitrogen or C0 2 and injected as a mixture of coal, oxygen and steam. The 
burners and feed systems are located at the bottom of a gasification chamber 
enclosed by a nonrefractory membrane wall. The reaction is very fast, yielding a 
carbon conversion that is greater than 99 % within a residence time between 0.5 
and 4 s. The raw gas flows upwards to the gas outlet. It contains approximately 
66 % CO, 33 % H 2 and 1-2.5 % C0 2 and is free of any tar and phenols. Evap¬ 
orating water circulates through the membrane wall tubes, controlling the mem¬ 
brane wall temperature and raising steam. The gasifier operates typically at 20- 
40 bar and temperatures of 1,500 °C and above. A gas quench via recycled raw 
syngas is used to reduce the raw synthesis gas to approximately 900 °C prior to a 
high temperature waste heat recovery boiler. Shell has recently introduced a water 
quench as an alternative to the syngas cooler, which has advantages, especially in 
cases where a CO shift is needed to trim the syngas composition for the down¬ 
stream chemical production. 

The process can gasify almost any coal that can be milled and pneumatically 
transported. However, certain adjustments regarding grain size, steam injection, 
oxygen-to-coal ratio must be made to secure optimum operation. Ash contents less 
than 8 % require ash recirculation to avoid reduction of the liquid slag layer, which 
would cause to high heat losses through the membrane wall, resulting in a reduced 
thermal efficiency. Ash contents greater than 15 % increase the operating cost 
(essentially causing higher oxygen consumption). Technically, the system can 
process coals with up to 40 % ash content, but obviously at a very much increased 
operating cost. 

Shell has licensed more than 50 reactors of sizes between 900 and 4,000 tpd 
capacity, with more than half of them operating in China. The plants produce 
syngas for ammonia/urea production or H 2 for other chemical plants (methanol, 
oxo-synthesis). 

Koppers-Totzek EF Process 

This process was developed and used by Koppers from 1941 on, using oxygen 
gasification at atmospheric pressure. A total of 77 reactors were built through 
1988. 

Prenfo EF Process 

Prenflo (pressurised EF) is the continued development of the atmospheric pressure 
operated Koppers-Totzek process. Because the Prenflo and the Shell process 
resulted from a joint development in the Harburg gasification plant, they are to a 
great extent similar. This gasifier structure is different from the Shell design 
because it incorporates both the gasifier and the syngas cooler in the same pressure 
vessel, which is refractory lined. Coal, oxygen and steam are fed through four 
horizontal burners in the lower part of the reactor. 

The gasification temperature is approximately 1,600 °C. The gas flows 
upwards, is quenched by recycled gas to approximately 800 °C, flows downwards 
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through evaporator sections, leaves the gasifier at approximately 380 °C, and is 
thereafter dedusted and cleaned. 

A Prenflo pilot plant (48 tpd) was successfully operated in Fiirstenhausen 
(Germany) with a variety of coal with ash contents up to 40 % as well as low- 
volatile coals to demonstrate the flexibility of the process [190]. The Puertollano 
IGCC plant in Spain is so far the only commercial plant that uses the Prenflo 
process. However, with a capacity of 320 MW e , it is one of the largest gasification 
units using solid fuel. 

EF Gasification Process Developed in Japan 

Mitsubishi Heavy Industries EE Process 

This technology was initially developed by Mitsubishi Heavy Industries (MHI) 
and Clean Coal Power (CCP) research and development. It was demonstrated in a 
200 tpd pressurised pilot plant in Nakoso in Japan using enriched air as an oxidant, 
but pure oxygen also can be used. The reactor is divided in two sections. Coal and 
enriched air are introduced into the bottom section from the side. The coal is burnt 
under combustion conditions. The hot flue gas flows upwards into the upper 
reactor (reductor) section, where additional fine coal is added to generate the 
reducing atmosphere for gasification. A follow-up project is the 250-MW IGCC 
demonstration plant, also at Nakosa, which started operation in 2007. Another 
project is under development in Australia (ZeroGen Project), which will be ready 
for startup in 2015. 

EAGLE (Hitachi) EF Process 

This technology is under development by the Electric Power Development 
Company in Japan. A 150 tpd oxygen-blown, pressurised pilot plant with an IGCC 
concept started up in 2002 [183]. The process also has a two-stage reactor. The 
first stage operates in oxygen-rich mode, with temperatures around 1,600 °C. The 
second stage is oxygen lean, using coal and recycled gas to reduce the temperature 
to approximately 1,150 °C. Tangential firing prolongs the residence time. Sub¬ 
stantial test work has been performed since then under the Department of the New 
Energy and Industrial Technology Development Organization clean coal strategy 
programme in Japan. 

EE Technologies Developed in China 

Initially, gasification technology was imported to China (essentially Lurgi FBDB and 
Texaco). These technologies were further developed in China (see Fig. 4.65). Special 
developments, based on entrained-flow process principles, have been made by the 
Institute of Clean Coal Technology) at the East China University of Science and 
Technology in Shanghai. One process uses OMBs fed by coal/water slurry in a 
downflow reactor, operating at 65 bar. The first industrial plant was started up in 2004 
(750 tpd) and was followed by two more units (1,150 tpd) coal feed in Yankuang in 
2005. More than 15 units have been put into operation/development since 2005. 
Further developments include dry feeding and a membrane wall reactor design. 
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Fig. 4.65 GE/Texaco entrained-flow gasifier [195] 


4.4.6.8 Slurry Feed EF Gasification Processes 
General Electric/Texaco Entrained-flow Gasification 

The General Electric (GE) Texaco process is a high-temperature entrained-flow 
process (see Fig. 4.65). There are two characteristic features of the process: The 
gasifier is a pressure vessel with a refractory lining, which operates at temperatures 
in the range of 1,250-1,450 °C and pressure of 30 bar for power generation, up to 
60-80 bar for H 2 and chemical synthesis [184]. It has a topdown configuration and 
the feed is in slurry form. The feedstocks, oxygen and steam are introduced 
through burners at the top of the gasifier. The water content in the coal/water slurry 
replaces most of the steam, which is otherwise injected into the system. Although 
this makes the feeding system appear somewhat simpler in comparison to dry-feed 
systems, the operating cost impact of additional oxygen significantly outweighs the 
benefit of the feed system in many instances. The raw gas can be cleaned and 
cooled either by water quench or by a radiant syngas cooler (1,400-700 °C). The 
technically preferred option is the water quench for availability and reliability 
reasons, such as corrosion and fouling of the syngas cooler, despite the somewhat 
lower thermal efficiency. 
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Fig. 4.66 Summary of entrained-flow processes [188] 


A power plant using Texaco technology is operated in China for the production 
of power and town gas. Several projects for combined IGCC and chemical/fuel 
production are under consideration or development in the United States [131]. 

The Texaco technology is used for a variety of chemical plants in China. 
Approximately 25 chemical plants have been in operation since 1993. Eastman 
Chemicals operates two Texaco quench gasifiers in Kingsport, Tennessee, at 70 bar 
and 1,400 °C (one is in operation, one is in hot standby), using high-sulphur coal 
and petroleum coke as fuel to produce acetic acid and acetic anhydride. Part of the 
syngas is further processed to separate CO and H 2 prior to a methanol synthesis. 

E-Gas EF Gasifier (Conoco Phillips) 

This gasifier is a two-stage refractory-lined pressure shell (30 bar) (see Fig. 4.66). 
The coal slurry is preheated and introduced into the reactor in horizontally 
arranged burners at two levels. Approximately 80 % of the coal is introduced 
together with oxygen at the lower level, with the remaining 20 % at the upper 
level. The gasification temperature at the lower level is approximately 1,350- 
1,400 °C, falling to approximately 1,050 °C at the exit of the reactor head. The 
raw gas is cooled in a fire tube syngas cooler generating saturated steam. The 
advantage of the two-stage system is a HHV of the gas. According to Ref. [131], 
the fire tube cooler is considerably cheaper in comparison to other syngas coolers 
(Shell, Texaco and Prenflo). 

The only plant in operation is the Wabash River plant in the United States. 
Three more projects are in the development, planning, or front-end engineering 
design phase in the United States. Startup is foreseen in 2012 or 2013. 

Figure 4.66 shows a summary of EF processes that have been developed and 
commercialised in recent years. Clearly, there is an increasing number of EF 
processes from China, due to China’s strong development towards coal-based 
chemical and fuel production technologies. 
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4.4.6.9 Evaluation and Decision Criteria for the Selection of the Best- 
suited Gasification Process for Methanol Production 

Fixed-Bed Processes 

As outlined above, the type, quality and the price of the coal have the most 
important influence on the selection of the gasification technology, as shown in 
Fig. 4.54 and in Chap. 7. The FB processes have their special advantage of being 
able to gasify coal with very high ash content (>25 % ash), and high fusion 
temperatures (>1,200 °C). These coals are typically run-of-mine coals or waste 
coals and therefore are inexpensive. The cost of coal preparation is comparatively 
low. The mechanical design is robust, and oxygen consumption is up to 60 % less 
compared to EF gasifiers. However, the steam consumption can be substantially 
(up to 3-4 times) higher than EF gasifiers, depending on the fusion temperature of 
the coal. Challenges include more complex gas cleaning, tar and phenol treatment, 
and the scaleup of reactor dimensions. The use of biomass as fuel is limited. 

EF Processes 

Important advantages of the EF processes are that several commercial designs are 
available, the gasifier has no moving parts and is simpler in geometry than fluid bed 
and FB processes, and it has the highest capacity per unit of volume. Large-scale 
units (up to 500 MWth) are in operation and scale up to 1,000 MWth per gasifier 
seams feasible, thus reducing the investments for future large-scale chemical 
complexes. Nearly every type of coal can be used, as long as it can be dried and 
milled to the necessary grain size. Ash contents up to 45 % have been tested in pilot 
operation [194], although at the expense of very high coal preparation and oxygen 
costs, which puts the economic limit at about 20-25 % ash. The EF processes 
produce a syngas free of tar and phenols, and the slag is very low in carbon, is 
virtually inert, and is therefore easy to dispose or is suitable for further use. Biomass 
can be used; it requires preparation, such as via pyrolysis or torrefaction, but it 
offers a longer time potential to switch from fossil to renewable feedstock. 

Against these advantages, there are essentially the following challenges or 
limitations. The very small inventory and the very short retention time for the 
gasification reaction require advanced and sophisticated controls to ensure a safe 
and reliable operation. The very high temperatures necessitate high-quality and 
therefore expensive construction materials. Burners and heat recovery sections are 
critical design areas because of molten slag and the oxygen consumption is high in 
comparison to other gasification technologies. 

Fluid-bed Processes 

Regarding ash content and fusion temperature, similar limitations exist as for the 
EF processes. Operating under higher pressures is more difficult, carbon conver¬ 
sion is lower for coal gasification, the syngas also needs more complex gas 
cleaning because of tars and phenols, and scaleup is limited. Fluid-bed processes 
are well positioned for the gasification of biomass to methanol. The plant sizes are 
smaller, biomass preparation is simple and no pyrolysis or torrefaction necessary. 
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Conclusion 

Taking into account the above-mentioned aspects, the most likely process for 
future methanol production from coal are the EF processes. Tables 4.16, 4.17, 4.18 
and 4.19 summarise the essential facts to compare the gasification processes. 


Table 4.16 Summary of gasification systems 


Preferred feed coal 
characteristics 

Fixed bed 

Fluidised bed 

Entrained flow 

Particle size 

6-50 mm 

<6 mm 

<0.1 mm 

Preparation 

Screening 

Crushing 

Milling and drying 

Caking/swelling 

Yes (with modifications) 

Noncaking 

Any 

Ash melting temperature 

>1,200 °C 

>1,100 °C 

<1,300 °C 

Ash removed as 

Ash 

Ash and fly ash 

Slag and fly slag 

Rank 

Low to high 

Low to high 

Low to high 

Ash content 

<50 % (ash + moisture) 

No limitation 

<25 % 


Table 4.17 Characterisation of gasification technologies and operating principles 


Typical operating 
characteristics 

Fixed bed (FBDB) 

Fluidised bed 
(HTW) 

Entrained flow 

Gasifier offtake 

400-600 °C 

900-1,100 °C 

1,200-1,900 °C 

temperature 

Oxidant requirement, 

0.3-0.5 

0.5-0.7 

0.9-1.1 

kg 0 2 /kg moisture- and ash¬ 
free coal (maf) 

H 2 /CO ratio 

1.5-2.5 

0.9 

0.4-0.5 

Steam consumption split 

Gasifier CO shift 

Gasifier CO shift 

Gasifier CO shift 


high zero- 

low 

low high 

zero- high 

low 

Methane content 

9-12 

2-3 

<0.1 

in raw gas % 

Carbon conversion % 

96-98 

90-95 

>99.5 

Cold gas efficiency % 

85-90 

63-80 

77-82 

Fuel retention time 

1 h (large 
inventory) 

Minutes 

Seconds 


Table 4.18 Key distinguishing characteristics 




Fixed bed 

Fluidised bed 

Entrained flow 

Key distinguishing 

Hydrocarbon liquids in the raw 

Large char 

Large amount of 

characteristics 

gas 

recycle 

(carbon 

content) 

sensible heat in 
the hot raw gas 

Key technical issues 

Utilisation of hydrocarbons 

Carbon 

conversion 

Raw gas cooling 

Experience in synthetic 
natural gas (SNG) 
Production 

Gasification/saleable byproduct 
Dakota Gasification Company 
started up in 1984 at 

160,000 Nm 3 /h SNG 

Combustion 

Steam production 
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Table 4.19 Summary comparison of gasification processes for methanol production 


Gasification process 

Fixed bed 

Entrained flow 

Fluidised bed 

Gas composition for synthetic natural gas 

++ 

- 

n.a. 

Operation pressure 

+ 

++ 

Limited 

Gas composition for methanol 

+ 

++ 

Biomass only 

Production efficiency 

++ 

++ 


Capital expenditure 

+ 

++ 


Operational expenditure 

+ 

+ 


Coal: high ash (>25 %) high fusion 

++ 

- 

+ 

temperature (>1,200 °C) 

Coal: low ash (<20 %) low fusion 

- 

++ 

+ 

temperature (<1,000 °C) 

Coal preparation cost 

++ 



Biomass as feed 

- 

++ a 

++ 

Scale-up potential 

+ 

++ 

Limited 


a Biomass can be fed after preparation as slurry (after pyrolysis) or as coke (after torrefaction) 


4.4.7 Raw Syngas from Different Gasifier Technologies: 

Quench and Particulates Removal 

Different gasification processes and different fuels result in different raw syngas 
compositions. Further cleaning and conditioning can be done by different process 
steps, as will be further outlined here. Figure 4.67 shows as an example a sim¬ 
plified scheme of the Shell EF process, where the raw gas from the gasifier is first 
cooled in a syngas cooler. A dry ash removal step and a subsequent water wash are 



Fig. 4.67 Simplified Shell process scheme (including dry ash removal and water wash) [195] 









































Table 4.20 Range of syngas compositions across different gasifier types, and feedstock produced by the gasification of Coal feedstock [206] 
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Table 4.21 Key parameters of syngas for the production of methanol and other fuels [196] 


Product 

Synthetic fuels 
Fischer- 
Tropsch 
gasoline 

Methanol 

Hydrogen 

Fuel gas 
Boiler 

Turbine 

h 2 /co 

0.6 a 

-2.0 

High 

Unimportant 

Unimportant 

co 2 

Low 

Low c 

Not important 11 

Not critical 

Not critical 

Hydrocarbons 

Low d 

Low d 

Low d 

High 

High 

n 2 

Low 

Low 

Low 

Note 6 

Note 6 

h 2 o 

Low 

Low 

High f 

Low 

Not g 

Contaminants 

<1 ppm 
sulphur, 
low 

particulates 

<1 ppm 
sulphur, 
low 

particulates 

<1 ppm 
sulphur, 
low 

particulates 

Note k 

Low 

particulates, 
low metals 

Heating value 

Unimportant 11 

Unimportant 11 

Unimportant 11 

High' 

High 1 

Pressure, bar 

-20-30 

-50 (liquid 
phase) 

-140 

(vapour 

phase) 

-28 

Low 

-400 

Temperature, 

°C 

200-300 j 300- 
400 

100-200 

100-200 

250 

500-600 


a Depends on catalyst type. For iron catalyst, the value shown is satisfactory; for cobalt catalyst, a 
value of approximately 2.0 should be used 

b Water-gas shift will have to be used to convert CO to H 2 ; C0 2 in syngas can be removed at 
same time as C0 2 generated by the water-gas shift reaction 

c Some C0 2 can be tolerated if the H 2 /CO ratio is greater than 2.0 (as can occur with steam 
reforming of natural gas); if excess H 2 is available, the C0 2 will be converted to methanol 
d Methane and heavier hydrocarbons need to be recycled for conversion to syngas and represent 
system inefficiency 

e N 2 lowers the heating value, but the level is unimportant as long as syngas can be burned with a 
stable flame 

f Water is required for the water shift reaction 

g Can tolerate relatively high water levels; steam is sometimes added to moderate combustion 
temperature to control NO x 

h As long as H 2 /CO and impurities levels are met, heating value is not critical 
Efficiency improves as heating value increases 

J Depends on catalyst type; iron catalysts typically operate at higher temperatures than cobalt 
catalysts 

k Small amounts of contaminants can be tolerated 

used to remove essentially all particulate matter, before the coal gas is routed to 
the gas treating section. 

Table 4.20 outlines the raw syngas compositions for the variety of gasification 
processes described previously. Before the conditioning and treatment via further 
process steps, as will be outlined in the following chapters, the raw gas from the 
gasification processes has to be cooled and cleaned from particulates, before being 
fed to further processing to a suitable methanol synthesis gas. As described 
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previously, this can be done in a dry fly ash removal step, as shown in Fig. 4.67. 
Thereafter, the remaining particles are finally removed via a water wash. As an 
alternative to a syngas cooler, the hot raw gas is directly quenched with water at 
the exit of the gasifier to cool it and clean it from particulate matter before entering 
the syngas conditioning section. 

Table 4.20 outlines a range of raw gas compositions across different gasifica¬ 
tion processes, as described previously. In addition, Table 4.21 describes addi¬ 
tional requirements for syngas for the different downstream processes, including 
methanol production. 


4.4.8 Conditioning and Purification of Crude Synthesis Gas 
after Gasification 

4.4.8.1 General 

The raw gas from the gasification stage will have to be adjusted for its composition for 
further processing (e.g. methanol synthesis). To protect the downstream processing 
steps, the raw gas needs to be further treated to remove fine particulates and con¬ 
taminants such as sulphur, arsenic, mercury and other traces. This includes conver¬ 
sion of COS, which often is formed in the gasification process. COS is converted to 
H 2 S, which can then be totally removed in the acid gas scrubbers (see Sects. 4.4.8.6 
and 4.4.9). 

Usually, the raw gas from the gasifier is quenched and treated in filters/cyclones 
and a water scrubber. The scrubbed gas is then further treated in several catalytic, 
adsorption and finally acid scrubbing to meet the requirements of methanol syn¬ 
thesis feedstock. 

The core parts include the following: 

• WGS reactors, which in the case of methanol synthesis are normally operated 
with a partial stream to adjust the desired H 2 /CO ratio in the combined stream 

• COS hydrolysis and other fine-cleaning steps, depending on the case 

• Sulphur and C0 2 recovery (see Sect. 4.4.9). 


4.4.8.2 Adjustment of CO/H 2 Stochiometry for Methanol Synthesis 

The various reactions of carbon and hydrocarbons with water and oxygen to form a 
mixture of hydrogen and CO (“water gas”) lead to very different H 2 /CO ratios. 
All are endothermic reactions with the exception of methane oxidation. Due to the 
low H/C ratios of gasifier feed stocks such as coal and crude residues, product 
gases are hydrogen deficient with H 2 /CO molar ratios far below 2 although a 
stoichiometric number SN of slightly above 2 is needed for the methanol synthesis 
(see Fig. 4.68 and equation 4.38 in Sect. 4.3. 2.4). 
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Fig. 4.68 H 2 /CO ratios from different syngas-generating processes 
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Fig. 4.69 Free enthalpy of the water-gas shift reaction 



Although POX and steam reforming of hydrogen-rich hydrocarbons (e.g. 
methane) generate H 2 /CO ratios of 2 or more, hydrogen-deficient raw gases from 
heavy feedstock gasification have to be converted (after conditioning to protect the 
conversion catalyst) into a hydrogen-richer gas. The WGS reaction of CO with 
water should be carried out in a split stream to achieve the desired hydrogen 
concentration in the combined feed gas to the methanol synthesis. The split 
depends on raw gas composition and conversion rates in the WGS reactor. 

The principal reaction is as follows: 

H 2 0 + CO <=* C0 2 + H 2 (AH° = —41.2kJ/mol) 

The reaction is almost pressure independent, slightly exothermic and reversible. 
Higher temperatures thermodynamically lead to lower H 2 /CO ratios, as can be 
seen from the temperature curve of the free enthalpy (Fig. 4.69) and the equilib¬ 
rium constant (Fig. 4.70) [207]. 
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Temperature (K) 


Fig. 4.70 Equilibrium constant of the water-gas shift reaction 



700 


Equilibrium conversion of the water gas shift reaction at various pmo/pco and 
T for p total = 1 bar (p co =0.1, p H20 = 0.05 ... 0.4 bar, balance nitrogen). 
Calculation using Aspen 2006.3 with equilibrium constants from Laine et al. 


Fig. 4.71 Equilibrium conversion of the water-gas shift reaction as a function of H 2 0/CO ratio 
and temperature [209] 
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Table 4.22 Redox and formate mechanisms of the water-gas shift reaction 
Redox mechanism Formate mechanism 


CO + 0 CO* 

h 2 o + e h 2 o* 
h 2 o* + e h* + OH* 
oh* + e o* + H* 

OH* + OH* H 2 0* + O* 

co* + o* ^ co 2 * + e 
co 2 * ?± co 2 + e 

H* + H* H 2 + 29 


CO + 0 CO* 

H 2 0 + 6 H 2 0* 

H 2 0* + 9 H* + OH* 

CO* + OH* COOH* + 6 
COOH* + 6 C0 2 * + H* 

COOH* + OH* C0 2 * + H 2 0* 
C0 2 * C0 2 + 6 

H* + H* ^ H 2 + 29 



Fig. 4.72 Reaction mechanism of water-gas shift reaction (minimum energy path in green as 
eV), according to Brenna [210] 


To calculate the equilibrium constant, according to Choi and Stenger, the fol¬ 
lowing equation applies [208]: 


^eq = exp 


(^- 4.33 


The strong temperature dependence means that the equilibrium content of CO 
changes by a factor of 20 in a temperature range of 200-400 °C and by a factor of 
80 in the range of 200-600 °C. Figure 4.71 shows the equilibrium CO conversions 
as a function of temperature and steam-to-CO ratio [209]. 

The mechanism of the WGS reaction is widely discussed in literature based on 
two prevailing basic models, the redox mechanism and the formate mechanism 
(see Table 4.22). 

The minimum energy path (given as eV) is shown in Fig. 4.72. 
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4.4.8.3 Application of Water-Gas Shift in the Methanol Process 
Scheme 

To achieve the desired product H 2 /CO ratio, the raw gas from gasifiers is quenched 
and scrubbed with water. The scrubbed raw gas is characterised by high amounts of 
sour gases (H 2 S and C0 2 ) as well as contaminants such as metal carbonyls, mer¬ 
cury, arsenic, cyanides, COS, halogens and heavy metals species, which need to be 
removed for further processing. They would finally poison the shift conversion and 
methanol synthesis catalysts and might also damage downstream equipment. 

To adjust the required stoichiometric ratio of H 2 /CO for methanol synthesis and 
to protect the methanol synthesis catalyst, various process schemes provide a 
combination of WGS and purification of the synthesis gas in different sequences 
and by means of a combination of catalytic, absorptive and scrubbing steps. 

In the WGS stage, CO and water react to hydrogen and C0 2 . The CO con¬ 
version will approach close to equilibrium and be lower than desired for a 
methanol synthesis gas. For example, the CO contents in the product gas of a high 
temperature shift (HTS) reactor at equilibrium are shown in Fig. 4.73 on the basis 
of a POX of fuel oil [211]. 

Therefore, the shift reactors will usually be operated as a split stream because 
the shift conversion will “overshoot” the desired H 2 /CO molar ratio of 2. This 
allows smaller reactors for the WGS with corresponding investment and opera¬ 
tional cost savings to achieve the desired molar ratio in the combined stream. 

Two main schemes are used to integrate WGS conversion and purification of 
the synthesis gas in the syngas stream from the gasifier (see Fig. 4.74): 


Fig. 4.73 Equilibrium CO 
concentrations in a high 
temperature shift reactor at 
various steam to gas ratios 
based on partial oxidation of 
fuel oil [211] 




Fig. 4.74 Shift conversion options 
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• After raw gas filtering/water scrubbing and desulphurisation of the raw gas over 
conventional shift catalysts followed by C0 2 scrubbing (“sweet CO shift”) 

• In the presence of the “sour gas” (C0 2 and H 2 S) conversion over a sulphur- 
tolerant shift catalyst followed by H 2 S + C0 2 scrubbing (“sour CO shift”) 


4.4.8.4 Sweet CO Shift 

The feed to the sweet gas shift system needs to be first desulphurised to levels that 
are tolerable for a HTS stage. The desulphurisation scrubber requires cooling of 
the gasifier raw gas from the water quench of the gasifier. After removing the 
condensate, the gas then enters a single-stage H 2 S scrubber (e.g. a Selexol 
scrubber; see Sect. 4.4.9) and is afterwards reheated for shift conversion. After 
steam injection to adjust the required steam/CO ratio, the desulphurised gas enters 
the HTS reactor to achieve the desired H 2 /CO ratio in the product gas. A sufficient 
S/C is necessary to avoid side reactions, such as coking or methanation. Depending 
on desired CO conversion, a single HTS reactor or a two-reactor system with 
intercooling is used. 

WGS reactor designs for maximum hydrogen output, such as for ammonia 
plants, consist of a subsequent LTS stage for almost complete CO conversion. The 
LTS stage uses copper-zinc based catalysts, which are extremely sensitive to 
irreversible sulphur poisoning and require deep desulphurisation upstream from 
the HTS reactors. 

The shift reaction over an iron-based catalyst operates in a 300-500 °C tem¬ 
perature range. Depending on feed gas composition typical conditions are a molar 
steam to carbon ratio at about 1-2, a space velocity of 2,000-4,000 Vol/Vol h (on 
a dry gas basis) and inlet temperatures of 340-380 °C. 

In the case of partial CO conversion to produce a methanol synthesis gas, a HTS 
stage with iron-based catalyst is usually sufficient. The higher sulphur tolerance of 
the iron catalyst allows saving on a deep desulphurisation of the feed gas. The 
iron-based catalysts are fairly stable to entrained sulphur and undergo the 
reversible reaction with an equilibrium constant of Kp = Ph 2 Ph 2 s/Ph 20 
range of 3 to 45 x 1(T 10 at 300-450 °C [211], 

Fe 3 0 4 + 3H 2 S + H 2 = 3FeS + 4H 2 0 (AH = -75.0 kJ/mol) 

Feed gas sulphur contents can be even some 100 ppm. The sulphur will mostly 
slip through the HTS stage. Presence of sulphur, however, reduces the activity of 
the HTS catalyst, so the extra volume of catalyst has to be taken into account in the 
reactor design for compensation. These catalysts will not hydrolyse COS in the 
feed gas. This may require an extra COS hydrolysis step downstream of the HTS 
system. 

The temperature dependence of the HTS reaction of CO is illustrated in 
Fig 4.75 [211]. From the WGS equilibrium, there should be no influence of 
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Fig. 4.75 High temperature 
shift reaction rate as a 
function of temperature 
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pressure, but in practice a slight dependence is observed from pore diffusion effects 
(see Fig. 4.76) [211]. 

Commercial HTS catalysts typically consist of >80 wt% Fe 2 0 3 promoted with 
8-10 wt% Cr 2 0 3 for stabilisation and a small amount of copper for activation and 
selectivity enhancement. The addition of approximately 2 % copper allows lower 
overall steam-to-gas ratios in the feed gas, thus saving steam costs without 
negative effects from iron carbide formation and higher hydrocarbon byproduct 
formation through methanation and Fischer-Tropsch-type side reactions 
(Figs. 4.77, 4.78) [211]. 

Because the feed gas for a sweet shift system is usually desulphurised in a wet 
scrubbing system, reheating and steam addition to the feed gas are required. The 
“removal” of water by condensing it in the scrubber makes a sweet gas shift 
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Fig. 4.78 C 2 +-hydrocarbon 
formation across high 
temperature shift catalysts 


£ 



system less attractive in the case of syngas taken from a slurry-fed gasifier or a 
high temperature water quench at gasifier outlet providing water-rich shift inlet gas 
at almost the required temperature levels. For any gasifier types that produce low- 
moisture gas needing steam addition, according to Grol and Yang the sweet water 
gas shift may be an option [212]. 


4.4.8.5 Sour CO Shift 

Use of iron-based HTS catalysts in a high-CO, high-sulphur environment is 
principally possible. However, the active catalyst would convert into a sulphided 
state, thus leading to much lower shift activity and requiring higher steam-to-CO 
ratios in the feed gas to the shift reactor and larger catalyst beds [211]. Their 
operating temperatures of typically 350-450 °C are thermodynamically less 
favourable than the 50-100 °C lower operating temperatures of sulphided Co-Mo- 
catalysts, which are commonly used for SGS. An additional advantage is that the 
sulphur-tolerable Co-Mo-based shift catalysts will also hydrolyse COS to H 2 S and 
hydrogenate HCN, which is not the case for iron-based shift catalysts. 

Therefore, sulphided Co-Mo shift catalysts in synthesis gas streams from gas¬ 
ification of high-sulphur coal or residues are the preferred option, despite higher 
catalyst costs compared to rugged iron-based HTS catalysts. The sulphur handling 
around a sour CO shift system is less complex as intercooling and sulphur 
scrubbing of the raw gas from the gasifier is saved. All acid gases (C0 2 and H 2 S) 
are finally removed in one scrubbing system at the outlet of the shift reactors. 

Adjustment of the inlet steam-to-CO ratio for a sour water gas shift is easier 
because the water-saturated gas from the upstream gasifier does not have to be 
cooled down to operate a wet H 2 S scrubber. It can be fed directly to the shift 
reactors with a temperature trim above water saturation temperatures and, 
depending on the gasifier type, some steam injection to adjust the overall inlet 
steam-to-CO ratio. 

The SGS catalysts are composed of approximately 12-15 wt% Mo0 3 and 
3-4 wt% CO on alumina. Many SGS catalysts are alkalised with small amounts of 
alkali or earth alkali promoters as activity enhancers. Co-Mo-based SGS catalysts 
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Fig. 4.79 Equilibrium 
constants of sulphiding 
reactions of a Co-Mo sour 
gas shift catalyst [213] 



have a high sulphur tolerance and operate in the sulphided state under reaction 
conditions. Typical operating conditions for these catalysts are 230-350 °C, 
pressure ambient to 40 bar and gas space velocities of 2,000-3,000 h _1 . The 
steam/gas molar ratio is about 0 .5-1.0. 

The SGS catalyst requires less steam than HTS catalysts to maintain its active 
(sulphided) form and has fewer tendencies toward side reactions generating 
methane or higher hydrocarbons. Although the catalyst is not affected by low 
concentrations of ammonia or HCN (approximately <0.5 % [133]), chloride traces 
of even 1-2 ppb are a major, irreversible poison [ 211 ]. 

The activation of Co-Mo-catalysts used in SGS requires a presulphidation and 
certain sulphur content in the feed stream for maintaining the active sulphided 
form. The sulphidation can be described along the following chemical reactions 
and equilibrium conditions, as shown in Fig. 4.79 [213]. 

Mo0 2 + 2H 2 S <=► MoS 2 + 2H 2 0 (4.57) 

CoO + H 2 S <=► COS + H 2 0 (4.58) 

C 03 O 4 + 8/3H 2 S + 4/3H 2 ^ 1/3Co 9 S 8 + 4H 2 0 (4.59) 

Because the nonsulphided (oxide) form of Co-Mo-catalysts would have almost 
no shift activity, a certain sulphur level in the feed gas—ideally in the order of 
about 300 ppm or above—has to be maintained to keep the catalyst sulphided. In 
the case of low inlet sulphur levels, the catalyst can alternatively be presulphided 
before being put into operation. This allows use of the catalyst with feeds that 
contain H 2 S-concentrations as low as 35 ppm [211]. 

SGS reactors usually consist of two to three reactors in series, depending on the 
CO inlet concentration and desired conversion. A typical setup of a SGS con¬ 
version over a Co-Mo SGS catalyst downstream of a Texaco POX of residual oil is 
shown in Table 4.23 [211]. In this example, the three-bed adiabatic system with 
0.25 % sulphur in the inlet gas aims at maximum H 2 output, converting the inlet 
CO content of 46 to 1 % at outlet of the third reactor. 
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Table 4.23 Sour gas shift gas compositions over a three bed system (raw gas from a residual oil 
Texaco partial oxidation) [211] 


Inlet feed composition (mol %) 

Bed 1 

Bed 2 

Bed 3 

CO 

46 

16 

3.1 

co 2 

6.9 

26 

34.2 

h 2 

47 

57.9 

62.6 

ch 4 

0.1 

0.1 

0.1 

Sulphur 

0.25 



Inlet steam/gas (molar ratio) 

0.96 

0.7 

0.61 

Pressure (bar) 

35 

34 

33 

Inlet temperature (°C) 

266 

288 

278 

Outlet temperature (°C) 

411 

367 

292 

Space velocity (h -1 ) 

2,940 

2,220 

1,785 

Outlet CO (mol %) 

16 

3.1 

1 


Fig. 4.80 Equilibrium 
constants for COS hydrolysis 
and water gas shift [214] 



4.4.8.6 Conversion of COS (and HCN) 

Co-Mo-based SGS catalysts will also promote the reaction of H 2 S and CO in the 
feed gas to either form or hydrolyse undesired COS. The COS content at the outlet 
of the shift reactors will be almost at equilibrium according to reaction conditions: 

COS + h 2 o -► H 2 S + C0 2 

The equilibrium of the COS-related reaction is shown in Fig. 4.80 [214]. 

At high steam partial pressures (and operating pressures, although the reaction 
is equal molar) an outlet COS content of less than 0.1 ppmv can be reached in a 
SGS system [211]. 

Also, HCN traces will be converted in the SGS system to form traces of formic 
acid and ammonia, which will be contained in the condensate after cooling of the 
synthesis gas [214]. 


HCN + H 2 0 HCONH 2 
HCONH 2 + H 2 0 HCOOH + NH 3 
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In some cases, depending on feed gas, reaction conditions and a flow scheme— 
especially when bypassing part of the synthesis gas around the shift reactors—a 
COS hydrolysis stage may have to be added in the bypass stream, which does not 
enter the shift reactors. The hydrolysis is catalysed with an activated alumina 
operating at approximately 200-250 °C. The hydrolysis activity of alumina can be 
increased by alkali or earth alkali promoters [215]. 

At high CO concentrations and in presence of metal carbonyls and HCN from the 
raw gas or upstream conversion stages, a combination of an 11 % Cr 2 0 3 /6 % K 2 0 
catalyst on alumina to hydrolyse COS and HCN in combination with an inlet 
alumosilicate scavenger bed for carbonyl decomposition has been proposed [216]. 


4.4.8.7 Contaminants (Other than COS, HCN, Carbonyles, Chloride) 

Other contaminants slipping through from the gasifier to the inlet of the acid gas 
scrubber section could be traces of arsine, mercury and metal carbonyl com¬ 
pounds. Entrainment into the methanol synthesis section will severely poison the 
methanol synthesis catalyst, even at levels in the ppb range. 

The effects of poisoning by arsine and its absorption by a Cu/active carbon absorber 
has been described by Quinn et al. [217] . Also, copper or copper zinc on alumina [218] 
and copper/manganese absorbents have been offered for arsine scavenging. 

Mercury can be removed by sulphur-containing active carbon absorbers ahead 
of the acid gas scrubbers. The absorbents contain about 10-15 % sulphur to bind 
the mercury. 

Overviews of potential methanol catalyst poisons generated from fossil and 
biomass gasification have been compiled by Comelissen and Clevers [219], Bar¬ 
tholomew [220], and Forzatti and Lietti [221]. 


4.4.9 Acid Gas Removal 

Downstream from the syngas cooling, the next gas purification step comprises the 
removal of so-called acid gas components, such as H 2 S and C0 2 . The term “acid 
gas” originates from the sour pH value if the gases are dissociated in water. 
Besides the removal of catalyst poisoning gas components (mainly sulphur), C0 2 
removal for the adjustment of the syngas quality is the second aim. 

As previously described, there exist different CO-shift concepts to control the 
gas composition to meet the synthesis requirements. In the case of a sour shift, all 
acid gas components are typically removed after the CO-shift unit. In contrast, for 
a sweet shift system, the sulphur components are removed before entering the CO- 
shift reactor while C0 2 is removed subsequently. The following section introduces 
the fundamental principles of acid gas removal, then provides an overview of 
common scrubbing processes. 
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4.4.9.1 Fundamentals 

Today’s common acid gas removal processes are based on liquid scrubbing agents 
contacting the raw gas, thereby absorbing different gas components. Despite the 
existence of adsorptive processes that apply solid sorbent materials or membrane 
separation technologies, only absorption processes are addressed here because of 
their greater importance for large-scale industrial applications. In this context, 
chemical and physical absorption are distinguished dependent on the underlying 
mechanism. 

Physical Absorption in Liquids 

Physical absorption in liquids has been described by Kohl and Mielsen [222] and 
by Hiller et al. [223]. This adsorption is based on the dissolution of gases in liquids 
according to Henry’s law: 


Pi = Xi x H t 

Thereby, the gas is dissolved without condensing out and the molar amount of 
dissolved gas (jq) is determined by the partial pressure of the gas component (p t ) in 
the gas phase and the Henry coefficient (//,). The Henry coefficient describes the 
solubility of gases in liquids. It is specific for each gas component and solvent and 
it strongly depends on the temperature. The unit of the Henry coefficient is given 
as barxmol (solvent)/mol (absorbed gas). Typically, the solubility of gases in 
liquids decreases with increasing temperature. 

The Henry coefficient is available for a large number of gas-liquid systems in 
property data books. Most software packages for the simulation of chemical 
processes include internal databases with temperature-dependent functions for the 
description of vapour-liquid systems. High partial pressures are advantageous 
because the amount of dissolved gas increases with increasing partial pressure. 
The partial pressure results from the system pressure and the molar fraction of the 
component in the gas. It needs to be noted that Henry’s law is an ideal law that is 
valid for dissolved, noncondensed gases in ideally and indefinitely diluted solu¬ 
tions. Henry’s law also does not reflect multicomponent dissolution. 

In real gas-liquid systems with multiple gas components in the gas phase, there 
will be dissolution of more than one component in the solvent, including not only 
acid gas components but also other gases such as CH 4 , H 2 or CO. For most 
applications, the coabsorption of syngas components as well as methane is an 
undesired effect. Also, the joint absorption of multiple acid gas components may 
be unfavourable depending on the subsequent acid gas recovery process and the 
solvent regeneration process. Typical solvents for physical absorption are single 
component agents consisting of either organic substances or water. Physical 
absorption processes are slightly exothermic. 
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Chemical Absorption 

Chemical absorption in liquids is also described by Kohl and Mielsen [222] and by 
Hiller et al. [223]. In contrast to physical gas absorption based on Henry’s law, the 
activity of chemical solvents goes back to chemical reactions of the gas, with the 
solvent following the law of mass action. The amount of dissolved gas is deter¬ 
mined by the chemical equilibrium constant of the chemical reaction being a 
function of the temperature. Higher partial pressure of the component being 
removed may be advantageous, but it is not necessary. 

Today, there are two working principles for chemical solvents: neutralisation or 
oxidation. Although neutralising solvents are suitable for the removal of H 2 S and 
C0 2 , oxidising solvents are only applicable to oxidizable gas compounds. 
Consequently, oxidising solvents are 100 % selective towards H 2 S. However, 
neutralising solvents are more relevant to today’s industrial applications. In both 
types of chemical absorption processes, the acid gas needs to be dissolved and 
dissociated before reacting with the chemically active part of the solvent. 

For this purpose, solvents for chemical absorption are at least two component 
liquids consisting of water and a chemically active liquid, often an organic sub¬ 
stance such as alkanolamines. Less important but also available on the market are 
other basic solvents, such as aqueous NaOH solutions. 

In every case, first water is needed to physically dissolve the acid gas com¬ 
ponent. In a second step, the gas component dissociates in the aqueous solution in 
one or more steps before it is available for the chemical reaction with the organic 
part of the solvent. Because of the different nature of C0 2 (Lewis acid) and H 2 S 
(Brpnstedt acid), the dissociation of H 2 S is faster than for C0 2 . In contrast, the 
neutralisation reaction enthalpy for C0 2 is higher compared to H 2 S, indicating a 
higher affinity to neutralisation for the C0 2 . Resulting from this, neutralisation 
scrubbing processes are kinetically selective towards H 2 S but favour C0 2 neu¬ 
tralisation considering the chemical equilibrium. Hence, there will be coabsorption 
of H 2 S and C0 2 for most solvents, with the H 2 S being preferably absorbed at short 
residence times and C0 2 being increasingly absorbed at longer residence times. 
Thereby, the already absorbed H 2 S is released to the gas phase again. 

An exception from this is given for so-called primary alkanolamines. Those 
amines are capable of directly reacting with C0 2 without coabsorbing H 2 S. Also, 
some other solvents, such as aqueous K 2 C0 3 , are selective towards C0 2 if addi¬ 
tives are added. Because neutralisation and oxidation are exothermic processes, 
there will be heat released during the gas scrubbing process, requiring a suffi¬ 
ciently high heat capacity of the solvent to avoid solvent evaporation losses. 

The absorption capacity in chemical scrubbing processes is limited by the 
availability of reactive agent components, resulting in saturation of the solvent, 
especially at higher partial pressures. After reaching this state, further acid gas 
removal can only be achieved by increasing the amount of scrubbing agent. In 
contrast, the absorption capacity of physical solvents increases with the partial 
pressure. Consequently, chemical solvents are preferably applied at lower partial 
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Table 4.24 Comparison of chemical and physical solvents [222, 223, 225] 



Physical absorption 

Chemical absorption 

Principle 

Dissolution of gases according to the 
phase equilibrium (Henry’s Law) 

Reaction of dissolved acid gases with the 
solvent following the law of mass 
action 

Binding 

Weak 

Intermediate to high 

strength 

Cleaning 

Good at high partial pressures 

Very good at low partial pressures 

effect 

Selectivity 

Limited because of coabsorption of 
other syngas components 

Highly dependent on selectivity of 

chemical reaction and residence time 

Applicability 

High partial pressures/high 

concentrations of the removed gas 
components 

Low partial pressures/low partial 
concentrations 

Solvent 

Organic substances, water 

Mixtures of water and dissociated 

chemically active (organic) substances 

Regeneration 

Simple by flashing and stripping 

Complex because of thermal regeneration 


Fig. 4.81 Absorption 
isotherms of chemical and 
physical solvents [227] 



Partial pressure of the removed gas component p. 


pressures, whereas physical solvents are superior at high system pressure and high 
acid gas component concentrations. 

A summarising comparison of chemical and physical solvents is given in 
Table 4.24 and Fig. 4.81, which shows typical absorption isotherms of chemical 
and physical scrubbing agents, illustrating the preferable conditions of operation. 

Independent from the absorption mechanism, the majority of scrubbing pro¬ 
cesses are executed in column absorbers equipped with trays or column packing, 
aiming for the maximum surface area for heat and mass transfer between gas and 
liquid phases [222, 223, 225]. The solvent is introduced at the top and flows 
downwards through the column counter, currently to the raw gas flowing upwards. 
The loaded solvent leaves the absorber column at the bottom while the clean gas 
exits the process at the top. Depending on the volatility of the solvent, there may 
be condenser stages at the top to minimise solvent losses by recovering solvent 












4 Methanol Generation 


173 


vapours by condensation and recirculation into the column. In contrast to distil¬ 
lation columns, absorbers are not equipped with a reboiler. 

The loaded solvent is externally regenerated and recirculated to the absorber. 
Although physical solvents are regenerated mainly by flashing, chemical solvents 
need to be reboiled, thereby providing at least the heat of reaction that was 
released during the absorption process. In some cases, physical solvents are re¬ 
boiled to minimise the residual solvent loading after regeneration to reduce the 
total amount of circulated solvent. 

Columns are applied for regeneration, too. The regenerator column layout 
resembles typical rectification columns. If the scrubbing agent is thermally 
regenerated, the solvent vapour exiting the regenerator at the top will be recovered 
by condensation as reflux to the desorber. Reboiling and flashing processes can be 
supported by stripping, aiming for a dilution of the gas phase to enhance the gas 
component desorption caused by a reduced partial pressure. The lower the residual 
loading of the solvent is after regeneration, the less solvent is pumped around 
between absorber and regenerator, thereby reducing the pumping power demand. 
However, the effort for the regeneration process will increase with decreasing 
remaining concentration, in particular either the thermic power demand of the 
reboiler or the power demand for recompression after flashing. 

Because coabsorbed syngas components are typically less strongly bound to the 
solvent than the acid gases, they can be recovered in most cases by staged decom¬ 
pression. Traces of acid gas that may be released during this process can be reab¬ 
sorbed by scrubbing with the solvent again. The syngas components are either 
recycled into the raw gas or clean gas or they are used as fuel gas. Most regeneration 
processes aim for a selective recovery of the acid gas components with a H 2 S- 
enriched gas stream for the sulphur recovery unit and a C0 2 stream being as pure as 
possible for venting to atmosphere, chemical utilisation, or sequestration. Further 
means aiming for an increase of the overall efficiency include the recovery of 
decompression energy by the application of turbines and the reduction of the heating 
demand by introducing heat exchangers between absorber and regeneration sections. 

Special effort is necessary to avoid solvent degradation by irreversible chemical 
reactions with dissolved components. In particular, alkanolamines are sensitive 
towards the formation of salts. The intolerance of physical and chemical solvents 
towards certain gas components will be discussed in Sects. 4.4.9.2 and 4.4.9.3. 
Typical requirements to scrubbing agents are summarised in Table 4.25. Obvi¬ 
ously, some of the requirements are conflicting, resulting in a tradeoff between 
different issues. 


4.4.9.2 Physical Scrubbing Processes 

A summary of commercial acid gas removal processes is provided in Table 4.26. 
Most of the named processes were developed for the sweetening of natural gas, but 
they also can be applied to syngas. 
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Table 4.25 Requirements for solvents [222, 223, 225] 


Parameter 

Requirement 

Solubility (absorption 

High for the gas component, which will be separated from the raw gas 

capacity) 

Selectivity 

Must be sufficiently high, such that maximum selectivity of physical 
solvents is 5:1 for H 2 S/syngas components (coabsorption of 20 % 
syngas components) and 10:1 for H 2 S versus C0 2 (Purisol process) 

Regenerability 

Simple regenerability for chemical scrubbing agents with no azeotopes, 
no irreversible chemical reactions with the absorbed gas component, 
sufficient boiling point difference between scrubbing agent and 
absorbed gas component 

Vapour pressure 

Low vapour pressure at absorption conditions (minimisation of 
scrubbing agent vapour losses) 

Boiling temperature 

Not too high to reduce the heating energy demand for thermic 
regeneration 

Heat capacity 

Sufficiently high to allow for removal of absorption heat from the 
system at low temperature increases 

Viscosity 

Low for improved mass transfer and reduced pumping energy 
requirement 

Physical and chemical 

High to avoid solvent degradation 

stability 

Flammability 

Low or inflammable 

Economics 

Cheap and high market availability 

Safety 

Low or nonflammable, nontoxic, environmentally safe 


Table 4.26 Commercial chemical and physical scrubbing processes [222, 223, 225] 


Physical processes 

Chemical processes 



Neutralisation 

Oxidation (H 2 S removal) 

(Pressurised) water scrubbing 

Alkanolamine processes 

Stretford process 

Rectisol process 

Alkacid process 


Purisol process 

Potash processes 


Lluor-Solvent process 

H 2 S/NH 3 process 


Selexol process 

Genosorb process 

Morphysorb process 

Inorganic basic processes 



As mentioned previously, most physical scrubbing processes are operated 
preferably at high pressures. Although a high selectivity of absorption is favour¬ 
able with respect to the acid gas recovery processes, the most important criterion is 
the removal of poisoning gas components down to a level demanded by the 
synthesis catalyst. An overview about common physical washing processes is 
given in Table 4.26. Contaminants such as alkalis, NH 3 , HC1, dust, or tar are often 
already removed by upstream gas cleaning processes, such as dust filters or water 
scrubbers. Hence, the major task of the scrubbing process is the cleaning of the raw 
gas from sulphur-containing components to less than 1 ppmv and a sufficient 
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Table 4.27 Characteristics and operating conditions of physical scrubbing processes [222, 225, 
227] 


Process 

Solvent 

Boiling 
tempera¬ 
ture (K) 

Vapour 
pressure at 
323 K (in 
mbar) 

Molar mass 
(g/mol) 

Ratio of 

component 

solubility 

H 2 S/ CO 2 / 

ch 4 ch 4 

Purisol 

V-methyl-pyrrolidone 

475 

2.2 

99 

133 

13.3 

Fluor- 

Solvent 

Propylene carbonate/ 
Glycerine acetate 

513 

- 

102 

40 

8.7 

Sepasolv 

MPE 

Oligo-ethylene glycol 
methyl ether 

593 

0.006 

316 

59 

9.1 

Selexol 

Polyethylene glycol- 
dimethyl ether 

553 

0.02 

Dependent 

on 

water 

content 

100 

15.3 

Genosorb 

Polyethylene glycol 
dimethyl ether/ 
Polyethylene glycol- 
dibutyl ether 

503-553 

0.005 

>250 

105 

15.5 

Morphysorb A/-formyl morpholine and 
/V-acetyl morpholine 

513- 

518.5 

— 

115-129 

305.5 11.3 


reduction of the C0 2 content. Although the latter issue is well fulfilled for all 
processes (typical C0 2 concentration for a methanol synthesis gas ranges between 
2.0 and 4.0 mol %), most physical processes cannot achieve a sufficient low 
sulphur level. Furthermore, only a few of the named scrubbing processes are 
capable of handling the full range of organic and inorganic gaseous sulphur 
components. Consequently, most processes require a subsequent ZnO adsorption 
stage to capture traces of H 2 S and prevent poisoning of the synthesis catalyst. 
Solvents incapable of capturing COS will need a prestage for COS hydrolysis. 
Common commercial processes listed in Tables 4.27 and 4.28 include the Purisol 
process, the Selexol and the Genosorb process. 

The Rectisol Process 

In contrast to the summary of physical solvents, the most important physical acid gas 
removal process—the Rectisol process—is not included in the table [223, 225, 228]. 
The Rectisol process is based on methanol as solvent. Although methanol is not a 
superior agent compared to Purisol and Selexol, it is possible to obtain the lowest 
clean gas sulphur concentrations and highest selectivity for the absorption of H 2 S 
versus C0 2 by taking advantage of its strongly temperature-dependent absorption 
capabilities. In addition, the Rectisol process is capable of capturing all sulphur 
components efficiently and of removing other contaminants at lower operating 
temperatures as well. 
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Table 4.28 Selectivity and achievable clean gas purity of physical scrubbing processes [222, 
225, 227] 


Process 

Selectivity 

(H 2 S:C0 2 ) 

Typical clean 
gas 

concentration 

(ppmv) 

h 2 s co 2 

Absorption 

temperature 

(K) 

Remarks 

Purisol 

10:1 

1 2 

293-298 

Partial capture of COS and CS 2 ; 
capture of thiophenes, 
mercaptanes, NH 3 and HCN 

Fluor- 

Solvent 

4...5:1 

1 2 

Approx. 293 

Especially designed for high CO 2 / 
H 2 S ratios in the raw gas; capture 
of mercaptanes and syngas 
components 

Sepasolv 

MPE 

6...7:1 

1 20,000 for 

natural 
gas 

Approx. 293 

High selectivity for sulphur 

components including COS and 
mercaptanes 

Selexol 

7:1 

1 20,000 for 

natural 
gas 

273-313 

Insufficient capture of COS 

Genosorb 

7:1 

4 50 

273-313 

Capture of HCN, CS 2 , COS, 
mercaptanes and NH 3 

Morphy sorb 

High 

4 50 

298 

Designed for natural gas 


Today’s typical Rectisol process scheme is the so-called selective process. The 
basis is the absorption of hydrocarbons (if contained in the gas) in a prewash stage 
at about 293 K, the separate absorption of H 2 S in a second stage at approximately 
273 K, and the removal of C0 2 in a third stage at a temperature that can be as low 
as 200 K. The prewash stage uses only a small amount of methanol to remove 
higher hydrocarbons (especially phenols and benzyls) and to dry the gas. The H 2 S 
absorber is typically fed with preloaded methanol from the C0 2 absorber. Because 
of the higher selectivity for H 2 S absorption at higher temperatures, the captured 
C0 2 is released to the gas again while the H 2 S is dissolved in the agent. The 
sulphur-free but C0 2 -containing raw gas finally enters the low-temperature C0 2 
absorber, where it is contacted with thermally regenerated methanol. The C0 2 
content of the clean gas is determined by the absorption temperature. It can be 
reduced to a low level (<10 ppmv). Because of the typically lower total H 2 S 
amount in the gas, only a fraction of methanol from C0 2 absorber is needed for the 
H 2 S removal. 

Although the methanol from the prewash and drying stage is recovered by 
phase separation and distillation processes, the H 2 S-enriched methanol is first 
gradually decompressed to recover syngas components before it is flashed at 
ambient pressure followed by thermal regeneration using low-pressure steam. H 2 S 
desorption is supported by N 2 stripping. The C0 2 -rich methanol is gradually 
decompressed and, if required, also thermally regenerated. Special effort is nec¬ 
essary to avoid methanol vapour losses. The C0 2 is obtained at different pressure 
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Table 4.29 Residual contaminant concentrations in clean gas at the end of the Rectisol process 
[225, 228] 


Component 

Concentration (ppmv) 

co 2 

2 

h 2 s 

0.1 (total sulphur) 

cos 

(0.1)* 

Mercaptanes 

(<0.01)* 

nh 3 

1 

C„H m , HCN, resins, carbonyls 

^0 

H 2 S 

60 (dew point at 223 K) 


Estimates, private communication by Lurgi. 


levels (typically low and intermediate pressure) with high purity. The H 2 S-rich 
acid gas contains significant amounts of C0 2 and N 2 besides the H 2 S and organic 
sulphur gas components. The concentration of sulphur compounds in the clean gas 
is less than 1 ppmv, allowing for direct feeding to the synthesis without the need 
for an extra ZnO guard bed. 

Resulting from the low temperature of the C0 2 removal stage, no additional 
clean gas drying is required after the Rectisol process. Absorption in the Rectisol 
process can be either carried out in one absorber column consisting of edificial 
separated absorption zones or in multiple absorber columns with each being 
operated at different temperatures. The big advantage of low residual contaminant 
concentrations is paid back by high electric auxiliary power consumption for the 
low-temperature cooling by compression-cooling machines and the consumption 
of low-pressure steam for regeneration. The resulting high costs for operation and 
investment (caused by low-temperature and corrosion-resistant construction 
materials and the complex, highly integrated process layout) make the Rectisol 
process attractive only for large synthesis plants with high restrictions for the 
sulphur and C0 2 content in the syngas. Typical residual concentrations of con¬ 
taminants being achievable with the Rectisol process are presented in Table 4.29. 
The Rectisol process is licensed by Lurgi/Air Liquide and Linde. 


4.4.9.3 Chemical Scrubbing Processes 

The discussion of chemical solvents will be limited to alkanolamines and the 
Benfield process, applying potash dissolved in water. In contrast to physical sol¬ 
vents, which are mainly applied as pure solvents, chemical agents are mixtures of 
water with a chemically reactive component forming basic aqueous solutions. The 
majority of agents are corrosive towards common construction materials, thus 
requiring the addition of corrosion inhibitors and the use of higher alloyed steels 
for construction. 

Alkanolamines can be distinguished into primary, secondary and tertiary amines 
depending on the number of hydrogen atoms substituted in amine group. Basicity 
increases in following the sequence: secondary > primary > tertiary [222, 223]. 
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Table 4.30 Characteristics of commercially available amines [222, 225] 


Solvent 

Type of 
amine 

Molar 

mass 

(g/ 

mol) 

Boiling 

temperature 

(K) 

Vapour 
pressure 
at 293 K 
(bar) 

Evaporation 
enthalpy at 

1 bar (kJ/kg) 

Concentration 
in water (wt%) 

Monoethanolamine 

(MEA) 

Primary 

61 

444 

0.48 

827 

15-20 

Diethanolamine 

(DEA) 

Secondary 

105 

Degraded 

0.013 

671 

25-30 

Triethanolamine 

(TEA) 

Tertiary 

149 

633 

0.013 

536 

29.5 

Methyldiethanol- 
amine (MDEA) 

Tertiary 

119 

520 

0.013 

519 

24-50 

Diisopropanol- 
amine (DIP A) 

Secondary 

113 

522 

0.01 

430 

27-54 

Diglycolamine 

(DGA) 

Primary 

105 

494 

0.013 

510 

21.0 


Table 4.31 Performance of commercially available amines [222, 225] 


Solvent 

Absorption 

H 2 S 

selectivity 

Clean gas 

concentration 

(ppmv) 

h 2 s co 2 

Remarks 

Monoethanolamine 

co 2 , h 2 s 

fast 

None 

4 

20 

COS is disadvantageous 

Diethanolamine 

and 

diisopropanol- 

amine 

C0 2 slow, 
H 2 S 
fast 

Low (short-time 
scrubbing) 

16 

200 

Absorption of COS, 

CS 2 and mercaptanes 

Triethanolamine 

(TEA) 

C0 2 very 
slow, 
H 2 S 
fast 

High (short- 
time 

scrubbing) 

16 

200 

Highly dissociated 
solvent -> elongated 
isotherm 

Methyldiethanol- 
amine (MDEA) 

Equal to 
TEA 

Very high 
(short-time 
scrubbing 

3 

1,000 

Selective adsorption of COS 
and H 2 S, even at high 
C0 2 concentration 

aMDEA 

co 2 , H 2 S 
fast 

None 

3 

5 

Designed for C0 2 removal 
after H 2 S scrubbing 


Tables 4.30 and 4.31 indicate the characteristics and achievable residual contam¬ 
inant concentrations of commercially available amines. Obviously, none of the 
available amines is capable of reducing the H 2 S concentration to the required level, 
and some of them are sensitive towards organically bound sulphur. However, they 
are superior to the Rectisol process concerning the C0 2 absorption at moderate 
operating temperatures. For this reason, the preferable fields of application may be 
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the removal of C0 2 from flue gas (low partial C0 2 pressure) and sweetening of fuel 
gas in IGCC power plants (with low or intermediate partial pressures of C0 2 and 
H 2 S). 

One major disadvantage of alkanolamine-based solvents is the limited selec¬ 
tivity of absorption of H 2 S and C0 2 , resulting in a mixed acid gas after regen¬ 
eration. Although there are highly selective alkanolamines for C0 2 absorption 
based on the so-called carbamate formation mechanism, recent development aim 
for “designer alkanolamines,” which are sterically hindered and promising for a 
more selective adsorption of acid gas components. A typical example for such new 
amines is the activated methyl diethanolamine (aMDEA), which is commercially 
offered by BASF. 

An alternative to alkanolamine solvents that was traditionally applied for nat¬ 
ural gas-based synthesis plants is the Benfield process, which uses aqueous potash 
as a chemical solvent. The advantage of natural gas (in most cases) is the low 
sulphur content due to the natural gas treatment at the production field. By 
applying appropriate natural gas conversion technologies, it is also possible to 
adjust the (H 2 — C0 2 )/(C0 + C0 2 ) ratio, which is close to the requirement of the 
synthesis. Hence, effort for acid gas removal can be reduced. 

For this purpose, the Benfield process was developed. It applies K 2 C0 3 
(25-30 % in water) as the chemically active component. Although it is possible to 
selectively remove H 2 S, it was originally designed for C0 2 separation from the 
syngas. Minimum concentrations in the clean gas are 1 ppmv for H 2 S and 
0.5 mol % for C0 2 . Although there exist a number of process variations today, the 
Benfield process is characterised by the addition of amines diethanolamine (DEA) 
to accelerate the chemical reaction and by the addition of vanadium oxide (V 2 0 5 ) 
as corrosion inhibiting component. Typical operating conditions for the absorption 
process are a pressure of 5-30 bar and a temperature of 293-303 K. The solvent is 
regenerated at 378-393 K. 


4.4.9.4 Acid Gas Recovery 

Significant effort has been made to provide highly concentrated acid gases from 
the solvent regeneration for further processing by acid gas recovery processes. In 
many cases, part of the C0 2 is used internally, such as for syngas production from 
natural gas or as inert gas for different purposes, but the largest fraction is simply 
vented to the atmosphere. Only for plants with subsequent syntheses using C0 2 as 
reactant is an option for the utilisation of larger amounts of C0 2 . However, with 
upcoming emission trading systems in Europe and elsewhere and in accordance 
with C0 2 emission reduction targets, there is an increased activity in the field of 
C0 2 utilisation and storage. Although storage includes disposal in geological 
(mostly saline aquifer) formations and its use for enhanced oil recovery (EOR), the 
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chemical utilisation aims for the replacement of CO by C0 2 in syntheses, such as 
production of methane by integrating renewable hydrogen (power-to-gas), and the 
production of niche products compared to the overall amount of C0 2 being pro¬ 
duced from syngas plants, such as carbonates. Nonetheless, significant amounts of 
C0 2 are already chemically processed each year, such as by the synthesis of urea. 
All applications require highest C0 2 purities. 

Because of generally stricter environmental regulations for H 2 S and other 
sulphur emissions, which often depend on the total sulphur capacity of the plant, 
there exist a number of processes to convert the H 2 S into saleable products. They 
range from combustion with adjacent scrubbing of the flue gas for the production 
of gypsum to the synthesis of sulphuric acid based on the contact process or the 
conversion of H 2 S to elemental sulphur in Claus plants. All processes have a long 
history and are commercially proven. In particular, the production of sulphuric 
acid and Claus plants are typical sulphur recovery processes in syngas plants. The 
choice for one process depends on local market and infrastructural conditions. 

The Claus process is a multistage process, with an air- or oxygen-blown 
combustion furnace (1,073-1,673 K) as the first stage and a number of subsequent 
catalytic contact beds (Al 2 0 3 -based) operated above the sulphur condensation 
temperature (493-573 K). The principle is based on the adjustment of a stoichi¬ 
ometric H 2 S/S0 2 ratio for simultaneous and subsequent sulphur-yielding reactions. 
The amount of undesired byproducts and the occurrence of side reactions are 
strongly dependent on the purity of the acid gas. Elemental sulphur is recovered by 
condensation between the reaction steps by intermediate cooling in specially 
equipped drums. Sulphur recovery rates of the Claus process without tail gas 
treatment may be as high as 97 % [224]. 

Further processing of the tail gas from the first section of the Claus plant may be 
required, depending on the regulations regarding the sulphur recovery rate. Mul¬ 
tiple options exist for the tail gas treatment. A common configuration includes the 
recirculation of the tail to the inlet of the acid gas removal process after passing 
intermediate COS hydrolysis or hydrogenation reactors and intermediate gas 
scrubbing processes (e.g. the SCOT process). Alternatively, the tail gas can be 
processed in a number of low-temperature catalytic reactors with various catalysts 
(e.g. A1 2 0 3 or activated carbon), which are often operated below the sulphur 
condensation temperature. In this way, it is possible to achieve sulphur recovery 
rates of more than 99.99 %, depending on the tail gas process (e.g. Sulfreen, 
Hydro-Sulfreen, Carbo-Sulfreen). Another option includes the combustion of the 
tail gas with adjacent flue gas cleaning. Overviews of commercially available 
technologies and special applications are provided in Refs. [224, 226]. 

In addition, wastewater management, reduction of the makeup solvent require¬ 
ment, energetic optimisation and dealing with gaseous emissions caused by flaring 
are major issues in acid gas removal plant design, but they will not be discussed here. 
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Introduction 

This chapter deals with various ways to use C0 2 as raw material for methanol 
generation that leads to carbon recycling schemes. The use of C0 2 for methanol is 
only meaningful in combination with hydrogen, which is produced by processes 
using regenerable energies. In special situations, also the use of “waste” or 
“byproduct” hydrogen can be meaningful. Methanol production from C0 2 is 
described in Sect. 4.8. 

Table 4.32 Hydrogen production capacities in the United States [229] 

Capacity type Production capacity (1,000 metric tonnes per 

year) 

_ 2003 2006 

On-purpose captive a 


Oil refinery 

2,070 

2,723 

Ammonia 

2,592 

2,271 

Methanol 

393 

189 

Other 

18 

19 

On-purpose merchanf 

Off-site refinery 

976 

1,264 

Non-refinery compressed gas (cylinder and bulk) 

2 

2 

Compressed gas (pipeline) 

201 

313 

Liquid hydrogen 

43 

58 

Small reformers and electrolysers 

<1 

<1 

Total on-purpose a 

7,095 

6,839 

Byproduct 

Catalytic reforming at oil refineries 

2,977 

2,977 

Other off gas recovery 13 

462 

478 

Chlor-alkali processes 

NA 

389 

Total byproduct 

3,439 

3,844 

Total hydrogen production capacity 

10,534 

10,683 


a On-purpose are those units where hydrogen is the main product, as opposed to “byproduct” 
units where hydrogen is produced as a result of processes dedicate to producing other products 
b From membrane, cryogenic and pressure swing adsorption (PSA) units at refineries and other 
process plants 

Sources The EIA-820 Refinery Survey, The Census Bureau MA28C and MQ325C Industrial Gas 
Surveys, SRI Consulting, The Innovation Group. Air Products and Chemicals, Bilge Yildiz and 
Argonne National Laboratory (Report # ANL 05/30, July 2005), and EIA analysis 
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Hydrogen 

Table 4.32 shows hydrogen production capacities in the United States by the 
categories on-purpose captive, on-purpose merchant and byproduct [229]. 
Byproduct hydrogen quantities in the United States are substantial—approxi¬ 
mately 43 billion m 3 in 2006, amounting to approximately one-third of total 
production capacities. In additional, European sources of byproduct hydrogen total 
23 billion m 3 . 

Surplus hydrogen sources include crude oil refineries that operate thermal or 
catalytic crackers and catalytic reformers. The excess part of hydrogen is the 
amount that is not needed in the captive processes, such as for hydroprocessing 
and energy generation. Depending on the individual refinery structure, it may be a 
net hydrogen producer or have a need for additional hydrogen, which often is 
produced by steam reforming of the refinery light fractions. 

An important surplus hydrogen source is the electrolytic production of chlorine 
(see Sect. 4.5.3): 


NaCl + H 2 0 -► 1 /2C1 2 + NaOH + 1 /2H 2 

Other sources include the production of lower olefins by steam cracking, the 
production of acetylene by POX of methane, and the dehydrogenation of ethyl¬ 
benzene to styrene monomer. 

Section 4.5.3 describes the distribution networks for hydrogen by means of 
pipelines and grids in the area of chemical and refinery industry clusters. Europe 
has a hydrogen pipeline network of approximately 1,600 km and the United States 
has approximately 800 km (see overviews in Refs. [230, 231]). 

Carbon Dioxide 

Carbon dioxide is a natural component of the air; its current average concentration 
is 0.039 vol% (390 ppm). At the same time, it is an important part of the global 
carbon cycle. Carbon dioxide is produced both inside living organisms as a 
byproduct of cellular respiration and during the combustion of carbon-containing 
substances with sufficient supply of oxygen. Plants, certain bacteria and archaea 
reconvert carbon dioxide into biomass through fixation. 

Carbon dioxide exists in the atmosphere, the hydrosphere, the lithosphere and 
the biosphere and ensures an intense exchange of carbon between these geo¬ 
spheres. Figure 4.82 illustrates the average global tropospheric carbon dioxide 
distribution. The atmosphere contains approximately 700 Gt of carbon in the form 
of gaseous carbon dioxide. The hydrosphere contains approximately 38,000 Gt of 
carbon in the form of dissolved carbon dioxide as well as dissolved hydrogen 
carbonates and carbonates. The lithosphere contains by far the largest portion of 
chemically bound carbon dioxide. Carbonate rock, such as calcite and dolomite, 
contains between 20,000,000 and 60,000,000 Gt of carbon [232]. 
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Fig. 4.82 Global carbon dioxide distribution in the troposphere, recorded by the National 
Aeronautics and Space Administration’s Atmospheric Infrared Sounder (AIRS) in July 2008 
[234]. Dark blue corresponds to a concentration of 368.2 parts per million and dark red 
corresponds to a concentration of 386.2 parts per million (ppmv) 


Anthropogenic carbon dioxide emissions (i.e., those caused by mankind) amount 
to approximately 36.3 Gt per year and constitute only a small part of the total carbon 
dioxide produced from mostly natural sources, which is approximately 550 Gt per 
year [233]. Approximately half of the additional carbon dioxide is absorbed by the 
biosphere and the oceans. The other half of the emitted carbon dioxide remains in 
the atmosphere, resulting in a measurable increase of the concentration. 

Carbon dioxide is a component of many natural gases and has to be extracted, 
usually prior to gas transport. For example, Alaskan gas contains approximately 
20 % C0 2 , and in some offshore gases the content is even higher. C0 2 is produced 
in any combustion process, but its extraction (e.g. from power plant flue gases) as a 
raw material for chemical utilisation is limited from a technical point of view and 
is only meaningful in combination with other value-adding conversion steps. 

Extractable high C0 2 contents are found in flue gases of any combustion 
process of organic matter, but also in the off-gases of gasification and POX of 
hydrocarbons for the production of synthesis gas. C0 2 is generated in the gasifi¬ 
cation, reforming, or POX itself and additionally in the shift conversion in the case 
of maximum hydrogen output. In the production of SNG, the volume of C0 2 is 
even twice as high with reference to the amount of methane used. 

Interest in the use of C0 2 in chemical processes has increased in connection 
with higher feedstock costs, concern about limited resources, and climate change 
discussions. Multiple attempts aim to utilise C0 2 as a carbon-containing building 
block for chemicals and fuels [235]. The high thermodynamic stability of the C0 2 , 
with a free enthalpy of —393 kJ/mol, requires a high-energy input to reverse the 
formation of C0 2 as an end product of any combustion process. 
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Chemical processes that consume C0 2 as a building block are well known and 
have been applied on a large scale, including the production of urea from ammonia 
and C0 2 in vast amounts (in 2010, 155.6 million tonnes worldwide [236]), the 
production of certain polycarbonate polymers, and salicylic acid from phenol. 
Other routes to activate C0 2 as a chemical building block either need very reactive 
reducing components, such as hydrogen, or energy input by means of electrical 
energy or photolysis in combination with catalysts to transform the very stable 
C=0 bond. 

Apart from the many biochemical processes based on photosynthesis or other 
enzymatic conversion of C0 2 to products such as alcohols or organic acids, 
examples of chemical C0 2 activations with hydrogen or methane as reducing 
agents are: 


Dry C0 2 -reforming of methane 
Methanisation with hydrogen 
Reverse water-gas shift 
Hydrogenation to formic acid 
Hydrogenation to oxalic acid 


C0 2 + CH 4 2CO + 2H 2 0 
C0 2 +4H 2 —► CH 4 + 2H 2 0 
C0 2 + H 2 -> CO + h 2 o 
C0 2 + H 2 HCOOH 
2C0 2 + H 2 (COOH) 2 


A combination of dry and wet reforming to generate a methanol synthesis gas 
(“metgas”) with the desired 1:2 CO/H 2 stochiometry has been proposed by Olah 
et al. [237, 238]. It combines both reactions either in two separate conventional 
steps to achieve the gas composition or in one step over a nickel catalyst at 
800-1,000 °C and 5-40 bar of pressure: 

3CH 4 + C0 2 + 2H 2 0 -► 4CO + 8H 2 4CH 3 OH 

The process, called “bi-reforming,” has been proposed for all kinds of natural 
or even shale gas. These source gases often already contain C0 2 and only require 
an additional adjustment of the necessary methane/C0 2 ratio, normally by addition 
of C0 2 from other sources. 

A further evolution of bi-reforming is “tri-reforming,” which in one step 
combines methane steam reforming with methane C0 2 reforming (both endo¬ 
thermic) and methane POX (exothermic): 

3CH 4 + C0 2 + H 2 0 + 1 /20 2 -► 4CO + 7H 2 

However, the SN of 2 (SN defined as (mol H 2 — mol C0 2 )/(mol CO + mol C0 2 )) 
for methanol feedgas is not achieved under adiabatic conditions (see overview in Ref. 
[239]). 

C0 2 can directly be hydrogenated to methanol over copper zinc catalysts, 
which have been adapted to cope with high C0 2 contents in the feed gas (see Sect. 
4.8). This only makes sense if hydrogen is available from excess byproduct 
hydrogen and from nonfossil sources, such as electrolysis using regenerative 
power (see Sects. 4.5.2 and 4.5.3). 

Two projects in pilot and demonstration phases are testing a route of C0 2 to 
methanol with the use of hydrogen from water electrolysis. In 2008, Mitsui 
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Fig. 4.83 Concept of decentralised use of solar energy in combination with C0 2 extraction from 
air [244] 


Chemical built a 100 tonne/year methanol pilot unit in Osaka [240]. In November 
2011, a semi-commercial methanol plant was commissioned in Grindavik, Iceland, 
using C0 2 from a nearby geothermal power station and electrolytic ally produced 
hydrogen. The emission-to-liquid plant has an energy input of about 5 megawatts 
for the production of 4,500 t methanol per annum [241, 242]. 

Future developments based on C0 2 and nonfossil hydrogen use formic acid as 
an intermediate (or hydrogen reservoir [243, 244]) via methylformiate reduction 
with hydrogen: 


C0 2 + H 2 -► HCOOH 
HCOOH + CH 3 OH —> HCOOCH 3 + H 2 0 
HCOOCH 3 + 2H 2 -> 2CH 3 OH 

Another development is the electrocatalytic reduction of C0 2 to CO with gold 
catalysts followed by the bi-reforming reaction described above. 

Various concepts to implement a closed-carbon cycle (i.e., a long-term carbon 
dioxide cycle with broad use of regenerative solar energy) were described in a 
2011 review by Moller [245]. The review also proposes decentralised units that 
require C0 2 capture from the atmosphere (direct air capture) to use solar energy 
for conversions at any locations (see Fig. 4.83) [244]. 

A principal scheme to combine solar energy for hydrogen manufacture, C0 2 
capture and conversion to hydrocarbons (which can be methane, but also any other 
hydrocarbon including methanol) is shown in Fig. 4.84. 

The starting point of any use of C0 2 is the extraction from the various gas streams 
by means of regenerative scrubbing, absorption or adsorption processes, and sub¬ 
sequent conditioning as described in Sect. 4.5.1. Section 4.5.2 gives an overview of 
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G hydrogenation 
H water gas reaction 
K biofamning 

Fig. 4.84 Processes and carbon compounds in a closed-carbon cycle [240] 


the many ways to generate hydrogen, whereas Sect. 4.5.3 concentrates on nonfossil 
hydrogen manufacturing as a basis to use byproduct or excess hydrogen in the 
conversion of C0 2 into chemicals and fuels, specifically into methanol. 


4.5.1 CO 2 Separation from Natural Gas, Syngas, 
and Flue Gas 

Matthias Seiler and Jorn Rolker 

Evonik Industries AG Hanau, Rodenbacher Chaussee 4, 63457 Hanau-Wolfgang, Germany 
e-mail: Matthias.Seiler@evonik.com; e-mail: Joern.rolker@evonik.com 


When fossil fuels or any carbon-containing natural or synthetic product are 
combusted, C0 2 and water are produced. The great future challenge is to reverse 
this process towards an efficient and economic production of fuels, synthetic 
hydrocarbons and other materials from C0 2 and water [246, 247]. 
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Table 4.33 C0 2 sources [252] 


Source 

C0 2 partial pressure 

C0 2 fraction from acid gas scrubbing in ammonia or other synthesis 
gas plants or H 2 -generation plants 

1.0-1.2 bar 

C0 2 -containing off-gas from fermentation plants (e.g. breweries) 

0.9-0.95 bar 

C0 2 from underground deposits (also in mixtures with hydrocarbons) 

1-30 bar 

Natural gas purification plants, so-called sweetening plants 

1.0-1.2 bar 

Ethylene oxide plants 

0.8-0.95 bar 

Acid neutralisation plants 

~1 bar 

Lime and cement furnaces 

0.2-0.5 bar 

Flue gas 

0.09-0.11 bar 


To date, a large number of research projects have focused on methodologies that 
use C0 2 as building block for the synthesis of sustainable products [248-252]. In 
this context, the supply and recovery of C0 2 is an important topic. Prominent C0 2 
sources, where C0 2 separation processes are often applied, are listed in Table 4.33. 

Depending on the composition, temperature and pressure of the C0 2 -containing 
gas streams, different kinds of unit operations, such as absorption, adsorption and 
membranes, can be applied to separate C0 2 fur further use. This chapter focuses 
on C0 2 separation by means of absorption. After a brief state-of-the-art summary, 
new industrial results are presented describing the performance of novel high- 
performance absorbents [253] for acid gas removal. 


4.5.1.1 Introduction 

This section focuses on the use of amine systems for separating C0 2 from various 
gas streams, such as those typical for natural gas and synthesis gas purification or 
the field of carbon capture and storage (CCS). Generic amines such as trietha¬ 
nolamine (TEA), diethanolamine (DEA), diisopropanolamine (DIPA), mono-eth- 
anolamine (MEA) and methyldiethanolamine (MDEA) have been used for acid 
gas removal for decades. The utilised systems were constantly improved over the 
years to show a better performance in terms of stability, kinetics, or corrosion 
behaviour as well as the energy input for regeneration [254]. Although in the early 
years more or less pure aqueous amine systems were used, formulated solvents 
with special additives (specialty amines) such as corrosion inhibitors, defoaming 
agents, and kinetic activators evolved and were customised for special applications 
(e.g. selective removal of components, partial or bulk removal). 

In recent years, the focus of absorption process optimisation has been on 
energy-efficient processes, and solvents were used to realise drastic savings in 
regeneration energy. The immense research and development programmes for 
climate protection and CCS pointed out the need for optimised solvents and 
contributed to worldwide activities in the field of economical absorbents for 
postcombustion C0 2 removal from flue gases [255-260]. A broad range of 
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different kind of amines were suggested for gas sweetening applications, such as 
primary amines with low loadings but fast kinetics and high enthalpies of 
absorption, as well as sterically hindered or tertiary amines with slower kinetics, 
high cyclic capacities, and moderate enthalpies of absorption. Each class offers 
advantages and disadvantages. In the end, an optimal solvent needs to be specified 
for each application; the treated gas stream has individual characteristics (e.g. C0 2 
and/or H 2 S partial pressure, side components) and requirements (specifications). 

In the following sections, we discuss the requirements and challenges for the 
use of new amine systems for sour gas removal. After presenting a brief state-of- 
the-art summary including a description of the most relevant industrial challenges, 
we will describe the industrial progress in developing new absorbents. 


4.5.1.2 Acid Gas Removal 

State-of-the-Art Absorbents 

Currently, C0 2 absorption is back on the agenda. The identification of C0 2 as a 
greenhouse gas as well as demand for sustainability in the chemical industry have 
sparked enormous, often publicly funded research and development activities to 
identify energy-efficient solvents for CCS applications in the field of postcombus¬ 
tion flue gas treating [253]. Recently, several newly developed solvent formulations, 
mostly based on amine compounds, were introduced to gas-treating applications. 
However, so far in the CCS research no breakthrough has been achieved; even in the 
classical fields of operation such as gas sweetening of syngas and natural gas feeds, 
the demand for energy-efficient technologies calls for improvements. 

There are numerous different C0 2 removal processes available on the market. A 
proper decision about which is best suited should consider various criteria, such as 
the kind of treated gas stream (natural gas, syngas, flue gas), the partial pressure of 
carbon dioxide and the desired clean gas specifications. 

Figure 4.85 shows a basic process scheme for C0 2 separation by absorption. It 
consists of an absorber column where the sour gas is contacted with the lean 
absorbent in counter-current flow and the acid gases dissolve into the liquid phase. 
At the bottom of the absorber, the loaded solution (rich solution) is introduced to 
various flash vessels where the pressure is decreased and co-absorbed gas com¬ 
ponents are predominantly released (high-pressure flash), with a second flash at 
lower pressure to release a part of the acid gases (low-pressure flash). The vast 
amount of acid gases is drawn from the stripper, which is equipped with a reboiler 
to generate stripping steam and provide the regeneration energy for desorption of 
the acid gases. Finally, the regenerated lean absorbent is fed back to the absorber. 

There are different process technologies that make use of physical solvents, 
chemical solvents, or hybrid solvents (mixture of physical and chemical solvent). 
For each application, the proper choice of the solvent determines whether the 
separation process is economically feasible. In Table 4.34, different product 
specifications are listed. Together with additional information about the feed 
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Fig. 4.85 Typical process scheme for acid gas removal with chemical absorbents 


Table 4.34 Typical C0 2 specifications for various applications [254, 261] 


Gas stream 

C0 2 spec 

C0 2 partial pressure/kPa 

Additional impurities 

Natural gas 

Liquefied natural gas 

2-3 % (v/v) 

<50 ppmv 

50-700 

Hydrocarbons, H 2 S 

Syngas(oxo) 

10-100 ppmv 

200-2,900 

0 2 , S0 2 , HCN, H 2 S, 

Syngas (ammonia) 

<500 ppmv 


COS, C m H„ 

Flue gas 

85-95 % removal 

4-12 

NO x , S0 2 , 0 2 


composition and the C0 2 partial pressure, it is possible to make a preselection of 
the process technology for the separation. 

Processes with physical solvents are only applicable at higher C0 2 partial 
pressures. In comparison to chemical absorbents, lower solvent flow rates can be 
realised due to the higher solubility at high partial pressure of the sour gas. 
Therefore, equipment size is reduced (pumps, absorber, flash, piping), leading to 
lower capital expenditure (CAPEX) if additional equipment, such as for chilling 
the absorbent, is not needed. Nevertheless, the solubility of hydrocarbons in these 
kinds of solvents can be quite high [254]. Selectivity, such as between C0 2 and 
H 2 S, results from the different solubilities of the gases and is realised in processes 
such as Rectisol or Selexol, as shown in Table 4.35. 
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Table 4.35 Some state-of-the-art processes with physical solvents and hybrid solvents [254, 261] 


Process 

Solvent 

Solubility of hydrocarbons 

Physical solvents 

cyco 2 

c 2 /co 2 

c 4 /co 2 

Rectisol 

Methanol 

0.12 

0.56 

4.14 

Purisol 

Af-methyl-2-pyrrolidone 

0.07 

0.38 

3.47 

Fluor solvent 

Propylene carbonate 

0.04 

0.17 

1.75 

Selexol 

Dimethyl ether of polyethylene glycol 

0.07 

0.42 

2.33 

Hybrid solvents 





Sulfinol 

Sulfolane + DIPA or MDEA 

- 

- 

- 

Ami sol 

Methanol + secondary alkylamine 

- 

- 

- 

Solubilities @ 1 bar, 25 °C 





Ci = methane, C 2 = ethane, C 4 = butane 


Due to the low enthalpy of absorption of C0 2 , the solvent regeneration requires 
less energy input. A thermal regeneration step is only implemented in the case of 
tight product specifications. Due to the lower binding forces of the C0 2 , one or 
more flash stages with a simple pressure decrease are often sufficient (see 
Table 4.35 for different processes with physical solvents). Tennyson and Schaaf 
specify a C0 2 partial pressure of >690 kPa in the feed gas as a typical set point for 
physical solvents. In the off-gas, purities of 14 kPa C0 2 partial pressure can be 
obtained [262]. Chemical solvents can meet much tighter product gas specifica¬ 
tions and are always top on the list when lower C0 2 partial pressures are present in 
the feed gas. In the off-gas, the C0 2 content can be reduced to very low partial 
pressures (<1 kPa) [262]. However, this comes along with reasonable operational 
expenditure (OPEX) for the thermal solvent regeneration. Three contributions 
account for the total amount of heat that is supplied in the reboiler: 

1. Generation of water vapour as stripping steam 

2. Desorption of the C0 2 from the solvent 

3. Temperature increase of the entering liquid streams (rich solution, reflux) to 

boiling point conditions. 

The impact of these contributions on regeneration energy strongly depends on 
the kind of solvent [263, 264]. The influence of the solvent (high or low absorption 
enthalpy) on the total regeneration energy according to Rochelle is depicted in 
Table 4.36. A straightforward approach for a low reboiler duty would ask for a low 
enthalpy of absorption to minimise the regeneration energy. However, in terms of 
an overall process optimisation approach (e.g. if additional C0 2 compression is 
required), a solvent with a high absorption enthalpy allowing for a high temper¬ 
ature and high pressure regeneration might be beneficial because the expensive gas 
compression at lower pressures is not needed. An interesting study was undertaken 
by the Rochelle group, but so far, there are little results available that take into 
account the performance of the power plant and the impact of the steam extraction 
on a higher exergetic level on the efficiency of the power plant [264-266]. 
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Table 4.36 Qualitative comparison of stripper steam requirement for different kinds of chemical 
solvents [266] 


5 M amine 

Primary amine (%) 

Sterically hindered or tertiary amine (%) 

Cyclic capacity 

100 

167 

Enthalpy of absorption 

100 

60 

Stripping vapour (A) 

100 

183 

Desorption of C0 2 (B) 

100 

68 

Temperature increase (C) 

100 

36 

Total regeneration energy 

100 

78 


It is not astonishing that this kind of optimisation approach is discussed in the 
field of C0 2 removal from flue gases at power plants; in this special application, a 
further scale-up of the existing absorption process technology is necessary. Several 
technical challenges come along the way and special attention has to be given to 
the interaction between the absorption process and power plant. 

The proper choice of the solvent is a powerful tool for process optimisation. 
Absorbents such as sterically hindered or tertiary amines have higher cyclic 
capacities than primary amines due to the different reaction mechanisms. 

The cyclic capacity of the solvent accounts for the difference in C0 2 loadings 
after the absorber and the stripper and determines the solvent flow rate in the 
separation process. Large cyclic capacities allow for lower solvent flow rates, thus 
reducing the regeneration energy in the stripper and keeping the equipment sizes 
small. 

The simplified overall reaction mechanism is given below. It indicates that 
primary amines are limited to loadings of 0.5 mol C0 2 /mol amine, while sterically 
hindered amines and tertiary amines absorb 1 mol C0 2 /mol amine if one amine 
group is present. This mechanism leads to lower solvent flow rates and hence 
smaller equipment sizes. More detailed descriptions of the reaction phenomena 
can be found elsewhere [254, 267]. 

Primary Amines : 


2Ri - NH 2 + C0 2 <=>Ri- NH+ + Rj - NHCOCT 


Sterically Hindered and Tertiary Amines : 

RiR 2 R 3 - N + C0 2 + H 2 0 <=> R!R 2 R 3 - NH + + HCO^ 

If the carbon dioxide is trapped as a carbamate as in primary amines, this 
stronger fixation needs more heat in the reboiler to break up the weaker bonding in 
the bicarbonate, as can be seen in Table 4.36. The effect in terms of process 
optimisation was impressively realised in syngas application by revamping older 
monoethanolamine systems with the activated methyldiethanolamine and reducing 
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Table 4.37 State-of-the-art chemical absorbents [261] 


Solvent 

Absorption enthalpy (kJ/mol) 

Regeneration energy 

Absorption rates 

MEA/primary amine 

85 

High 

Fast 

AEE/primary amine 

- 

High 

Fast 

DIPA/secondary amine 

- 

Moderate 

Moderate 

DEA/secondary amine 

70 

Moderate 

Moderate 

MDEA/tertiary amine 

60 

Low 

Slow 


AEE Aminoethoxyethanol 


the heat requirements in the reboiler by a factor of 3.8 [268]. In a similar way, 
sterically hindered amines might benefit from the absorption process, as pointed 
out by Sartori and Savage [269]. In Table 4.36, the tertiary amine solution in the 
desorber consumes more stripping vapour in relation to the primary amine, but the 
overall energy requirement is far less for sterically hindered or tertiary amines than 
for primary amines. In this estimation, kinetics are not covered and it is not 
considered that tertiary amines have much slower absorption rates and need to be 
activated, but it is obvious that the specified chemical solvent plays a major role 
for process economics because the aforementioned contributions can be optimised 

[253] . 

From Table 4.37, it can be depicted that the amine formulations offer quite 
different features. It seems that it is nearly impossible to get an overall optimum 
solvent with fast kinetics, low regeneration energy and minimum solvent flow rate 
to meet the customer’s needs in terms of both low OPEX and low CAPEX. 
Subsequently, lots of different processes and technologies are available (see Ref. 

[254] ) that are very often specially designed for certain applications, such as 
individual gas feeds (the content of sulphur compounds) or desired separation 
tasks (selective H 2 S or nonselective sour gas removal) [254], and often use special 
solvent formulations. 

A further chemical absorption process that can be used to remove C0 2 and H 2 S 
is called the Benfield (Benson and Field) process. It was introduced by Benson in 
1952 and is licensed by Universal Oil Products (UOP) as an effective method to 
separate acid gases with widely available low-cost chemicals (i.e., potassium 
carbonate along with a corrosion inhibitor) [254, 296]. 

The basic process chemistry is based on the following reactions: 

K 2 C0 3 + C0 2 + H 2 0 2KHC0 3 

K 2 C0 3 + H 2 S KHS + KHC0 3 

The basic process equipment is similar to amine processes and consists of an 
absorber and desorber, but the absorber is operated at higher temperatures com¬ 
pared to amine processes (i.e., >90 °C), which helps to increase the rate of 
absorption. Because the C0 2 -loaded solution enters the desorber at nearly 
desorption temperature, no steam is required to heat the solution to the stripping 
temperature and no additional heat exchangers are needed. In addition, the 
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enthalpy of absorption of C0 2 with K 2 C0 3 is much lower compared to the reaction 
of C0 2 with standard amines such as monoethanolamine, which leads to a lower 
overall heat demand [254]. 

Since 1971, the usage of DEA as an activator has significantly improved the 
reaction kinetics and reduced the CAPEX [254]. In 2000, over 700 units world¬ 
wide were using the Benfield process to separate acid gases [297]. According to 
UOP, the Benfield process is best suited for C0 2 partial pressures of over 5 bar in 
feeds that need a high degree of purity [297]. 

In a typical Benfield process, a portion of the lean solution from the regenerator 
is cooled and fed into the top of the absorber, while the major portion is added hot 
at a point some distance below the top. This simple modification improves the 
purity of the product gas by decreasing the equilibrium vapour pressure of C0 2 
over the portion of solution last contacted by the gas. A somewhat more complex 
scheme termed “two-stage” has also been used for applications in which more 
complete C0 2 removal is required. In this modification, the main solution-stream 
is withdrawn from the stripping column at a point above the reboiler so that only a 
portion of the solution passes down through the bottom of the stripping column to 
the reboiler. Because this portion of the solution is regenerated by the total steam 
supply to the stripping column, it is thoroughly regenerated and is capable of 
reducing the C0 2 content of the gas to a low value. The main solution stream is fed 
into the midpoint of the absorber, while the more completely regenerated portion is 
fed at the top [254]. The aqueous potassium carbonate solution is very corrosive 
and therefore only runs safely in presence of V 2 0 3 as corrosion inhibitor using up 
to 35 wt% K 2 C0 3 . 

In the end, the best performance conditions of the process technology are 
obtained as a tradeoff between customer needs and featured solvent properties. 
Furthermore, there are other requirements concerning the targeted favourable 
solvent properties such as low corrosion rates, low viscosity, no foaming, high 
thermal and chemical stability (degradation), low price, high selectivity for C0 2 , 
low vapour pressure, no toxicity and low environmental impact. All the listed 
solvent properties have to match with the application and contribute to a proper 
solvent selection [253]. 


4.5.1.3 Requirements and Challenges 

There are different routes for process optimisation to achieve a more energy- 
efficient and more economical technology. Heat integration plays an important role 
(use of latent heat from the reflux condenser, internal heat integration). However, 
the right choice of solvent is crucial for OPEX because the key process parameters 
are determined by the utilised solvent. 
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Thermodynamics and Kinetics 

High loadings at absorber temperature are a prerequisite and many solvents offer a 
high solubility for C0 2 . However, at the same time, low loadings at stripper 
temperature are requested for a high cyclic capacity. It is the solvent flow rate that 
contributes first to the CAPEX when all sizes and geometries in the plant are fixed 
and second to the OPEX in terms of electricity demand for pumps and energy 
input for solvent regeneration. As discussed earlier, these needs favour tertiary or 
sterically hindered amines. At the same time, the higher molar masses of these 
compounds might limit the higher cyclic capacity on a molar basis. This issue 
leaves room for molecular optimisation/functionalisation of the targeted molecules 
to reach the best achievable ratio between C0 2 -active groups and the bulk 
structure of the molecule. Another tradeoff is found for sufficient absorptions rates 
together with high cyclic capacities. Tertiary amines have a high cyclic capacity 
but very slow absorption rates. New solvent formulations will have to offer both a 
high cyclic capacity and sufficient absorption rates. 


Regeneration Energy 

As discussed earlier, the regeneration energy for absorption fluids is influenced by 
different contributions that are related more or less to the solvent’s properties. The 
enthalpy of absorption is one important contribution; it has to be kept low. In 
amine systems, therefore, components should not directly react with C0 2 to form 
carbamates, but solve C0 2 as bicarbonates because these reaction mechanisms 
lead to lower regeneration energy demands [270, 271]. 


Makeup and Corrosion Behaviour 

Absorption plants with standard amines, such as ME A or DEA, suffer from a 
remarkable makeup demand because of solvent losses due to volatility and 
unwanted side reactions with C0 2 or oxygen (formation of heat stable salts) [272]. 
A strong tendency to react with side components also affords the reclaiming of the 
solvent with additional apparatuses and energy demand; hence, this should be 
minimised. Optimised systems with a high chemical stability, which are often 
found with tertiary and hindered amines, are advantageous [254]. 


4.5.1.4 Materials and Methods Used for this Contribution 

All experimental data were measured according to standard methods described 
elsewhere in the literature and will be only discussed briefly here [253]. Solubility 
measurements were carried out in stirred gas-liquid equilibrium autoclaves 
(stainless steel, 0.5 dm 3 , 0-2,000 kPa and a Biichi glass reactor, 0.5 dm 3 , 
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0-450 kPa). The method was already described by Shen and Li [273], and 
Dawodu and Meisen [274]. 

The solution (250 ml) was introduced to the evacuated cell and C0 2 was added 
with a flow metre until a specified pressure was reached. When the pressure was 
constant for 1 h, equilibrium was assumed and liquid samples (1.5 ml) were taken 
and analysed by the titration method described in Ref. [275]. The partial pressure 
of C0 2 was calculated by subtraction of the total pressure from the partial pressure 
of the aqueous amine solution. In case of subatmospheric pressure, the concen¬ 
tration of C0 2 in the liquid phase was calculated by means of the readout of the 
flow metre, taking into account the gas phase correction (amount of C0 2 in the gas 
phase when the total volume of the cell and the liquid volume are known). 
Absorption rates were determined by purging unloaded solution with a defined 
volume of C0 2 while the liquid and the gas phase were stirred at low stirrer 
speeds. By comparing the slope of the curve from the continuously recorded 
pressure loss versus time, a qualitative absorption rate is obtained [253]. 

All experimental procedures were tested with standard systems, such as mon- 
oethanolamine and methyldiethanolamine solutions. The enthalpy of absorption 
was measured in a calorimeter as described in Ref. [276]. Corrosion rates have 
been measured by using the standard test method for conducting potentiodynamic 
polarisation resistance measurements as described in ASTM G59-97el. Steel 
(1.0402) was used as material in the corrosion tests. 

The foaming behaviour was measured in terms of the Bikerman index 
(E = foam volume/volumetric gas flow [s]). The test cell setup was already 
described in Ref. [277]. The same amount of every unloaded solvent (700 ml) was 
used in the test cell and a water saturated nitrogen stream was bubbled through the 
liquid holdup using a frit for equal distribution of the gas in the liquid. The 
resulting height of the foam in the test cell was measured for different gas flows. 
Before a higher gas flow was specified, the system was allowed to reach a steady 
state in terms of height of the foam, which took 10-30 min. 

The materials employed were C0 2 (Air Liquide, 0.9998 purity in mole fraction) 
and deionised distilled water. The used amine compounds were introduced in Refs. 
[253, 278-283] and were utilised in the experiments as aqueous solutions. 


4.5.1.5 Results 

In this section, selected experimental data for a novel and highly competitive 
solvent system are discussed, which can overcome several limitations of the 
aforementioned state-of-the-art systems. Table 4.38 shows experimental solubility 
data for a new Evonik absorbent formulation [253] and compared to state-of-the- 
art solvents, such as aqueous solutions of MEA and MDEA. The Evonik absorbent 
offers a cyclic capacity that is twice as high as for MEA. Therefore, the solvent 
flow rate in the Evonik system can be drastically reduced. 

At the same time, other sour gases such as H 2 S show significant high loadings 
in the Evonik absorbent, especially compared to state-of-the-art absorbents such as 
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Table 4.38 Results for cyclic capacities of state-of-the-art and new Evonik absorbents 


Absorbent 

Cyclic capacity/mol C0 2 /kg absorbent 

Source 

MEA 

1.2 

[275] 

Promoted MDEA 

2.3 

Pitzer model 

Evonik absorbent 1 

2.4 

[253] 

Evonik absorbent 2 

2.6 



The cyclic capacity is given for isotherms between 40 and 120 °C at 1 bar. MEA = 30 wt% 
aqueous solution, Promoted MDEA = 3 wt% piperazine and 37 wt% MDEA, Evonik absor¬ 
bents = 30 wt% aqueous solution 


Fig. 4.86 Absorption 
isotherms of H 2 S in different 
absorbents at 40 °C. The data 
of the Evonik absorbent 2 
(filled square ) is given for 
30 wt% solution in water. 
MDEA (o) and Flexsorb 
SE™ (filled triangle ) are 
taken from [285] (2.5 molar 
amine solution) 



MDEA or Flexsorb SE, as depicted in Fig. 4.86. Even at low partial pressures of 
H 2 S, the Evonik absorbent will achieve remarkably high loadings up to 10 times 
higher than those of MDEA. It is well known that the acid-base reaction between 
H 2 S and an amine is much faster than reactions of C0 2 with amines (either 
carbamate formation or the acid-base reaction). Therefore, it is expected that the 
absorbent formulation will also be of great interest to selectively remove H 2 S with 
a high C0 2 slip and supply enriched sour gases to sulphur recovery units. Further 
field test investigations on absorption rates and the obtainable C0 2 slip are 
ongoing. 

As in absorption processes, the solvent in the absorber never reaches equilib¬ 
rium conditions, which is why the processes are kinetically limited. Therefore, 
absorption rates play a significant role and also have to be considered. As men¬ 
tioned previously, for example, MDEA can not compete with MEA without further 
activation. Because of the slower absorption rates, inactivated MDEA would not 
reach the high loadings in the absorber and could not use its high cyclic capacity 
[286, 287]. 
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Table 4.39 Results of the enthalpy of absorption for C0 2 in different absorbents at 40 °C 


Solvent 

Enthalpy of absorption (kJ/mol) 

Source 

MEA (30 wt%) 

-85 

[288] 

MDEA (50 wt%) 

-65 

[284] 

Evonik absorbent 1 (30 wt%) 

-30 

[253] 

Evonik absorbent 2 (30 wt%) 

- 



Table 4.40 Corrosion test results from the potentiodynamic polarisation resistance measure¬ 
ments with C0 2 -saturated solutions at 25 °C for typical carbon steel (1.0402) [253] 


Solvent 

Corrosion rate (mm/year) 

MEA (30 wt%) 

1.99 

MDEA (27.9 wt%) + piperazine (2.1 wt%) 

0.99 

MDEA (37.2 wt%) + piperazine (2.8 wt%) 

1.18 

Evonik absorbent 1 

0.21 

Evonik absorbent 2 

0.29 


As can be seen from the absorption results and the kinetic performance, the 
Evonik absorbent offers a unique opportunity to combine good kinetics with 
superior cyclic capacity. The lower enthalpy of absorption is one major advantage 
of MDEA that helped to replace ME A in many gas sweetening applications. The 
heat of reaction, the physical enthalpy of solution and the excess enthalpy of 
mixing contribute to the enthalpy of absorption. As discussed previously, this 
represents a major part of the regeneration energy that has to be supplied in the 
stripper. From Table 4.39, it can be seen that the Evonik absorbent has a con¬ 
siderably lower enthalpy of absorption compared to state-of-the-art solvents. This 
results in further energy savings in the regeneration of the solvent and makes the 
Evonik absorbent a highly energy-efficient and highly economically attractive 
alternative to state-of-the-art solvents such as MEA and MDEA. 

The solvent has to fulfil additional requirements, as outlined previously, in 
order to lower the OPEX of a separation plant. In this context, one important point 
is corrosion, which is still a serious issue for absorption plants. The corrosion 
potential of the Evonik absorbents is much lower compared to uninhibited MEA 
(by a factor of 7) or piperazine and MDEA mixtures (by a factor of 3.4; see 
Table 4.40). As a result, additional degrees of freedom from the choice of different 
materials for constructing the plant and the chosen corrosion inhibitor allow for a 
reduction in both capital and OPEXs [253]. 

To determine the tendency of foaming of the new absorbent formulation, the 
Bikerman index was calculated according to the experimental procedure described 
previously. The lower the number of the Bikerman index, the less is the foaming 
height of the system and hence the foaming tendency. Figure 4.87 plots the 
Bikerman index for a promoted MDEA (10 wt% Evonik promoter and 20 wt% 
MDEA) and the Evonik absorbent 2 versus the gas flow rate. It can be concluded 
that even at higher gas flow rates the Evonik absorbent 2 did not show any 
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Fig. 4.87 Foaming tendency 20 

of a promoted MDEA 18 

solution (10 wt% Evonik Jj 1 16 

promoter and 20 wt% “ 14 

MDEA) (square, triangle ) ■§ 12 

and of Evonik absorbent 2 () ”10 

without antifoaming agent. | 8 

The Bikerman index is © 6 

plotted versus the gas flow £ 4 

rate for different test runs at 2 

40 °C 0 

0 5 10 15 20 25 

Gas flow [Litre/h] 



tendency to foam, which results in a Bikerman index of zero. MDEA is known to 
cause frequent foaming problems in gas sweetening plants and thus has a high 
number on the Bikerman index (approximately 14.5). From various reports in the 
literature, it is well known that the solution tends to foam, especially at high 
concentrations of MDEA [254, 289, 290]. 

Recent field trials confirmed that the Evonik absorbent shows no foaming 
tendency, whereas promoted and pure MDEA solutions tended to foam and needed 
an antifoaming agent [253, 293, 294]. Although foaming is a complex matter and 
is basically influenced by various solution contaminants (water-soluble surfactants, 
liquid hydrocarbons, particles, heat-stable salts and a host of others), these 
encouraging results indicate that a common problem of gas-treating units might 
become less of an issue with these new high-performance absorbents. 

Here, results from an estimated process performance of the Evonik absorbent 
are derived based on the approach recently introduced by Hasse et al. [291]. By 
means of a modified Kremser equation, the absorber and the desorber are 
described and calculated on a simplified equilibrium-stage model that uses iso¬ 
therms at absorber and desorber temperature and caloric data (heat capacity, 
absorption enthalpy). The model predicts the minimum reboiler energy at an 
optimum solvent flow rate for given boundary conditions. The kinetics of 
absorption are not considered and a sufficient number of equilibrium stages is 
assumed. The calculation is based on a simplified absorber/desorber flow sheet 
without a flash but with an internal heat exchanger, as illustrated by Fig. 4.88. 

The feed gas enters the absorber at the bottom, and the lean solvent is fed at the 
top of the absorber, where the treated gas leaves the column with its C0 2 content 
reduced. The rich absorbent at absorber bottom is internally preheated and enters 
the desorber at the top. The reboiler at the bottom supplies the necessary heat for 
regeneration, which consists of parts for desorption enthalpy, stripping steam, 
heating of the solvent and heating of the condensate reflux. The boundary con¬ 
ditions for the calculations are given in Table 4.41. Table 4.42 depicts the nec¬ 
essary caloric data. Calculations were performed for a natural gas and a syngas 
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Fig. 4.88 Simplified process scheme for sour gas absorption used for the Kremser method (.AB 
Absorber, DB Desorber, HX1 Internal heat exchanger, HX2 Absorbent cooler, HX3 Condenser, 
HX4 Reboiler) 


Table 4.41 Boundary conditions for the calculation 


Parameter 

Value 

C0 2 separation degree 

90 % 

Absorber inlet temperature 

U 

o 

O 

Desorber inlet temperature 

110 °c 

Desorber pressure 

2 bar 

Desorber bottom temperature 

120 °C 

Equilibrium stages absorber 

10 

Equilibrium stages desorber 

15 


Table 4.42 Caloric data for the calculations for the 10 wt% piperazine 
mixture and the 30 wt% Evonik absorbent 

and 30 wt% MDEA 

Caloric data 

Value 

Enthalpy of evaporation of water 

2,210.6 kJ/kg 

Heat capacity of water 

4.197 kJ/kg K a 

Absorption enthalpy of 10 wt% piperazine and 30 wt% MDEA at 110 °C 

2,236 kJ/kg b 

Absorption enthalpy of 30 wt% Evonik absorbent 1 at 110 °C 

811.2 kJ/kg 

Absorption enthalpy of 30 wt% Evonik absorbent 2 at 110 °C 

1,817.5 kJ/kg 

Heat capacity of all absorbents 

4.048 kJ/kg K a 


a Because no heat capacity data was available for either the piperazine/MDEA mixture or the 
Evonik absorbent, the estimated data from Ref. [291] was applied 
b The value was taken from Ref. [292] and estimated for 110 °C [253] 
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Table 4.43 Natural gas and syngas feed used in the calculations [253] 


Natural gas feed 

Syngas feed 

15 mol % C0 2 

17 mol % C0 2 

1 mol % H 2 0 

0.3 mol % CO 

5 mol % N 2 

60 mol % H 2 

79 mol % CH 4 

22 mol % N 2 


0.5 mol % CH 4 


0.2 mol % Ar 

Total pressure =10 bar 

Total pressure = 36 bar 



Fig. 4.89 Results from calculation of modified Kremser equations for a 90 % C0 2 separation 
from a natural gas feed. The specific reboiler duty is plotted against the solvent flow rate for a 
mixture of piperazine (10 wt%) and MDEA (30 wt%) {square) and Evonik absorbent 1 (30 wt%) 
(filled triangle ) and for the Evonik absorbent 2 (30 wt%) (filled square ). 100 % equals 2.68 GJ/t 

co 2 


feed (see Table 4.43). As reference system, a mixture of piperazine (10 wt%) and 
MDEA (30 wt%) was chosen for a comparison with the Evonik absorbent 
(30 wt%). In both cases, for natural and for syngas purification, 90 % C0 2 
removal was specified to obtain an energetic comparison between the two 
absorbent systems in terms of specific reboiler duty. 

In Figs. 4.89 and 4.90, the specific reboiler duty (GJ/t C0 2 separated) is plotted 
against the corresponding absorbent flow rate to achieve 90 % C0 2 separation. It 
can be concluded that in the case of the Evonik absorbent 2, the flow rate can be 
reduced to 74 % (syngas) and 84 % (natural gas) compared to the reference system 
[253, 293, 294]. The specific reboiler duty even decreases to 80 % (both cases) for 
the Evonik absorbent 2, achieving remarkable savings in the reboiler’s steam 
consumption, which directly translates into lower OPEXs. For the calculation of 
the natural gas purification, the Evonik absorbent 1 also offers a 16 % reduction in 
absorbent flow rate and a drastic decrease of the specific reboiler duty, which 
amounts to 55 % compared to the reference absorbent. For all calculations, the 
superior thermodynamic properties, such as large cyclic capacities and lower 
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Absorbent mass flow rate 

Fig. 4.90 Results from calculation of modified Kremser equations for a 90 % C0 2 separation 
from a syngas feed. The specific reboiler duty is plotted against the solvent flow rate for a mixture 
of piperazine (10 wt%) and MDEA (30 wt%) {square) and for Evonik absorbent 2 (30 wt%) 
(filled square). 100 % equals 2.60 GJ/tC0 2 


enthalpies of absorption, allow for distinctive improvements in terms of energy 
efficiency. 

In absorption processes, the absorbent never reaches equilibrium and therefore 
the processes are kinetically limited. This means that absorption rates play a 
significant role, too, and have to be considered. MDEA, for example, cannot 
compete with MEA in terms of absorption rate without further activation to 
accelerate the mass transfer. An inactivated MDEA solution would not reach high 
loadings in the absorber and could not use its high cyclic capacity due to the 
slower absorption rates. 

In Fig. 4.91, the pressure decrease curves for various absorbents at 40 °C are 
shown. Based on these experimental results, one can calculate volumetric 
absorption rates as described by Vaidya and Kenig [295]: 


Ra • a = 


Vg d pa 
V l R'T d t 


The volumetric absorption rate ( R A a ) can be determined by the volume of the 
gas phase ( V G ), the volume of the liquid phase (V L ), the gas constant ( R '), the 
temperature (7) and the slope of the pressure curve. When all other parameters are 
kept constant, the kinetics of absorption are determined mainly by the slope in 
Fig. 4.91. MDEA is a tertiary amine and has the slowest absorption rate. At low 
activator concentrations, the absorption rates of the Evonik absorbent are in 
between the curves for a promoted MDEA solution. 

It can be summarised that energy-efficient absorbent formulations for separating 
carbon dioxide from gas streams such as natural gas, syngas, or flue gas are 
important for a number of industrial applications. In many cases, a substantial 
share of their costs is driven by the OPEX of the C0 2 separation unit. One possible 
strategy for reducing OPEX is the improvement of the absorbent performance. 
Although a number of absorbents for the separation of C0 2 from gas streams exist, 
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Fig. 4.91 Pressure decrease curves for various absorbents at 40 °C. ( circle ) 40 wt% MDEA, 
(triangle) 30 wt% MEA, (filled square ) 37 wt% MDEA/3 wt% piperazine, (filled circle ) 30 wt% 
activated new absorbent; (square) 33 wt% MDEA/7 wt% piperazine 


there is still a need to develop C0 2 absorbents with an improved absorption 
performance, less corrosion and foaming, no nitrosamine formation, lower energy 
requirements, and therefore less OPEX. A comparison of selected, recent industrial 
absorbent developments to state-of-the-art systems was introduced and discussed 
in this contribution. 


4.5.1.6 Summary 

In recent decades, there has been a shift from the formerly most widely used 
amines, such as MEA and DEA, to more energy-efficient absorbent formulations 
based on MDEA. This significant development started in the 1970s with BASF 
absorbents based on a proprietary mixture of MDEA and an activator to boost the 
kinetics of C0 2 absorption and meet tight specifications in the ppm range for C0 2 
and H 2 S. Meanwhile, a lot of other absorption technologies based on MDEA 
became available from companies such as Dow (Ucarsol), Ineos (Gas/Spec), Shell 
(ADIP X), Huntsman (Jefftreat) and Prosernat (AdvAmine). Furthermore, there are 
several proven technologies based on physical absorbents that have not been 
discussed in this chapter but can be found in various applications, such as acid gas 
removal from coal-based synthesis gas (Rectisol process from Lurgi and Linde 
using cold methanol). In the future, an advanced absorption technology will have 
to make use of an optimised absorbent chemistry (as indicated in this contribution) 
as well as further optimised processes to obtain suitable customised process 
solutions for more challenging removal tasks (e.g. higher sour gas content). 
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4.5.2 Hydrogen Generation: Overview 

Christoph Kiener 

Untergasse 2, 09599 Freiberg, Germany 
e-mail: christoph.kiener@gmx.de 


Hydrogen is the lightest atom and the most abundant element in the universe. On 
Earth, it is commonly found in compounds with other elements. As an isolated 
element, it exists as hydrogen gas, H 2 . Every chemistry textbook gives plenty of 
information on hydrogen properties, its formation, reactions, and use [298]. This 
chapter on hydrogen production methods focuses on some basic principles and the 
current state-of-the-art production technologies. It complements Sect. 4.4.1 (gen¬ 
eration of CO/H 2 = synthesis gas) and Chap. 8. 

In its chemical compounds, hydrogen can take different formal oxidation states: 
oxidised as +1, neutral as an H 2 molecule and —1 as hydride. The thermody¬ 
namically stable oxidation state depends on the environment where hydrogen is 
found. In all compounds in the biosphere, in the presence of oxygen, the oxidation 
state always is +1. Therefore, it always takes energy to generate molecular 
hydrogen H 2 or a hydride H _ in an environment as we are used to on our planet. In 
other environments, such as the atmosphere on the planets Jupiter and Saturn, 
which consist of liquid hydrogen, the energetic situation would be completely 
different. In this case, only molecular or hydridic hydrogen might be used as an 
energy carrier in biosphere conditions to release energy by oxidation. Despite this 
obvious fact, it is sometimes neglected in public debates about future energy 
concepts that claim liquid water is an abundant source of hydrogen on earth, which 
do not take into account the atom availability or the energy needed to convert it. 

To generate hydrogen from liquid water, it takes at least a formation enthalpy of 
285.9 kJ/mol (15.87 MJ/kg H 2 0; 12.76 MJ/m 3 standard temperature and pressure 
[STP] H 2 ), equal to 3.55 kWh/m 3 STP H 2 . For comparison, industrial water 
electrolysis usually consumes electrical energy of approximately 4.5-5.0 kWh e /m 3 
STP H 2 due to overvoltage and resistance loss. Also, for any other hydrogen 
production pathway, the energy input to make hydrogen is always higher than the 
energy return when using it as a fuel, which implies that production routes should 
be selected carefully. Nevertheless, hydrogen is attractive as an energy carrier due 
to its concentrated energy content. 

From a redox chemistry point of view, in all chemical reactions molecular and 
hydridic hydrogen always act as reduction agents, regardless of whether they are 
used as an energy carrier or a chemical reaction partner. Conversely, production of 
H 2 needs either a reduction agent that is being oxidised while releasing energy during 
the formation of H 2 or it needs other forms of energy (thermal, photo, electrical). 

Table 4.44 shows a set of reactions that are currently used in industrial pro¬ 
cesses and are well known as hydrogen generating reactions. Energy sources can 
either be the hydrogen-containing compound itself (methane POX), the energy 
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Table 4.44 Current and classical production methods for hydrogen H 2 generation 


Process/reaction 


Hydrogen 

source 


Redox 

partner 


Energy source 


C x H y /H 2 0 


C X Hy 


C x H y /heat 


Hydrocarbon Steam Reforming 

CH 4 + H 2 0 -> CO + 3H 2 

Partial oxidation 

CH 4 + 0 2 -> C0 2 + 2H 2 

Gasification of carbon feedstock 

C + 0.5O 2 + H 2 0 -+ C0 2 + H 2 

Kvaerner process 

CH 4 ^ C + 2H 2 

Electrolysis 

H 2 0 -> H 2 + 0.5O 2 

Historic Kipp gas generator 

Zn + 2HC1 (aq) -► H 2 + 2ZnCl 2 (aq) 

Metal water reaction (solar concept) 

Fe + H 2 0 (g) ^ H 2 + FeO 
Metal water reaction (solar concept) 

Zn + H 2 0 (g) -► H 2 + ZnO 

Metal water reaction (e.g. nuclear accident) 

Zr + H 2 0 (g) -> H 2 + ZrO 

Photolysis 

H 2 0 -► H 2 + 0.5O 2 

Thermolysis 

H 2 0 -> H 2 + 0.5O 2 


ch 4 

c>2 

CH 4 /heat 

h 2 o 

Q 

O 

C (0) 

ch 4 

ch 4 

Electric arc 

h 2 o 

h 2 o 

Electric potential 

HC1 acid 

Zn 

Zn (0) 

H 2 o (g) 

Fe 

Fe (0) /heat 

H 2 o (g) 

Zn 

Zn (0) /heat 

h 2 o 

Zr 

Zr (0) /heat 

h 2 o 

h 2 o 

X-ray, visible 
ultraviolet light 

h 2 o 

h 2 o 

Heat > 2,000 K 


50 

0 

-50 

-100 
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-250 
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Fig. 4.92 Gibbs free energies of formation of selected compounds (left) and reaction enthalpies 
for hydrogen-related (production as well consumption) reactions (right) [299] 


carrier (carbon/coal gasification), a reduced metal that is oxidised (Kipp gas 
generator; zinc/steam high temperature reaction), or an external source (heat, 
radiation, electric arc). 

In Fig. 4.92, Jiang et al. show the Gibbs free energy of formation for hydrogen 
and several chemical compounds related to hydrogen production and synthesis gas 
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reaction [299]. With the exception of some long-chain hydrocarbons, most other 
chemical compounds are thermodynamically more stable than molecular hydrogen 
(Fig. 4.92, left). This means that additional energy is needed to convert these 
compounds into molecular hydrogen. 

Any chemical reaction (conversion) is driven by the difference in the Gibbs free 
energy between the reactants and products of a chemical reaction under certain 
conditions, as shown by the Gibbs-Helmholtz relationship: 

AG° = AH 0 - TAS° (4.60) 

Hence, as shown in Fig. 4.92 (right), a large number of industrial-scale 
chemical manufacturing processes to produce hydrogen are operated on the basis 
of strongly endothermic chemical reactions. The steam reforming of hydrocarbons 
to yield synthesis gas (and hydrogen) is a prominent example: 

CH 4 + H 2 O^CO + 3H 2 AH 0 =+206.3 kJ mol -1 (4.61) 

On the other hand, reactions using hydrogen or synthesis gas for production of 
Fischer-Tropsch fuels, ammonia, or methanol are exothermic, which means that 
the product contains less energy than the educts used. 

Hydrogen (H 2 ) production in the environment of our planet is a process with 
three premises: (1) the source of hydrogen, (2) the need for energy input and (3) 
the need for a reduction equivalent. From an energy point of view, the use of a 
feedstock for hydrogen production will always be in competition with other energy 
application as fuel for mobility, heat, power generation or power storage, or 
production of chemical products, materials and food. The use of hydrogen in a 
hydrogen-energy economy always should be designed along a cradle-to-cradle 
lifecycle analysis as to determine the most efficient process routes. 

Production Methods for Hydrogen 

Hydrogen production methods are well described in major technical reviews [300]. 
Regarding the nature of the energy source, hydrogen production processes in 
technical applications may be grouped into different fields (see Table 4.45). 

Currently, established industrial processes mostly use fossil sources for 
hydrogen generation. Catalytic reforming in steam reformers and ATRs is the most 
common installed technology. Gasification of hydrocarbon residues as petroleum 
coke, heavy residues and coal is growing, especially in Asia due to limited access 
to natural gas. A minor source of hydrogen is yielded as byproduct from chlorine 
electrolysis plants. In the 1970s, there were also some plants for water electrolysis 
in areas with cheap and abundant electricity. With the development of a natural 
gas distribution system, this technology became more expensive; however, it 
might again become more interesting in future. 

Comparison of Current Hydrogen Production Methods 

Regarding their technical advances, hydrogen production technologies 
(Table 4.46) experienced some movement over the last decade [301]. Natural 
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Table 4.45 Energy sources for hydrogen production 


Energy source for hydrogen production 

Applied industrial processes 

Energy from oxidation of coal and 

Separation from coke oven gas 

hydrocarbons 

Noncatalytic gasification of coal and liquid or 
gaseous hydrocarbons 

Catalytic reforming of hydrocarbons in 
allothermal or autothermal processes 
Separation from refinery process streams 
Separation from petrochemical process streams 

Electrical energy/electrolysis 

Conventional water electrolysis 

Byproduct from other electrolysis processes 

Energy from high energy sources: radiolysis, 

Thermochemical water cleavage 

photolysis, thermolysis 

Thermochemical methane cleavage 

Photochemical or photoelectrical water cleavage 
Hydrogen formation in biological systems 

Other methods for the cleavage of water 
Thermolytic and radiolytic processes 

Energy from heat and the oxidation of metals 

Hydrogen from conversion of metals 

Energy from oxidation of other chemical 

Hydrogen from ammonia 

carriers 

Hydrogen from methanol 

Hydrogen from hydrogen sulphide 

Hydrogen as byproduct 

gas-based technologies have reached 

a high degree of maturity. Recent devel- 

opments only improve details or extend the technology to more “difficult” feed 
stocks and other applications (e.g. dry reforming of methane with C0 2 ). Coal 
gasification also is a mature and stable process, but it still offers potential for 
improvement regarding an increase of operability and reliability of the plant, as 
well as further increase in efficient use of fuel and utilities. Electrolysis processes 
for water electrolysis are in development to cover the needs of a highly dynamic 
load as well as of cost reduction for this technology. In a methanol manufacturing 

Table 4.46 Degree of development of hydrogen production technologies [301] 

Production process 

Status 

Steam reforming of natural gas 

Mature 

Catalytic decomposition of natural gas 

Mature 

Partial oxidation of heavy oil 

Mature 

Coal gasification 

Mature/R&D 

Steam-iron coal gasification 

R&D 

Static water electrolysis 

Mature 

Dynamic water electrolysis 

R&D 

Thermochemical cycles (pure) 

R&D 

Thermochemical cycles (hybrid) 

R&D 

Photochemical processes 

Early R&D 

Photoelectrochemical processes 

Early R&D 

Photobiological processes 

Early R&D 


R&D research and development 
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Table 4.47 Current fields of large-scale hydrogen applications 


Reaction 

Reaction 

partner 

Product 

Equation 

Ammonia synthesis 

N 2 

nh 3 

3H 2 + N 2 -► 2NH 3 

Methanol synthesis 

CO 

CH 3 OH 

CO + 2H 2 -► CH 3 OH 

Fischer-Tropsch 

CO 

-(CH 2 )- 

CO + 2H 2 -► -(CH 2 )- + H 2 0 

synthesis 

Hydrodesulphurisation 

R-S-R' 

R-H, R'-H, 

H 2 S 

R-S-R' + 2H 2 -> R-H + R'- 
H + H 2 S 

Hydrocracking 

R-CH 2 -R' 

R-CH 3 + H- 
R' 

R-CH 2 -R' + H 2 -> R-CH 3 + H-R' 

Hydrogenation 

R-CH=CH-R' 

R-CH 2 -CH 2 - 

R’ 

R-CH=CH-R' + H 2 -> R-CH 2 - 

ch 2 -r' 

Reduction 

R-(C=0)-R' 

R-(HCOH)-R' 

R-(C=0)-R' + H 2 ^ R-(HCOH)-R' 

Reduction 

r-no 2 

r-nh 2 

R-N0 2 + 3H 2 -* R-NH 2 + 2H 2 0 

Hydroformylation 

r-c=ch 2 , 

r-ch 2 -ch 2 - 

r-c=ch 2 + CO + h 2 ^ R-CH 2 - 


CO 

CHO 

ch 2 -cho 

Fuel cell 

o 2 

Electricity 

2H 2 + 0 2 -> 2H 2 0 

Welding torch 

o 2 

Heat 

2H 2 + 0 2 ^ 2H 2 0 

Metal surface 
protection 

MEO x 

(ME = Metal) 

ME 

MEO x + x/2H 2 ME + H 2 0 

Direct reduction of 

Fe 2 03 

Fe 

Fe 2 0 3 + 3H 2 -> 2Fe + 3H 2 0 

iron 

Internal combustion 
engine 

O 2 

Mechanical 

energy 

2H 2 + 0 2 -> 2H 2 0 

Hydrogen gas turbine 

o 2 

Mechanical 

energy 

2H 2 + 0 2 -> 2H 2 0 


chain, the majority of the hydrogen or synthesis gas manufacturing processes 
determine the overall investment costs, requiring strong focus on their reduction. 

Markets and Applications 

Close to 50 % of the global demand for hydrogen is currently generated via steam 
reforming of natural gas—about 30 % from oil/naphtha reforming from refinery/ 
chemical industrial off gases, 18 % from coal gasification, 3.9 % from water 
electrolysis and 0.1 % from other sources [301, 302]. Depending on customers’ 
needs and feedstock supply situations, small units are also being installed. 
Ammonia dissociation (the catalytic breaking of ammonia into hydrogen and 
nitrogen) and cleavage of methanol by low-temperature steam reforming are 
methods for remote locations without connection to the natural gas grid. Further, 
the supply from liquefied hydrogen by evaporation is a possibility to supply 
highest purity hydrogen in comparably small amounts [303]. 

Hydrogen is widely used in important industrial-scale chemical reactions 
(Table 4.47). For a long time, the main use was its reduction potential. In recent 
decades, hydrogen has also been discussed as an energy carrier for mobile 
applications (Fig. 4.93). 
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Refining 


H 2 Chemicals 


CO Chemicals 


Fig. 4.93 Hydrogen and synthesis gas-based market distribution for business segments in 2012 
[304] 


Hydrogen finds use in diverse applications covering many industries, including 
crude oil refining, manufacture of fertilisers and steel treatment. Ammonia syn¬ 
thesis is the major consumer of hydrogen. Often, there is a downstream process, 
such as ammonia being an intermediate to manufacture urea. Urea as a solid 
product can be transported more easily and is used as fertiliser or starting material 
for melamine polymer production. Other uses are for production of nitric acid and 
ammonium nitrate, and, of course, in chemical production sites for many different 
reactions. Crude oil refineries use hydrogen to enhance gasoline and diesel output 
and quality through hydroprocessing. Removal of contaminants, mainly sulphur, 
helps refiners to meet Clean Air Act requirements. 

The third major hydrogen consumer is the production of methanol, which 
increased in the last decade from 35 to 45 million tonnes/year. For methanol 
production, synthesis gas is used, which contains carbon monoxide as reaction 
partner with the required stoichiometric amount. Besides its classical applications 
(fuel additive methyl tert-b\\iy\ ether, formaldehyde, biodiesel methyl ester), 
methanol gains more use for production of dimethyl ether (heating gas; propellant, 
liquefied natural gas substitute), and as feedstock for condensation reactions to 
hydrocarbons (methanol-to-olefins, methanol-to-gasoline; see Sect. 6.4). 

Apart from these large-scale consumers, there are broad applications for 
hydrogen in different branches, making use of different properties of hydrogen. 
The food business uses hydrogen to hydrogenate liquid oils (e.g. soybean, fish, 
cottonseed and corn oils), converting them to semisolid materials such as short¬ 
enings margarine, and peanut butter. In metal production and fabrication hydro¬ 
gen, is used to serve as a protective atmosphere in high-temperature operations, 
such as stainless steel manufacturing. In aerospace, liquid hydrogen fuels space 
crafts, but it also powers life-support systems and computers, yielding potable 
water as a byproduct. 
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In electronics production, hydrogen creates specially controlled atmospheres in 
the production of semiconductor circuits. In power generation, hydrogen serves as a 
heat transfer medium for cooling high-speed turbine generators. In fuel cells, 
hydrogen is used as a fuel to power fuel cell generators that create electricity through 
an electrochemical process in combination with oxygen (see Sect. 6.5.2) [305]. 

Hydrogen Plants and Markets 

An economic study released in 2003, calculated using the U.S. dollar of 1990, 
shows the comparison of different hydrogen production technologies regarding 
scale and investment cost (see Fig. 4.94). Regarding CAPEXs, SMR is the 
cheapest method for large-scale applications; gasification units are two to four 
times higher in installation cost. However, feedstock for gasification is much 
cheaper and easier to transport than natural gas, especially for remote or less 
developed areas where no supply system for natural gas is installed. For very small 
production units, electrolysis is competitive by means of investment but suffers 
from high operating/electricity costs. 

As described by Armor, the 2003 global H 2 production was 480 billion m 3 STP 
(17.0 trillion SCF) with a growth of approximately 10 % per year [308]. 

The market can be split into on-purpose/captive, on-purpose/merchant and 
byproduct market segments. U.S. demand for merchant H 2 in 2003 was 14 bil¬ 
lion m 3 STP (502 billion SCF) [309, 310], which was 67 % of the global merchant 
H 2 sales or approximately 16 % of total U.S. H 2 production. The merchant H 2 
market does not include the H 2 produced by a number of captive production 
operations, such as within methanol plants (9 % of global H 2 consumption), for the 
production of NH 3 (57 % of global H 2 consumption), or used internally (such as 
for hydrodesulphurisation in refinery processes). It is estimated that it would take 
600 million tonnes/year (6.6 trillion m 3 STP, 233 trillion SCF of H 2 /year) to 
satisfy a global energy market based only on H 2 , which is about 14 times more 
than the total amount of H 2 produced at present globally [311]. Such a large gap in 
H 2 production capacity can only be filled by uncommitted H 2 (the merchant sales), 
new plants and/or a totally new production process. 
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Fig. 4.95 The world’s largest hydrogen grid in the Gulf of Mexico. Feed-in hydrogen plants are 
marked as small dots 


Currently, hydrogen represents a market of roughly US$50 billion for about 
40 million tonnes of annual production. Prospects of future population increase 
with the consequence of an increased requirement for food; various commodities 
will also increase the requirements for hydrogen [312]. 

Driven by aspects of a reliable and continuously available hydrogen supply, 
some highly industrialised areas developed hydrogen pipeline supply systems that 
connect numerous consumers with several feed-in production facilities. In the 
United States, the world’s biggest supply system connects the Houston petro¬ 
chemical area in Texas with the Baton Rouge and New Orleans chemical sites in 
Louisiana. In 2012, a new 180-mile long pipeline connector became operational to 
connect these two grids. This hydrogen pipeline supply network stretches from the 
Houston Ship Channel in Texas to New Orleans. This integrated pipeline system 
unites over 20 hydrogen plants and over 600 miles of pipelines. It supplies the 
Louisiana and Texas refinery and petrochemical industries with over 1.2 billion 
cubic feet of hydrogen per day [313]. 

Furthermore, in the Texas area between Houston and Beaumont, the world’s only 
commercial hydrogen storage facility is being operated. Located in Liberty County, 
Texas, the facility will use an underground storage cavern. The underground hydro¬ 
gen storage cavern, surrounded by a salt dome, is integrated into a 310-mile Gulf 
Coast hydrogen pipeline system. The hydrogen storage cavern system is designed to 
meet refiners’ planned and unplanned hydrogen demand by providing online, backup 
supply [314]. Such peak-shaving systems significantly increase the on-demand 
availability of hydrogen during periods of peak demand. The Gulf Coast pipeline 
network will then be able to supply 700 million cubic feet per day of hydrogen on a 
steady-state basis, with peaking capacity of 800 million cubic feet per day (Fig. 4.95). 

As shown in Table 4.48 similar hydrogen supply systems can be found in 
Europe, mainly in the Benelux/Rhine Ruhr area, northern France and around the 
Leipzig/Halle chemical complexes. In combination with an already existing 
refurbished pipeline with some new connectors, a hydrogen pipeline grid could be 
built that is more than 1,000 km in length. 
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Table 4.48 European hydrogen pipeline networks and their operators [315] 


Operator 

Network name 

Length (km) 

Transit countries 

Length (km) 

Air liquide 

North Europe 

949 

Netherlands 

187 




Belgium 

613 


Dunkerque 

14 

France 

303 


France East 

37 




France Centre East 

57 




France South East 

42 




Le Havre 

4 




Ruhr 

240 

Germany 

240 


Monthey 

2 

Switzerland 

2 


Priolo 

6 

Italy 

6 


Sub total 

1,351 

Sub total 

1,351 

Linde (BOC) 

Leuna-Bitterfeld 

135 

Germany 

135 


Teesside 

35 

United Kingdom 

35 


Sub total 

170 

Sub total 

170 

Air products (Sapio) Rozenburg 

50 

Netherlands 

50 


Teesside 

5 

United Kingdom 

5 


Porto Marghera 

2 

Italy 

2 


Sub total 

57 

Sub total 

57 

Others 

Stenungsund 

18 

Sweden 

18 

TOTAL 


1,596 


1,596 


4.5.3 Hydrogen Production: Water-Splitting Technologies 
with Renewable Energy 

Eric Weingart and Martin Bertau 

Institute of Chemical Technology, Freiberg University of Mining and Technology, 
Leipziger Strafe 29, 09599 Freiberg, Germany 
e-mail: martin .bertau @ chemie. tu-freiberg. de 


Hydrogen is, besides carbon dioxide, the basic resource for methanol production in 
the carbon capture and utilisation (CCU) process and therefore has to be pro¬ 
ducible at low cost. Today, hydrogen is chiefly obtained by dehydrogenating fossil 
resources or producing synthesis gas from the latter. The simplest available 
resource for hydrogen is water, which can be split into hydrogen and oxygen: 

2H 2 0^2H 2 + 0 2 A r H = 572 kJ/mol (4.62) 

By using renewable energy, various technologies of water splitting can be 
applied, which are summarised in Table 4.49. Hybrid technologies such as high 
temperature electrolysis (HTEL) are also possible. Furthermore, biological 
approaches with or without sunlight are still the subject of current studies. Because 
methanol can be produced directly from biomass via synthesis gas or fermentation, 
hydrogen generation of from biomass will not be discussed here. 
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Table 4.49 Water-splitting technologies with renewable energy 


Technology 

Geothermal 

Solar 

Water power 

Wind power 

Electrochemical 

x a 

X 

X 

X 

Photochemical 

- 

X 

- 

- 

Photoelectrochemical 

- 

X 

- 

- 

Piezoelectrochemical b 

X 

X 

X 

X 

Pyroelectrochemical 

X 

X 


- 

Thermochemical 

X 

X 

- 

- 


a Via power from steam turbines 

b Additional contribution by using vibration energy from versatile plant sections 


4.5.3.1 Electrochemical 

Water splitting by electrolysis is the most common technology for hydrogen gen¬ 
eration from water and is the only one operating on an industrial scale. In 2009, 4 % 
of the worldwide production of hydrogen was realised by water electrolysis [316]. 

By means of electric power, water is split into the elements hydrogen and 
oxygen, which are co-deposited at cathode and anode, respectively: 

Cathode: 2H 2 0 + 2e“ H 2 + 20H“ (4.63) 

Anode: 2H 2 0 -> 0 2 + 4H + + 4e“ (4.64) 

Depending on the technology, water is used as liquid or as steam. For the 
different electrolysis technologies, a distinction is made between low-temperature 
electrolysis (LTEL) and HTEL. Only the former is common, and it is further 
distinguished between alkaline electrolysis (AEL) and proton-exchange membrane 
electrolysis (PEMEL). Research is currently examining HTEL to decrease the 
decomposition voltage by substituting a part of the electric power by heat. 

Additional research with the aim of decreasing electric power uptake for water 
splitting has been undertaken in combination with photo-electrochemically active 
electrodes. Under the influence of sunlight, they build up an electrochemical 
potential to another electrode, which can be standard equipment. Another possi¬ 
bility is the conversion of waste kinetic or thermal energy into power by piezo¬ 
electrochemical and pyroelectrochemical active substances to produce an 
additional amount of hydrogen by electrolysis [317]. Attention should be paid to 
the crystalline direction of the substances in order to produce spatially divided 
hydrogen and oxygen. However, exploratory studies at the Institute of Chemical 
Technology at Freiberg University of Mining and Technology have unambigu¬ 
ously proven hydrogen formation to occur in an alternating thermal field [318]. 

Alkaline Electrolysis 

AEL is the oldest known electrolysis technology and is usually conducted in an 
aqueous solution of 30 % KOH at 80-90 °C. During the process, hydroxide ions 
migrate through the diaphragm from cathode to anode: 
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Fig. 4.96 General setup of 
alkaline electrolysis. 1 — 
electrodes, 2—diaphragm, 

3 —gas-fluid-separator [319] 



H?Q 


Cathode: 2H 2 0 (I) + 2e“ -► H 2 + 20H“ (4.65) 

Anode: 40H" -► 0 2 + 2H 2 0 + 4e“ (4.66) 

The electrodes are usually nickel based due to its resistance against corrosion in 
this environment. Thus, neither expensive special alloys nor noble metals have to 
be used. The electrolysis cell itself has low investment costs and a long lifetime. 
Disadvantages arise from the liquid electrolyte, which is very corrosive against 
other parts of the installation and negatively affects the reaction kinetics of gas 
formation. In addition, the concentration of the electrolyte has to be controlled and 
adjusted constantly, hence requiring a more complex plant setup. The major 
drawback for its use with fluctuating renewable energy, such as wind power, is the 
poor partial load properties and the lag time for startup and shutdown of the 
electrolysis plant (Fig. 4.96). 

Recent developments in the field of advanced AEL comprise augmentations of 
the active electrode surfaces by using porous electrodes, better catalyst systems 
that support the redox reactions at the electrodes, higher temperatures to decrease 
the decomposition voltage, less complex plants to decrease investment costs, and 
the usage of anion exchange membranes (in comparison with PEMEL) instead of 
liquid electrolyte solutions [320, 321]. 

Proton-exchange Membrane Electrolysis 

Acidic electrolysis requires a proton exchange membrane, allowing for protons to 
migrate from anode to cathode (Fig. 4.97): 

Cathode: 4H+ + 4e“ -► 2H 2 (4.67) 

Anode: 2H 2 0(I) -► 0 2 + 4H+ + 4e“ (4.68) 

The advantages of PEMEL compared to AEL include the compact setup, higher 
power efficiency and higher power density, which result in higher production rates 
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Fig. 4.97 General setup of 
proton-exchange membrane 
electrolysis [321] 



Fig. 4.98 General setup of 
solid-oxide electrolysis cells. 
1 —electrodes, 2—solid oxide 
electrolyte [324] 



for hydrogen per cell. Moreover, the partial load properties are better, so the plant 
is suitable for fluctuating power from renewable resources. However, the applied 
membranes are expensive and therefore imply higher investment costs and limited 
long-term stability [321, 322]. 

High-temperature Electrolysis 

Under high temperatures, decomposition voltage of water and overvoltage at the 
electrodes decrease while ion conductivity increases, which has made HTEL the 
focus of current research [323]. The electrolysis works at >800 °C in solid-oxide 
electrolysis cells (SOECs), where oxide ions migrate from cathode to anode 
(Fig. 4.98): 


Cathode: 2H 2 0(g) + 4e“ -> 2H 2 + 20 2 “ (4.69) 

Anode: 20 2 “ ->• 0 2 + 4e“ (4.70) 

To obtain pure hydrogen, it is necessary to separate it from steam. This could be 
avoided if proton conductors were used (e.g. PEMEL). However, it was shown that 
they conduct oxide ions at high temperatures as well, which so far cannot be 
sufficiently suppressed [325]. 

To generate heat and electricity for SOECs from renewable resources at the 
same time, concentrated sunlight could be used. For these purposes, sunlight is 
concentrated by reflectors and is guided through a ray separator, which reflects 
heat radiation and allows visible light to pass. The heat radiation is concentrated in 
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Fig. 4.99 Photochemical 
hydrogen production. 
Sensitiser activate electrons 
with photons, Catalyst A 
donating electrons for proton 
reduction, Catalyst B 
collecting electrons for water 
oxidation [326] 



a steam generator for a SOEC, while the electricity is provided from photovoltaic 
(PV) cells, which are located behind the separator and convert the visible light. 
With this technology, conversion rates up to 40 % for solar-to-hydrogen appear 
within reach in the near-term future [326]. 


4.5.3.2 Photochemical 

As an alternative to electrochemical methods, it is possible to split water with 
sunlight only. The advantage is the direct use of sunlight without the roundabout 
way of electrolysis. However, supporting reagents are required to supply the 
electrons generated by photons for H + reduction as well as to absorb electrons 
from O 2 oxidation. A photochemical system consists of a sensitiser for photon 
absorption and two catalysts for the redox reaction (Fig. 4.99). Nevertheless, 
hydrogen and oxygen are not produced separately and conversion rates range 
below 1 % [326]. 


4.5.3.3 Thermochemical 

Thermal water splitting into its elements could be realised with geothermal heat 
(<600 °C) and solar thermal heat (<3,000 °C) with different technologies 
(Fig. 4.100). 

Direct thermal water splitting is not practicable due to the required temperatures 
of >2,500 °C and simultaneous generation of hydrogen and oxygen. Therefore, 
more than 300 thermochemical and hybrid electrochemical-thermochemical pro¬ 
cesses via supporting reagents have been developed up to now. In the centre of 
interest are (1) the hybrid Cu-Cl cycle process (Fig. 4.101) for geothermal plants 
[327], (2) the S-I cycle process (Fig. 4.102) and (3) the hybrid sulphur cycle (HyS) 
process for solar thermal plants. The HyS process generates hydrogen via elec¬ 
trolysis of an aqueous solution of sulphur dioxide (S0 2 ). The produced sulphuric 
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Fig. 4.100 Number of thermochemical cycles required for 100 % water splitting, depending on 
temperature [327] 


Fig. 4.101 Hybrid Cu-Cl 
cycle with electrochemical 
step and drying step at 


100-200 °C 



Fig. 4.102 Thermochemical 
S-I cycle 



acid is decomposed at 800-1,000 °C to give sulphur dioxide, thus closing the loop 
[326]. 

Currently, there is no process that is working on an industrial scale, but 
promising technologies are being developed, such as the Hydrosol-3D (based on 
MeO x cycle) or HycycleS (based on S-I and HyS cycle projects). The main 
advantage of solar thermal water splitting technologies is their superior use of solar 
energy with a conversion rate of up to 45 % in comparison to 16 % for electrolysis 
combined with PVs (rj = 20 % for PV and 80 % for electrolysis) [326]. 


4.5.3.4 Biological 

There are three major concepts for producing hydrogen with biological/bio¬ 
chemical methods: 

1. Biological WGS reaction with purple bacteria 

2. Fermentation with bacteria like Enterobacter aerogenses 

3. Photosynthesis with cyanobacteria or green algae. 
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1. Cyanobacteria 

H 2 0:q£ Photosystem I—► Photosystem II—► Ferroxidin—► [CH 2 0] n 

[CH 2 0] n —► Photosystem I—*► Ferroxidin—► Nitrogenase—► H 2 

2. Green algae 

H 2 0 Photosystem II—► Photosystem I —► Ferroxidin —► Hydrogenase —► H 2 

Fig. 4.103 Hydrogen generation mechanism of cyanobacteria and green algae 

A disadvantage of bacteria-based technologies is the substrate required for 
consumption, which competes with the direct biomass gasification to methanol. 
Additionally, it is possible to use bacteria that produce methanol directly. 

“ Water-Gas Shift” Reaction 

It is a well-known fact that purple bacteria produce hydrogen under anaerobic 
conditions. In 1976, Uffen cultivated bacteria called Rodopseudomonas sp. that 
produce hydrogen and C0 2 from CO and water in darkness using complex organic 
media [328]. Later, Rubirivivax gelatinosus was discovered to not require complex 
media and be applicable in hollow-fibre batch reactors. The generated hydrogen is 
CO-free and could be used in fuel cells directly [329]. The CO for this reaction can 
be produced by methanogenic bacteria, by which the methane is photocatalytically 
oxidised to CO [330]. However, methane is directly used or for methanol synthesis 
(steam reforming), so this process will only be adopted in niche applications where 
CO is formed as an exhaust gas. 

Fermentation 

Some bacteria produce hydrogen with organic substrates in anaerobic environment: 

[CH 2 0] n —>■ ferredoxin —> hydrogenase —> H 2 (4.71) 

This is a generally well-known process by which the fermentation to hydrogen 
can also be transferred on existing facilities. Compared to purple bacteria, the 
hydrogen is generated from an organic substrate, which is in competition with the 
direct methanol fermentation. 

Photosynthesis 

The usage of cyanobacteria or green algae for hydrogen generation is a promising 
objective because it is the biological variant of the photochemical pathway (see 
Sect. 4.5.3. 2). Depending on the microorganism, there are two different reaction 
schemes (Fig. 4.103): 

Because cyanobacteria need a lot of energy to fix nitrogen where hydrogen is 
only produced as a byproduct, it is necessary to keep down the nitrogen concen¬ 
tration. Green algae only produce hydrogen for a short time in an anaerobic 
environment because their hydrogenase is very sensitive to oxygen [329]. 
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Table 4.50 Summary of the discussed technologies for water splitting by renewable energy 


Technology 

Pro 

Contra 

Alkaline 

High conversion efficiency, long 

Insufficient partial load behaviour 

electrolysis 

lifetime, easy setup, universally 
usable, proven technology, 
available for large plants 


Proton-exchange 

High conversion efficiency, good 

High investment costs, only available 

membrane 

partial load behaviour, 

for small plants, low lifetime 

electrolysis 

universally usable 


High-temperature 

Decrease of electricity with usage 

High requirements for materials, still 

electrolysis 

of heat 

under research 

Photochemical 

Easy setup 

Separation of hydrogen and oxygen 
needed, low conversion efficiency 
(<1 %) and lifetime [326], still 
under research 

Thermochemical 

Usable as a hybrid technology with 
electrolysis, high conversion 
efficiency of sunlight 

Still under research 

Piezo/ 

Still under research 

pyroelectrochemical 

Use of vibration and waste heat 

Biological 

Easy setup 

Low production rates, high need for 
research, concurrence with 
biomass gasification and 
methanol fermentation 


4.5.3.5 Conclusion 

The advantages and drawbacks of the technologies discussed in this chapter are 
summarised in Table 4.50. Because recent research in LTEL technologies resulted 
in rather low optimisation steps, thermochemical and thermoelectrochemical 
technologies appear to be highly promising for further developments. 


4.6 The Catalysis of Methanol Synthesis 

Friedrich Schmidt 1 , Norbert Ringer 2 and Ludolf Plass 3 

1 Angerbachstrasse 28, 83024 Rosenheim, Germany 

2 Clariant Products Germany GmbH, Ottostrafie 3, 80333 Munich, Germany 
3 Parkstrafie 11, 61476 Kronberg, Germany 


4.6.1 Catalysts for the Synthesis of Methanol 

Basically, there are three requirements for catalyst performance: 
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• Activity 

• Selectivity 

• Stability. 

Numerous variables in the production of methanol synthesis catalysts influence 
the performance. 

Catalysts for High-pressure Methanol Synthesis 

Since the beginning of the industrial methanol synthesis in the 1920s, methanol was 
produced from synthesis gas by operating at 25-35 MPa and 300-450 °C using a 
catalyst system consisting of zinc oxide stabilised by chromium oxide although a 
more active Cu-based catalyst was known already at that time [331, 332]. The 
reason was that the zinc oxide/chromium oxide catalyst was much more stable for 
the sulphur and chlorine compounds present in synthesis gas at that time [333-337] 
than was the copper catalyst. In the 1950s, synthesis gas with higher purity was 
available, so the production of methanol using zinc oxide/chromium oxide catalysts 
in a high-pressure process was replaced by a new generation of copper-containing 
catalysts with higher activity, better selectivity and hence better economy. For a 
detailed discussion of high-pressure methanol synthesis catalysts, see Hoppener 
et al. [336]. 

Catalysts for Low-pressure Methanol Synthesis 

All catalysts for low-temperature methanol synthesis are based on copper com¬ 
posites, mainly copper, zinc and aluminium phases. Alternative Cu-based catalyst 
systems can be obtained by Al leaching from Cu/Al alloys, yielding Raney-Cu 
catalysts with high surface areas [338-343]. Other catalyst systems, which were 
developed starting in the 1980s, are based on noble metals [344]. Already in 1928, 
the first catalyst for methanol synthesis based on palladium was claimed [345]. 
However, until today, none of the new noble metal combinations published gained 
industrial attention. Due to the significantly higher catalyst costs without 
improvements in the overall performance, the use of these catalyst systems in 
commercial methanol production plants is unattractive. 

Experimental and theoretical studies on model catalysts of both single-crystal 
and polycrystalline Cu have demonstrated methanol synthesis over pure Cu using 
C0 2 and H 2 as reagents (see Ref. [346] and references therein), but the relevance 
of model studies for the performance of commercial catalysts is limited. Supported 
noble metal, in particular Pd-based catalysts, have also been developed. Yet, a 
completely different family of catalysts based on alkali metal-promoted MoS 2 was 
found to be active for methanol synthesis, although their selectivity for other 
alcohols is substantial. Their application for the synthesis of higher alcohols is as 
attractive as alkali-promoted copper/zinc systems. 

The low-pressure catalysts for industrial production of methanol from synthesis 
gas were pioneered by ICI in 1966, who discovered a method of preparing suffi¬ 
ciently stable Cu catalysts. This copper oxide/zinc oxide catalyst was thermally 
stabilised with alumina. It was used to convert synthesis gas to methanol [347]. 
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For the application of this catalyst, the synthesis gas has to be essentially free of 
sulphur and chlorine compounds (H 2 S <0.1 ppm). Besides the performance and 
thereby commercial benefits of the new catalyst system, the breakthrough for the 
use of this catalyst system was induced by the new purification systems and 
the new reforming technologies that were developed at the same time and fulfilled 
the required feed purity. 

The methanol synthesis using this extremely active catalyst system could be 
carried out at 220-230 °C and 5 MPa, thus avoiding aging caused by sintering of 
copper at high reaction temperatures. The high selectivity of the new catalyst 
provided a methanol purity of >99.5 %. In addition, due to the low operating 
temperature of the new process, the formation of byproducts (e.g. dimethyl ether, 
higher alcohols, carbonyl compounds and methane) was significantly reduced. 

Production of Catalysts for the Low-pressure Synthesis of Methanol 

Industrial Cu/ZnO-based catalysts used in low-pressure methanol (LPM) synthesis 
plants are prepared by a co-precipitation method with Cu-rich molar compositions 
of Cu/Zn near 70/30 [348]. Copper-zinc-aluminium phases are obtained as metal 
hydroxycarbonates or nitrates by coprecipitation of aqueous metal salt solutions 
(e.g. nitrates), usually at constant pH, with an alkaline solution containing sodium 
carbonate and/or aluminate. During the precipitation process at constant p H , 
temperature is controlled. This is followed by a controlled aging procedure. In the 
case of binary Cu/ZnO catalysts, this procedure has a strong impact on the activity 
of the resulting Cu/ZnO catalysts [349-352]. The superior activity of Cu/ZnO 
catalysts obtained from precipitates aged for more than 30 min was shown to 
correlate with the increasing microstrain in the copper nanoparticles [353]. The 
microstain could also be observed in the ternary system. 

The quality of the final ternary Cu/ZnO/Al catalyst is determined by the opti¬ 
mum composition of the metal components, the precipitation temperature, the pH 
used for precipitation, aging time, aging temperature and the sequence of metal 
salt additions. 

The precipitated and aged catalyst precursors (largely metal hydroxycarbon¬ 
ates) are filtered off from the mother liquor, washed free of troubling ions (e.g. 
sodium) and dried at approximately 120 °C. Examples of such hydroxycarbonates 
are malachite (Cu 2 C0 3 (0H) 2 ), rosasite ((Cu,Zn) 2 C0 3 (0H) 2 with a copper to zinc 
ratio of 3:2) [354-356], hydrozincite (Zn 5 (C0 3 ) 2 (0H) 6 ) and aurichalcite 
((Zn,Cu) 5 (C0 3 ) 2 (0H) 6 )). There are many different preparation procedures [357]. 
A typical preparation procedure was described by Ladebeck et al. in U.S. Patent 
4,535,071, and another procedure was described by Yamagishi et al. [358] After 
tableting, the basic carbonates are transformed into oxides by endothermic calci¬ 
nation processes [359, 360]. The decomposition temperatures of the precursors 
range from approximately 250-475 °C [334, 336, 349, 361-363]. After a con¬ 
ventional reduction, porous aggregates of Cu and ZnO nanoparticles (NPs) are 
formed, plus low amounts of alumina as structural promoter. 
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Table 4.51 Commercial catalysts for methanol synthesis 


Company 

Catalyst 

Country 

Clariant/Sud-Chemie 

Megamax 700 and Megamax 800 and Megamax NJ-1 

Germany 

Johnson Matthey 

Katalco Apico 51-9 

United Kingdom 

Haldor Topspe 

MK 121 and MK 151 Fence 

Denmark 

Mitsubishi Gas 

M5-5, M6 

Japan 


This type of catalyst is characterised by a high Cu-to-Zn ratio, with >50 mol % 
Cu (metal base), approximately spherical Cu NPs of a size around 10 nm, and ZnO 
NPs that are arranged in an alternating fashion to form porous aggregates [364]. 
These aggregates expose a large Cu surface area of up to approximately 
40 m 2 g _1 . 

Properties 

All currently used low-pressure catalysts comprise copper oxide and zinc oxide 
with one or more stabilising additives (Table 4.51). 

Most of today’s commercial catalysts are based on the Cu-Zn-Al system and 
prepared by coprecipitation, with a Cu:Zn atomic ratio in the 2-3 range and minor 
alumina amounts [365]. In the unreduced form, the MK-121 catalyst from Topspe 
contains >55 wt% CuO; 21-25 wt% ZnO, 8-10 wt% A1 2 0 3 in the fresh catalyst, 
graphite, carbonates and moisture balance [366]. Also the Clariant (formerly Siid- 
Chemie) Megamax series catalysts are reported to be constituted of CuO/ZnO/ 
A1 2 0 3 [367]. The most frequently used composition is as defined in U.S. Patent 
4,535,071 [368], in which the atomic ratio of copper to zinc lies between 2.8:1 and 
3.8:1. Uneven distribution of copper and zinc is claimed, for instance, in 
WO03053575, in which the Cu/Zn-atomic ratio for the entire catalyst is about 2.3, 
but in the interior part of the catalyst particle the atomic ratio is 0-2.8 and in the 
external is 2.9-3.5 [369]. 

The commercial catalysts usually are shaped into tablets of 6 x 4 mm (e.g. 
MEGAMAX-800 and MK-121) or alternatively 5.3 x 5.1 mm (Katalco 51-9). 
The bulk density (i.e., the catalyst mass per volume of oxidic catalyst) is of the 
order of 1,200 kg/1, but it may also be up to 1,300 kg/1 (Katalco 51-9). Before use, 
the oxidic catalyst has to be reduced (generally after loading) by conventional 
methods. 

The increasing diversity of converter types, feedstock and operating conditions 
of today’s methanol production industry has caused the need for tailor-made 
catalysts. However, due to the high commercial risk of the megascale of methanol 
production, tailor-made catalysts are still in the development stage. 

The Active Site 

The question of why catalysts containing copper, zinc and aluminium ions are 
superior to other compositions has been answered but is still very controversial. 
Also, the nature of the active site on Cu/ZnO-based catalysts is still not compre¬ 
hensively understood. A review of literature, written mostly by authors from 
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Fig. 4.104 High-resolution 
transmission electron 
microscope image of a 
conventionally prepared Cu/ 
Zn/Al catalyst 



Denmark or Japan, has been given by Hansen and Hpjlund Nielsen [370]. Other 
articles are cited in a publication by Behrens et al. [371]. The authors have shown 
how to identify the crucial atomic structure motif for the industrial Cu/Zn0/Al 2 0 3 
methanol synthesis catalyst by using a combination of experimental evidence from 
bulk, surface-sensitive and imaging methods collected on real high-performance 
catalytic systems in combination with density functional theory calculations. 
Figure 4.104 shows a high-resolution transmission electron micrograph of a 
selected area of a conventional catalyst analysed by the Behrens group. According 
to the team of authors, the active site consists of Cu steps decorated with Zn atoms, 
all stabilised by a series of well-defined bulk defects and surface species that need 
to be present jointly for the system to work. 

The chemistry of the Cu/ZnO catalyst previously studied in simple model 
systems, such as in the form of accurately gauged copper islands on a completely 
flat surface of zinc oxide, is completely different from a catalyst used in chemical 
reactors in industry. The industrial catalyst presents a sponge-like conglomeration 
of innumerable beads that are just 10-nm in size, which sometimes consist of 
copper and zinc with a small amount of alumina. Until a few years ago, the state of 
knowledge was that the actual reaction takes place exclusively on copper. In 
addition, chemists assumed that they need to only give the copper a great surface 
to increase its activity. The zinc oxide was believed for to play only the role of a 
spacer that prevents the copper particles under reaction conditions to agglomerate 
into larger spheres with relatively small surface areas. 

With a high-resolution transmission electron microscope, individual copper and 
zinc atoms could be detected inside a small section of the conglomerate. It is 
known that the catalyst works properly only when containing lattice defects. Small 
defects in the crystal lattice of the copper particles manifest themselves as kinks on 
the surface, valleys and peaks. Just these defects bind the reactants and the 
intermediates of the methanol synthesis in an optimal way to finally yield 
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methanol. However, an analysis of the individual atoms of the copper-zinc oxide 
sponge confirmed an assumption that was occasionally published: the zinc oxide is 
not only located in nanoparticles of the stabiliser phase, which separated the 
copper particles from each other, but it also crawls on top of some of the copper 
particles, forming a disordered deposit of a few atomic layers. Individual zinc 
atoms may even migrate into the copper lattice. As the calculations have shown, 
the oxygen-containing intermediates of the reaction to methanol are bound on the 
zinc atoms better than on the copper atoms. Because of this higher stability of the 
intermediates, they are formed more frequently. Hence, the catalyst performs 
better, because the energetic hurdle from the intermediate products back to the 
starting molecules has become higher than to the final product. 

All catalysts containing copper, zinc and alumina phases differ only slightly in 
terms of overall technical performance. However, in megamethanol plants, minor 
differences in terms of technical performance translate into multimillion differ¬ 
ences in terms of value. 


4.6.2 Methanol from Synthesis Gas 

4.6.2.1 Chemistry of Methanol Synthesis 
Stoichiometry 

The reactions that are involved in the production of methanol from various syn¬ 
thesis gases are as follows: 

CO + 2H 2 ^ CH 3 OH AH R(298K ,50bar) = -90.7 kJ/mol (4.72) 

C 0 2 + 3H 2 ^ CH 3 OH + H 2 0 AH R(298K ,50bar) « -40.9 kJ/mol (4.73) 

The synthesis of methanol from carbon monoxide and carbon dioxide are tied 
through the WGS reaction: 

CO + H 2 0 ^ C0 2 + H 2 AH R(298K ,50bar) = -42 kJ/mol (4.74) 

The reaction enthalpy AH R(298k? 50 bar) [372] refers to 298 K and 50 bar, whereas 

the standard enthalpy of reaction (denoted A R H _ ) is the enthalpy change that 
occurs in a system when 1 mol of matter is transformed by a chemical reaction 
under standard conditions. Reactions 4.72 and 4.73 are exothermic and are 
accompanied by a decrease in volume. Reaction 4.74 in its forward direction is 
mildly exothermic. In principle, the methanol formation is therefore favoured by 
increasing pressure and decreasing temperature, with the maximum conversion 
being determined by the equilibrium composition. 
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Component Balance 


A^MeOH = —An C o ~ An C o 2 (4-75) 

Anu 2 o = —Anco 2 (4-76) 

Anu 2 = 2Anco + 3A/?co 2 (4.77) 

Averts = 0 (4.78) 

Xco = A/ico/^co,o => Anco = Xco • ^co,o (4.79) 

Xco 2 = An C o 2 /nco 2 p => An c o 2 = X C o 2 • ^co 2 ,o (4.80) 

=> An H2 = 2X C o * nco,o + 3X C o 2 • nco 2 ,o (4-81) 


Real feeds do not contain only CO and H 2 . One way to account for the WGS 
reaction in Eq. 4.74 is to define a stoichiometric number SN as 


SN = (mol H 2 - mol C0 2 )/(mol CO + mol C0 2 ) (4.82) 

The stoichiometric number (SN) of the synthesis gas required for methanol 
synthesis should be 2.0, which is different from the molar ratio H 2 /CO. However, a 
small increment in hydrogen that increases the SN to 2.05 and even to 2.08 has 
been found to improve catalytic performance, leading to more efficient production 
of methanol [373] (see also Sects. 4.3.2.4 and 4.3. 6.1). Generally, the syngas 
produced from different sources covers an array of feed gas compositions (CO- 
free, CO-rich, or hydrogen-rich syngas), and consequently the stoichiometric value 
has to be adjusted by the WGS reaction. The synthesis gas from gasification (e.g. 
of coal) is rich in CO. The optimum syngas composition can be reached by a 
partial conversion of CO by high-temperature WGS followed by the removal of 
C0 2 or by addition of H 2 from synthesis purge gas. Because the rate of the 
methanol synthesis reaction can be improved by additional C0 2 in the synthesis 
gas, the balancing of the stoichiometry of the makeup gas (MUG) can improve the 
performance of the methanol production and selectivity. 

Thermodynamics 

Equilibrium Constant 

If Eqs. (4.72) and (4.74) are regarded as independent reaction routes, the con¬ 
version of carbon dioxide to methanol (Eq. 4.73) is the overall result of Eqs. (4.72) 
and (4.74). Then the equilibrium constant K 2 can be described as K 2 = K\ • K 3 . 
Furthermore, when the nonideal behaviour of gases under reaction conditions is 
taken into account, the equilibrium constants may be recorded as follows: 


/ch 3 oh 


^ch 3 oh 

Pcn 3 oh 

fc cfn 2 


_ ( Pco ( Ph 2 _ 

PcoPh 2 


(4.83) 
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K 3 


/co/h 2 o 



PcoPn-iO 

_/co/h 2 _ 


_<Pco 2 ^h 2 _ 

_Pco 2 Ph 2 . 


(4.84) 


where/ is the fugacity, cp t the fugacity coefficient and p t the partial pressure of the 
ith component. 

Influence of Temperature 

Many numerical formulations have been applied for calculating the temperature- 
dependent equilibrium constants K\ and K 3 . In general, the results do not match. 
Hansen and Hpjlund Nielsen [370] summarised the state of the discussion. For 
high temperatures, the equilibrium of the methanol formation reactions is 
restrictive and the reverse water-gas shift (RWGS) reaction is governing the 
product distribution, indicated by a net CO formation from C0 2 . 

For ideal gas behaviour, the temperature dependence of the equilibrium con¬ 
stants can be calculated by the following correlations [374]: 


/ 9 143 6 

Ki(T) =9.740 x 10“ 5 • exp(21.225 + ’ ' - 7.492 • ln(r) + 4.076 

x 10“ 3 • T- 7,161 x 10“ 8 • T 2 ) (4.85) 

for the reaction CO + 2H 2 ^ CH 3 OH and 


K 3 (T) = exp( 


5,639.5 . 4 

13.148--- 1.077 •ln(7’)+ 5.44 x lO" 4 


x 10" 7 • T A + 


49,170 \ 


T 2 


) 


T+ 1,125 

(4.86) 


for the reaction CO + H 2 0 ^ C0 2 + H 2 with: T [K]; p [Pa]. 

For real gases (gas phase reactions at a reaction pressure over 10 bar), the 
above-mentioned correlations must be corrected by the means of fugacity coeffi¬ 
cients of each individual component. The fugacity coefficients can be obtained by 
different approaches [375-377]. 

For the calculation of the equilibrium conversions, the equation of state model 
of Soave-Redlich-Kwong (SRK) frequently is used [376, 378], where also the 
interaction of the components in the gas mixture is taken into consideration 
(mixing rules). 

A number of numerical formulations exist for calculating the temperature- 
dependent equilibrium constants K x [379-386] and K 3 , [384, 385, 387]; their 
results differ widely [379]. A standard model widely used for process simulations 
was given by Graaf et al. in [384]. 


5,139 


log K x 


T 


- 12,621 


(4.87) 
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Fig. 4.105 Temperature 
dependence of equilibrium 
constants for principal 
reactions [388] 
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As previously mentioned, the reactions 4.72 and 4.73 are exothermic and 
accompanied by a decrease in volume. Methanol formation is therefore favoured 
by increasing pressure and decreasing temperature. However, at lower tempera¬ 
tures the rates of the reactions are lower, which requires relatively high temper¬ 
atures. Unfortunately, this leads to even higher pressure requirements. However, 
operating at higher pressure involves higher capital investment, greater energy 
demands, and more severe operational conditions. Additionally, at higher tem¬ 
peratures the catalyst requires higher thermal stability towards deactivation. For all 
these reasons, the once-through conversion (or single-pass conversion) of the 
synthesis reaction is kept low. Therefore, the recycle ratio needs to be higher. By 
recycling the unconverted syngas back to the methanol converter, the overall 
conversion and hence the process economics can be improved. Typical commer¬ 
cial operating conditions are 220-270 °C and 50-100 bar, which is close to critical 
point of pure methanol (i.e., approximately 240 °C and 80 atm). 

The temperature dependence of equilibrium constants for principal reactions is 
shown in Fig. 4.105 [388]. 

The WGS reaction (Eq. 4.74) plays an important role in all processes in which a 
synthesis gas is involved. This is partly due to the fact that the equilibrium of the 
WGS reaction in the range of 20-1,000 °C, compared to the other synthesis gas 
reactions, is only slightly dependent on the temperature. Moreover, because the 
values of equilibrium constants in the large temperature range considered are 
relatively low, the reaction can easily proceed in the reverse direction by only 
small changes in the composition or partial pressure of the species involved. 
Furthermore, because typical WGS reaction catalysts have a very similar com¬ 
position to the methanol synthesis catalysts, the latter also catalyse the WGS 
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Fig. 4.106 Thermodynamic 
equilibria for methanol 
synthesis from syngas 
2H 2 + CO = CH 3 OH. 

© Sandia [392] 
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reaction. The WGS equilibrium “can be very easily reversed in terms of its 
direction by the concentration of water in the reactor feed stream. Even 5 mol % 
of water in the feed syngas stream of H 2 /CO = 3:1 is more than sufficient to affect 
the direction of WGS reaction at 250 °C and 75 atm. Under this specific cir¬ 
cumstance, the WGS reaction proceeds in the forward direction. In the case of 
H 2 0-free feed, otherwise under nominally the same condition, the WGS reaction 
proceeds in the reverse direction [388].” Because of the reversibility of the WGS 
reaction (RWGS) over a wide range of process conditions and hence the impact of 
the WGS on the resulting product compositions, the WGS reaction equilibrium is 
an important problem in designing steam reformer, methanol reformer, as well as 
methanol synthesis reactors and reactors for the formation of dimethyl ether 
(DME) from synthesis gas or from methanol [388]. 

In practice, per-pass conversions for methanol from syngas are significantly less 
than theoretical. Reported conversions range anywhere from only 15-25 % [389] 
to as high as 40 % [390] or 50 % (with advanced catalysts) [391]. One limiting 
factor is the exothermicity of the reaction, which drives a temperature increase. 
The temperature increase suppresses the potential conversion, but conversion may 
also be intentionally limited to minimise the increase. 

Influence of Pressure 

From Eq. 4.74, it can be concluded that if the pressure of the reaction is increased, 
the conversion of CO also increases; however, the increase is not very substantial 
above a pressure of 80 atm. For instance, in Fig. 4.105, the equilibrium yields 
from 2:1 H 2 :CO mixtures are shown as a function of temperature and pressure. As 
indicated in the figure, operating conditions for the current technology are pres¬ 
sures of 50-100 bar and temperatures of approximately 250 °C. These conditions 
can theoretically result in per-pass methanol yields in the range of 55-75 % [393] 
(Fig. 4.106). 
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Kinetics 


As discussed by Lim et al. [393] and literature cited therein, it is still unknown 
whether methanol formation generally proceeds via CO hydrogenation or via C0 2 
hydrogenation. Experiments reveal that the presence of C0 2 in high concentrations 
does not necessarily lead to a lower activity (see Sect. 4.8). 

Under industrial process conditions, the reaction is only slightly influenced by 
internal mass transport. According to Seyfert et al., the effectivity factor is between 
1 and 0.65 for 538-518 °K at 80 bar [394]. Lommerts et al. showed that the rather 
simple Thiele modulus approach is sufficient to estimate the influence of mass 
transport on the overall reaction rate [395]. 

Graaf et al. [396, 397] developed a kinetic model considering both CO and C0 2 
hydrogenation as well as the WGS reaction (Eqs. 4.72-4.74). This model is based 
on the Langmuir-Hinshelwood-mechanism and the kinetic equations of the ele¬ 
mentary steps of each reaction. They ended up with 48 possible reaction schemes. 
By this model, a wide range of experimental conditions can predict the methanol 
process performance with sufficient accuracy. 

Space-Time Yield 

The space-time yield (STY) of a reaction vessel (reactor) is the amount of a 
product formed in a reactor of a certain volume (space) and in a particular time, 
expressed for example in t of product per cubic metre per year or kilograms per 
litre per second (1 metric tonne = 2,204.6 lb). The expression is used only in 
terms of continuous reactors. In heterogeneously catalysed reactions, the term STY 
is either based on the volume (STY) of a catalyst or on the mass of a catalyst 
(weight-time yield), such as kilogram of product formed per kilogram of catalyst 
per hour [398]. 

Space-Time Yield 


STY = 


m[t \product m p [t • h ! ] h p M p 

V[m 3 ]catalyst • t[h \time on stream V cat V cat 



Vn reactorinlet gas [Nm 3 xh x ] 


(4.91) 
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STYMeOH = — ’ V " T MMeOH - -L . (Ycovco.o + Yco 2 vco 2 ,o) (4.94) 

V cat 


with: 


4^MeOH 

32.042 x 10 3 kg/mol 

Pn 

1.013 x 10 5 Pa 

t n 

273.13 K 

R 

8.314 J/mol K 


STY Me oH = 1 -429 • 1(T 3 • SV • (Z co jco,o + Xco 2 yco 2 ,o) (4.95) 

In laboratory experiments, the volume of the catalyst V Ka t is usually determined 
from the measured mass by means of the bulk density, with both referring to the 
oxidic material. The commercial catalysts are supplied by volume; however, 
depending on the specific catalyst supplied, the catalyst may exhibit different bulk 
densities—also but not only due to different tablet sizes. When comparing different 
catalysts with respect to their performance, the volume of the working catalyst has 
to be considered, particularly when prereduced and oxidic material is compared. 
Due to the shrinking during the reduction of the oxidic catalyst prior to be con¬ 
tacted to synthesis gas, the volume of the operating catalyst differs from the 
volume of the oxidic catalyst. Normalisation to weight-time yield is necessary to 
compare different catalysts with respect to their performance. In this case, the 
calculated weight of the water formed upon reduction can be taken into account. 
An even more meaningful normalisation is to relate the performance to the number 
of moles of copper present in the reactor. 


4.6.2.2 Byproduct Formation 

With all commercially available Cu/Zn0/Al 2 0 3 catalysts for LPM synthesis, 
methanol is produced with selectivity (referred to the CO x in the feed), typically 
above 99 %. According to the possible direct CO hydrogenation reactions [399] 
shown in Table 4.52, traces of several byproducts cannot be avoided. This is 
remarkable because all of the byproducts normally found, except formaldehyde 
and formic acid, are thermodynamically much more favoured products than 
methanol. This fact elucidates the importance of the particular physical, chemical 
and topological catalyst properties. All of the previously described reactions are of 
an exothermic nature and are equilibrium reactions. The direct hydrogenation 
reactions have different values of the rate-limiting free energy of activation, 
resulting in different reaction rates at the same temperature and pressure. Because 
catalysts influence the free energy of activation, it is obvious that the preferred 
reaction path can be influenced by choosing the right catalyst. 

Other byproducts are ethers (mainly DME) [400, 401] and ketones [402]. 
Dimethyl ether formation is greatly inhibited by the presence of water. Ketones are 
present in very small amounts in crude methanol. Catalyst impurities such as alkali 
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Table 4.52 Byproducts through direct CO hydrogenation reactions 



Ratio of 
CO:H 2 

Loss (%) as 

h 2 o 

CO + 2H 2 —► methanol 

1:2 

- 

2CO + 2H 2 -> acetic acid 

1:1 

- 

2CO + 2H 2 -> methyl formate 

1: 1 

- 

2CO + 4H 2 -» ethanol 

1:2 

28 

3CO + 6H 2 -> propanol 

1:2 

38 

2CO + 3H 2 -> ethylene glycol 

2:3 


4CO + 8H 2 -> isobutanol 

1:2 

50 

2CO + 4H 2 -► ethylene 

1:2 

56 

16CO + 33H 2 —► n-hexadecane, representative for Fischer- 
Tropsch 

1:1.2 

56 


(higher alcohols), iron, cobalt and nickel (via typical Fischer-Tropsch reactions) 
can boost the byproduct formation. If the alumina component of the catalyst is too 
acidic, methanol can further react to form DME. Furthermore, because all com¬ 
mercial catalysts contain minor residual amounts of alkali, the formation of higher 
alcohol is possible. According to Hansen [403], when using conventional catalysts 
for the synthesis of methanol, higher alcohols are formed, preferably in CO-rich 
synthesis gas compared to C0 2 -rich synthesis gas: 1,200-1,400 ppm ethanol 
versus 150-300 ppm ethanol in C0 2 -rich syngases [403]. 

According to Eq. 4.4.14-16, the methanation is another possible reaction, but it 
needs a completely different catalyst. Methane is not a byproduct. 

CO + 3H 2 ^ CH 4 + H 2 0 AH° = -205 kJ/mol (4.96) 


4.6.2.3 Catalyst Deactivation 

All structural properties of methanol synthesis catalysts, particularly the physical 
and chemical environment of the active sites, are crucial for the performance of the 
catalyst during the entire catalyst service life. However, these structural properties 
are significantly influenced and changed by the process conditions [404-406]. 

Poisoning 

The primary deactivation mechanism for methanol synthesis catalyst is poisoning 
by trace levels of sulphur and chlorides in the feed gas because all methanol 
synthesis catalysts are copper based. Any constituent in the feed gas that reacts 
with copper acts as a poison. Sections 4.3 and 4.4 described how to avoid poi¬ 
soning of a copper catalyst. Here, only a brief summary is given. 

The sulphur content in the synthesis gas (or nitrogen circulation) should be less 
than 0.05 ppmv as H 2 S. Sulphur that exceeds 0.8 wt% on the catalyst deactivates 
the catalyst completely. Chlorine in any form, such as Cl 2 , HC1, or R-Cl, is a 
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strong poison to the methanol synthesis catalyst. Copper chloride sinters quickly, 
which reduces active copper surface area of the catalyst. Chlorine should be 
excluded completely from the system. The chlorine content in the synthesis gas 
should be at a nondetectable level. Chlorides that are more than 500 ppmw on the 
catalyst deactivate the catalyst completely. 

In addition, solid particles, such as dust in the feed and trace metals physically 
block the catalyst surface and lead to premature deactivation of the catalyst. If iron 
in the form of iron carbonyls is carried onto the methanol synthesis catalyst, this 
catalyses the Fischer-Tropsch reaction and consequently byproduct formation 
increases. Iron and other heavy metals also block the active sites of the catalyst, 
thus reducing activity. Nickel has a similar deleterious effect on the catalyst 
performance. Any carryover of lubricating oil should be avoided because it is well 
known that these heavy hydrocarbons have a deactivating effect on methanol 
synthesis catalysts. 

Steaming of methanol synthesis catalyst must be avoided because it leads to an 
accelerated growth of copper crystals and deactivates the catalyst prematurely. In 
C0 2 -rich synthesis gases, the deactivation is caused by water, formed via the 
reversed WGS reaction. The higher water partial pressure destroys the matrix of 
the catalyst, which allows the copper crystallites to sinter more rapidly. 

Oxygen can also be considered as poison because contact of oxygen with the 
reduced catalyst leads to partial re-oxidation followed by subsequent reduction by 
the process gas. These redox reactions affect the structure of the catalyst and lead 
to premature loss in crushing strength and rapid increase in pressure drop. This can 
also lead to thermal sintering, with the consequence of loss in active copper 
surface area. 

Thermal Damage 

To a lesser extent, the catalyst is also deactivated by changes in the copper crystals 
caused by thermal stress. Sintering results in the formation of larger copper 
crystallites. Even in the absence of poisons, methanol synthesis catalysts undergo 
relatively fast deactivation. More than one-third of the activity is lost during the 
first 1,000 h of operation [403, 405]. In particular, the high temperature sensitivity 
of the catalyst requires controlled conditions during reduction as well as during 
operation in order to avoid changes of the active site or accelerated sintering of the 
copper particles. The sintering process has been reviewed by Hansen and Hpjlund 
Nielsen [370]. The overall catalyst lifetime of an industrial catalyst for the 
methanol synthesis is found in practice to be at least 4 years, but was claimed to 
approach even 8 years [407]. The catalyst lifetime considerably influences the 
operational costs of a methanol plant. 

Deactivation studies of a methanol synthesis catalyst under industrial conditions 
were published by Lpvik [408] and by Rahimpour et al. [409]. 
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Fig. 4.107 Methanol loop 
[411] 



4.6.3 Makeup Gas 


In commercial processes, the unconverted syngas is recycled back to the methanol 
converter for enhancing the overall conversion, thereby improving the process 
economics [410]. The synthesis loop for the methanol synthesis is shown in 
Fig. 4.107. 

The loop balance is given by the following with MUG being makeup gas: 


Recycle ratio: 0 = 


recycle 


MUG 

R x = MUG + recycle —> recycle = R x — MUG 
R x - MUG R x 


Flows: O = ; 


or: O + 1 


MUG 

R x 


MUG 


- 1 


MUG 


The concentrations for component i can be described as follows, demonstrating 
concentrations of component i in the MUG: 
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Table 4.53 Specific makeup gas consumption for different synthesis gas processes 


Process 

Makeup gas consumption (kmol/10 6 t) 

Gasification (residual oil) 

95-105 

Combined reforming 

110-120 

Steam reforming with C0 2 addition 

120-130 

Steam reforming without C0 2 addition 

140-150 


The MUG analysis composition depends on the synthesis gas generation 
technology. MUG can be characterised by its stoichiometry number SN, which is 
defined as (H 2 - C0 2 )/(C0 + C0 2 ). 

Most of the worldwide methanol production is based on synthesis gas generated 
from steam reforming of natural gas or naphtha. Depending on the reforming 
process, there is a wide variety of MUG compositions with varying stoichiometric 
numbers (SN’s). To adjust the SN of a steam-reforming process gas, C0 2 can be 
added. The addition of C0 2 decreases the byproduct formation across the catalyst 
and the amount of MUG needed per tonne of production due to a better SN (see 
Sect. 4.3). 

The addition of carbon dioxide can reduce the SN of the MUG gas to the 
optimum level of 2.04-2.06, resulting in significantly more methanol production 
for each unit of MUG fed to the loop. A disadvantage of this type of operation is 
the additional amount of water that is produced. This water can have an effect on 
the methanol synthesis catalyst. The distillation system has to be able to handle the 
additional water if carbon dioxide is added to the reformer effluent. Development 
of newer methanol synthesis catalysts, such as Sud-Chemie’s C79-5GL and 
Clariant’s (formerly Sud-Chemie AG) Megamax series, has minimised the effect 
of the additional water on catalyst performance. A source of carbon dioxide also 
has to be available. The quantity needed in a large methanol plant usually means 
that the plant has to be located adjacent to or near one or more large ammonia 
plants [410, 412]. The MUG produced by the Lurgi combined reforming process 
(tubular steam methane reformer combined with oxygen-blown ATR) results 
directly in the optimum SN of 2.05. Typical synthesis gas compositions from 
steam reforming are shown in Table 4.53. 

POX of natural gas, heavy residual oil, or coal results in an MUG that is very 
rich in CO but contains little C0 2 and inert gases. It is necessary to treat such a 
process gas with CO shift conversion followed by C0 2 removal and a sophisticated 
cleanup system to adjust the SN and to remove the relatively high amounts of 
sulphur and heavy metals in the feedstock (see Sects. 4.3 and 4.4). Independent of 
the loop design, the MUG composition determines the specific MUG consumption. 
MUG is a measure of the plant efficiency and also affects byproduct formation in 
the loop. 
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Specific MUG consumption is defined as the kilomole (kmole) of MUG per 
metric tonne of methanol in the crude methanol. The lowest specific MUG con¬ 
sumption is obtained with the optimum SN of 2.05 and the lowest inert level in the 
synthesis gas (i.e., using gasification gas). The highest specific MUG consumption 
usually results in the case of steam reforming of natural gas without C0 2 addition. 
Such a synthesis gas is hydrogen rich with a SN close to 3.0, which is quite high 
for efficient methanol production. 


4.7 Commercial Methanol Synthesis from Syngas 

Veronika Gronemann 1 , Ludolf Plass 2 and Friedrich Schmidt 3 

1 Air Liquide Global E&C Solutions c/o Lurgi GmbH, Lurgiallee 5, 60439 Frankfurt, Germany 
2 Parkstrafie 11, 61476 Kronberg, Germany 
3 Angerbachstrasse 28, 83024 Rosenheim, Germany 


4.7.1 Introduction 

Imperial Chemical Industries (ICI) first introduced the LPM (low pressure meth¬ 
anol) process in 1966. The LPM Process revolutionised the industrial methanol 
production process. As a result, the worldwide size of commercial methanol plants 
increased rapidly over the succeeding 30-35 years, and the capacities are still 
going up. 

This chapter discusses the following topics: 

(a) Conventional commercial processes for LPM synthesis, typically less than 
3,000 tpd methanol generation capacity 

(b) Large-scale plant designs, including mega- and giga-methanol plants, 
exceeding 5,000 tpd methanol generation capacity 

(c) Reactor systems for large-scale plants 

(d) Methanol distillation 

(e) Unconventional methanol synthesis on a semicommercial scale. 

In topics (a) to (c), syngas generation and the methanol synthesis loop are 
discussed together because they are integrated systems. 

Methanol plants based on natural gas as feedstock consist essentially of three 
process sections: 

• Synthesis gas generation 

• Methanol synthesis 

• Methanol distillation. 

It is not the intention of this chapter to discuss all methanol generation processes. 
Methanol technology licensors typically have varying designs; here, the best known 
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and most important in commercial use have been selected. The methanol synthesis 
reaction itself is described in Sect. 4.6. If fossil and renewable feedstocks need 
special syngas preparation processes, these are explained in Sects. 4.3 and 4.4. 

When using natural gas as the feedstock, synthesis gas production including 
compression and the ASU (air separation unit) typically accounts for about 60 % 
of the investment. The reforming section consumes most of the energy. Consid¬ 
ering the significant investment in large-scale plants of 5,000 tpd and more, there 
is substantial motivation to maximise single-line capacity, thereby utilising fully 
the economies of scale (i.e., increasing the economics of a facility with the 
capacity of the plant built). 

As already explained in Sect. 4.6, the SN (which is the ratio (H 2 — CO 2 )/ 
(CO + C0 2 ) and not the molar ratio H 2 /CO) of the synthesis gas required for 
methanol synthesis should be 2.0 to 2.05. The CO-to-C0 2 ratio and the concen¬ 
tration of inerts are other important properties of the synthesis gas. A high CO-to- 
C0 2 ratio promotes the reaction rate and boosts the achievable per pass conversion 
[412]. If there are high CO-to-C0 2 ratios in the synthesis gas used for methanol 
production, the formation of water also will decrease. 

The principal synthesis reactions are given in Sect. 4.6. These reactions are 
highly exothermic and the heat of reaction must instantaneously be removed from 
the catalyst bed. As the reaction approaches equilibrium conversion, the overall 
reaction rate is becoming zero (no more net methanol is formed but undesired 
byproducts are). Therefore, the hot equilibrium reaction gas has to be cooled and 
partly recycled in order to regain reasonable conversions. This can be accom¬ 
plished efficiently and economically by different designs of methanol synthesis 
reactors and recycle loops. The methanol loops of the different technology 
licensors vary in reactor design and heat integration, resulting in different MUG 
recycle ratios, typically in the range of 7-9. If a water-cooled reactor (WCR) is 
used, the recycle rate can be reduced to 3-4 because of the higher heat removal 
rate. The consequences of changing methanol reaction conditions have been 
described by Supp [413]. 

Commercial reactor designs operate according to the following principals: 

• Quench reactors (typically adiabatic multibed quench systems) 

• Adiabatic reactors in series (typically indirect cooling) 

• Boiling water reactors (BWR) 

• Gas-cooled reactors (GCR). 

A variety of different designs are used in commercial methanol plants (all based 
on loop designs), as will be more in detail described in Sect. 4.7.2. 

Market Share hy Methanol Process Technologies 

The information in the literature regarding the number of plants licensed by the 
different technology owners vary substantially. The actual market share is 
approximately as follows: 
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The major part of the operating plants is licensed by Lurgi (27 %), Johnson Matthey (JM)/ 
Davy (25 %), Topspe (16 %) followed by Mitsubishi Gas Chemical Company (MGC), 
JM/Uhde, JM/Jacobs, JM/Others, JM/Toyo. All technologies are based on highly inte¬ 
grated technology concepts including all steps from gasification and gas cleaning to 
synthesis and workup. Thus, high energy and carbon efficiencies up to 67 and 83 %, 
respectively, can be reached (calculated from literature [414]). 

JM owns the process and catalyst technology developed by ICI and Synetix 
[415]. The methanol capacity licensed by JM (formerly ICI) and Davy Process 
Technology (DPT; for a certain period of time, Kvaemer) amount overall to nearly 
70 plants. Since 2004, JM and DPT have combined and boosted the development 
of their syngas and methanol technologies on an exclusive basis. 


4.7.2 Conventional Commercial Methanol Synthesis 
Processes 


Conventional commercial methanol synthesis processes from syngas are those that 
have a capacity of up to 3,000 tpd of methanol production. With respect to meth¬ 
anol technology, a broad variety of converter designs are offered by various con¬ 
tractors and licensors as described in the following chapters. Different tradeoffs 
between capitals, capacity, operability, yields and energy consumption are claimed. 


4.7.2.1 The Johnson Matthey/Davy Process Technology Low-pressure 
Methanol Process Design 

Figure 4.108 shows a schematic of the JM/DPT process, which was developed 
from the original LPM process first introduced by ICI in 1966. Methanol plants 
consist of three principal sections: (1) syngas generation, (2) methanol synthesis 
and (3) methanol purification. In the first step a hydrocarbon is converted to a 
mixture of hydrogen, carbon monoxide, and carbon dioxide called syngas by 
reaction with steam and/or oxygen. It can be generated from natural gas or naphtha 
via a reforming step or by the gasification of coal, coke, or biomass. The reforming 
step, also available from this licensor, may be conventional SMR (steam methane 
reformin), ATR (autothermal reforming) using oxygen, combined reforming (SMR 
and ATR in series), gas-heated reforming (GHR; more precisely, GHR and ATR in 
series), or compact reforming (SMR for offshore or remote applications). The 
methanol synthesis reaction takes place within a recycle loop to achieve high 
conversions. There is a choice of either axial- or radial-flow steam-raising reactors 
and GCR (originally direct quench reactors, now superseded by indirect tube 
cooled reactors). Purification is performed in conventional distillation columns. 
The flowsheet choices depend on a number of factors, such as the feedstock type 
and plant capacity. 
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process [416] 


The following description is based on the SMR option. Gas feedstock is 
compressed (if required), desulphurised, and sent to the optional saturator, where 
most of the process steam is generated. The saturator is used where maximum 
water recovery is important and it also has the benefit of recycling some 
byproducts. Further process steam is added, and the mixture is preheated and sent 
to the optional prereformer, using the CRG (catalytic rich-gas) process. Steam 
raised in the methanol converter is added, along with available carbon dioxide, and 
the partially reformed mixture is preheated and sent to the reformer. High-grade 
heat in the reformed gas is recovered as high-pressure steam, boiler feedwater 
preheat and for reboil heat in the distillation system. The high-pressure steam is 
used to drive the main compressors in the plant. After final cooling, the synthesis 
gas is compressed and sent to the synthesis loop. The loop can operate at pressures 
between 50 and 100 bar, typically between 70 and 80 bar. 

The converter design does impact the loop pressure. Different designs are 
available, essentially depending on the capacity of the plant. The earlier and the 
smaller plants have used the LPM quench reactor. A radial-flow steam-raising 
converter developed for large-capacity plants is shown in the loop in Fig. 4.108. 
The synthesis loop comprises a circulator and the converter operates at approxi¬ 
mately 220-280 °C. Low loop pressure reduces the total energy requirements for 
the process. Reaction heat from the loop is recovered as steam and saturator water 
and is used directly as process steam for the reformer. A purge is taken from the 
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Fig. 4.109 Low-pressure methanol quench reactor (Lozenge reactor) [417] 




synthesis loop to remove inerts (nitrogen, methane), as well as surplus hydrogen 
associated with nonstoichiometric operation. Also, the purge is used as fuel for the 
reformer. Crude methanol from the separator contains water as well as traces of 
ethanol and other compounds. These impurities are removed in a two-column 
distillation system (not shown in Fig. 4.108). The first column removes light ends 
such as ethers, esters, acetone, and dissolved noncondensable gases. The second 
column removes water, higher alcohols and similar organic heavy ends [416]. 

As already mentioned, for smaller capacities, a quench reactor was originally 
developed as shown in Fig. 4.109. A portion of the mixed synthesis and recycle 
gas bypasses the loop interchanger, which provides the quench fractions for the 
intermediate catalyst beds. The temperature is controlled by quenching the syn¬ 
thesis reaction by adding a cooled mixture of fresh and recycled syngas between 
the catalyst beds. The injection of the quench gas cools the reactant mixture and 
adds more reactants prior to entering the next bed. 

Traditionally, reactors reveal an axial flow design. This permits a simple design, 
but it may become a problem for pressure drop as this can lead to large-diameter 
vessels. Increasing the diameter of the reactor results in thicker walls and restricts 
the number of suppliers. Therefore, Johnson Matthey has radial flow reactors, which 
have a much lower pressure drop and are less susceptible to fouling. The vessels 
have more complex and hence more expensive internals but the vessel diameter is 
reduced. Contraflow designs can be retrofitted into existing flow designs. 
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In axial flow, an uninterrupted catalyst bed is divided by lozenge distributors for 
quench gas addition. The gas is injected at appropriate depths within the reactor 
through spargers called lozenges. There are horizontal layers of these lozenges that 
run across the converter from side to side. Each has an outer surface covered with 
wire mesh and a central pipe that delivers the cold gas. ICI has an improved version 
of the Casale design lozenge reactor known as an axial-radial converter (ARC). The 
main technical difference is that instead of a single continuous catalyst bed, the bed 
is separated by distribution plates to form multiple consecutive catalyst domains. 

The total energy consumption for a self-contained plant is typically around 
32.6 GJ/t [425]. The figure depends on the type of feedstock used. Typical 
capacities are less than 3,000 tpd of methanol production. 


4.7.2.2 The Lurgi Conventional Process Design 

Syngas can be produced via different methods, as is described in Sects. 4.3 and 4.4. 
In the 1970s, Lurgi developed a quasi-isothermal process. The Lurgi conventional 
design involves the same basic steps as the original ICI LPM synthesis processes. 
The two processes differ mainly in their reactor designs and the way in which the 
produced heat is removed. The key component of the Lurgi process design is a 
multitubular reactor comparable to a heat exchanger but with the catalyst in the 
tubes and steam on the shell-side. It uses the exothermic nature of the reaction to 
generate high-pressure steam to drive the MUG compressor, recycle compressor, 
or to export high pressure steam. These process conditions result in a recycle/ 
syngas ratio of 3.5 for the Lurgi process, compared to a substantially higher ratio 
of 6.0 for other designs such as ICI and consequently higher power consumption. 

Owing to the isothermal operation of the reactor, the average catalyst bed 
reaction temperature is lower than that of the adiabatic converter. Therefore, the 
byproduct formation is lower and the lifetime of the catalyst across the isothermal 
reactor is longer. Also, the efficiency, expressed as the methanol STY (space time 
yield), is higher. Therefore, for a certain methanol production rate, less catalyst 
volume is required, compared to the methanol formation in an adiabatic quench 
converter. This process was developed to produce methanol from natural gas or 
oil-associated gas in a single-train plant with capacities up to 3,000 tpd. 
Ligure 4.110 shows a schematic of this process. 

The synthesis gas is converted to methanol in a catalytic-induced reaction in 
two parallel water-cooled methanol reactors (see Lig. 4.111). 

The loop design can cope with all different types of syngas obtained from steam 
reforming, combined reforming, pure ATR, or gasification. Lor methanol plants 
with capacities as high as 3,000 tpd, oxygen-based syngas generation is normally 
applied by Lurgi to reduce the effective syngas volume flow. The pressure in this 
syngas outlet section (approximately 35 bar) is significantly higher than in a con¬ 
ventional reformer and reduces the syngas compression power substantially. The 
high-pressure steam and the medium-pressure steam generated from the process 
heat of the methanol plant are used as life steam for the steam turbine drives. 
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Saturated 



Fig. 4.110 Lurgi conventional methanol synthesis process. (Courtesy of Air Liquide Global 
E&C Solutions) 


Inter¬ 
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steam drum 


reactors 


Fig. 4.111 Lurgi reactor system with two parallel water-cooled reactors. (Courtesy of Air 
Liquide Global E&C Solutions) 

The reformed gas from the final separator is compressed by the synthesis gas 
compressor to the required pressure of the methanol synthesis loop. To protect the 
compressor from surging during startup and under partial load conditions of the 







































4 Methanol Generation 


241 


plant, an antisurge bypass is installed. The circulation in the methanol synthesis 
loop is achieved by the recycle gas compressor integrated in the synthesis gas 
compression. The synthesis gas compressor and the recycle gas compressor are 
driven by an extraction/condensation steam turbine using superheated high-pres¬ 
sure steam. The synthesis and recycle gas is preheated in a gas/gas interchanger to 
heat up the MUG to 220 °C before entering the water-cooled methanol reactors. 

Apart from the methanol and water vapour produced, the reactor outlet gas 
contains nonreacted H 2 , CO and C0 2 ; inerts such as CH 4 and N 2 ; and some 
reaction byproducts (ppm). This gas needs to be cooled from the reactor outlet 
temperature to about 40 °C in order to separate CH 3 OH and H 2 0 from the gases. 
The gas is cooled in the synthesis air cooler and in the final cooler by sweet water. 
Apart from methanol and water, condensed crude methanol contains dissolved 
gases and impurities (reaction byproducts). 

Separation of crude methanol from nonreacted gases takes place in the meth¬ 
anol separator. Crude methanol leaves the vessel on a level control for distillation, 
where pure methanol is separated from water and other impurities. The major part 
of gas is recycled back to the synthesis reactors via the recycle gas compressor in 
order to achieve a high overall conversion. A small amount is withdrawn on 
pressure control as purge gas to avoid unnecessary accumulation of inerts in the 
loop. 

Most of the purge gas is sent to the syngas generation process. A small amount 
of purge gas is used for hydrogenation of the natural gas for desulphurisation. 
During startup and shutdown, the purge gas is routed to the flare. Crude methanol 
is routed to the distillation to produce pure methanol (see Sect. 4.7.5). 

Reactor Startup System 

To heat up the methanol reactor system from ambient temperature to operating 
temperature, start-up ejectors are used. Each WCR is equipped with two ejectors. 
The ejector suction nozzles are connected to the top of the reactor shell, whereas 
the discharge nozzles are connected to the bottom distribution header. Saturated 
medium-pressure steam from the header is used as a propellant for the ejectors and 
the circulating water is heated up by the condensed steam. 


4.7.2.3 The Haldor Tops0e Process Design 

Haldor Topspe (HTAS) also has developed different syngas generation processes, 
as described in Sects. 4.2-4.4. A typical design of a two-stage reformer with HP 
methanol synthesis is shown in Fig. 4.112. The following description will con¬ 
centrate on the synthesis loop. 

Similar to the Lurgi MegaMethanol process (see Sect. 4.7.3), the Haldor Topspe 
process is designed to produce methanol from natural or associated gas feedstocks, 
using a two-step reforming process to generate feed syngas mixture for the 
methanol synthesis. Associated gas is natural gas produced along with crude oil 
from the same reservoir. 
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Fig. 4.112 A simplified process flow diagram of Haldor Topspe A/S methanol synthesis process 
via two-step reforming. BFW boiling feed water, NG natural gas, HP high pressure. ©‘Taylor 
Francis [412] 


The key of the Tops0e process is a synthesis section with three adiabatic 
reactors possessing heat exchangers between the reactors, whereby the exothermic 
heat of reaction is recovered and used for heating saturator water. The arrangement 
is shown in Fig. 4.112. 

Other Haldor Topspe designs include an adiabatic catalyst bed installed on top 
of the upper tube sheet before the cooled part of the BWR to rapidly increase the 
inlet temperature to the boiling water part. This ensures optimum use of this 
relatively expensive unit, as the tubes are now used only for removal of reaction 
heat, not for preheat of the feed gas [412]. Topspe claims that the installation of the 
adiabatic top layer in the BWR has a cost advantage compared to their reactor 
without the top layer. 

Second energy integration is obtained by cooling the effluent from the last 
reactor to preheating the feed to the first reactor. For revamps of adiabatic ICI 
reactors, Topspe offers a Casale ARC, using the collect-mix-distribute (CMD) 
concept. Vertical support beams separate catalyst beds. The gas inlet at the bottom 
of the reactor provides fresh syngas that flows radially up through the first catalyst 
bed. At the top of the reactor, this first pass through gas is mixed with quench gas 
and distributed evenly so that it flows radially down through the second catalyst 
bed [418]. The claimed benefit of this design is an increase in per-pass conversion. 
The total energy consumption for the process is said to be about 29.26 GJ/t of 
product methanol, including oxygen production. The process technology is 
reported to be suitable for smaller as well as very large methanol plants up to 
10,000 tpd. 
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Fig. 4.113 Johnson Matthey leading concept methanol technology flowsheet. ATR autothermal 
reforming, GHR gas-heating reforming. Courtesy of Johnson Matthey 


4.7.2.4 The Johnson Matthey Process Design and Davy Process 
Technology 

In 1994, ICI introduced the leading concept methanol process, schematically [419] 
shown in Fig. 4.113. The design is developed around the advanced gas heat 
reformer (AGHR), which is a compact tubular reformer. More details are given in 
the PERP Report [420]. Two features are important: the saturator circuit and the 
AGHR. The arrangement of a saturator circuit can provide between 90 and 100 % 
of the process steam adding. Additional steam can be added to obtain the required 
S/C. 

The concept features integration of the AGHR. In the AGHR unit, the gas is 
heated using the effluent of the secondary reformer and is fed to a small bed of 
reforming catalyst, which converts approximately 25 % of the natural gas. Then 
the gas mixture is directed to an oxygen-blown secondary reformer where the 
conversion is completed. The temperature of the effluent from the secondary 
reformer is approximately 975 °C and contains approximately 0.5 % methane. 
This hot stream is used to heat the mixed natural gas and steam in the AGHR. 

The advantage of this design becomes particularly apparent in case of a feed¬ 
stock for a steam reforming-based methanol plant containing already up to 
approximately 25 % C0 2 because this is almost the ideal composition. In contrast, 
oxygen-based methanol plants would need to substantially remove the C0 2 before 







































































































244 


H.-J. Wernicke et al. 


it could be processed. The GHR overcomes the capacity limit, beyond which ATR 
would be the technology of choice. From the stoichiometry, oxygen consumption 
needs to be at approximately 0.5 t of oxygen per tonne of methanol for an ATR- 
based process to work properly, but pure ATR consumes far too much oxygen. 


4.7.2.5 The Mitsubishi Heavy Industry Process Design 

With the cooperation of MGC, Mitsubishi Heavy Industry (MHI) has developed a 
methanol process (see Fig. 4.1 14) that is said to be characterised by high efficiency 
in the reaction and energy saving for the methanol synthesis (see Fig. 4.114). The 
process uses a new type of isothermal reactor known as the MGC/MHI super¬ 
converter [421]. This reactor design uses double-walled tubes that are filled with 
catalyst in the annular space between the inner and outer tubes. The feed syngas 
enters the inner tubes and is heated as it progresses through the tube. The gas then 
passes downward through the catalyst bed in the annular space. Heat is removed 
on both sides of the catalyst bed by the boiling water surrounding the tubes as well 
as by the feed gas introduced into the inner tube [422]. 

The temperature profile of the catalyst in the superconverter is different to that 
of a quasi-isothermal reactor. The catalyst bed temperature is higher near the inlet 
(up to 260 °C) but gradually lowers toward the outlet (down to 210 °C) by heat 
exchange with the feed gas. This means that the gas proceeds along the maximum 
reaction rate line (when methanol concentration is plotted against temperature) at 
least some of the time, giving a high one-pass conversion rate. A high conversion 
rate (about 14 % methanol in the reactor outlet) is cited for this reactor [423], but 
actually the value is assumed to be much lower. No experience has been reported 
to date to indicate that the higher bed temperature at the inlet harms the catalyst 
life. 


REFORflER COMPRESSION CIRCULATOR fWOH DISTILLATION 
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Fig. 4.114 Mitsubishi Gas Chemical low-pressure methanol synthesis process [425] 
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MHI has received three contracts for methanol plants in Saudi Arabia 
(5,000 tpd for Sabic, with the syngas generation process licensed by HTAS using 
the MHI superconverter), Venezuela, and Brunei [424]. 


4.7.3 Large-Scale Methanol Plant Process Designs 

Large-scale methanol plants are defined as operations of 5,000 tpd or more. World 
demand for methanol has been growing steadily in recent years, and this trend is 
expected to continue, especially in light of the new applications for methanol in 
the fuels, chemicals and energy market. Cost-efficient methanol production is the 
key to stay competitive (see Chap. 7). The two main drivers are economies of scale 
and cheap feedstock. 

Especially in remote areas, methanol is discussed as a well-transportable liquid 
energy carrier (see Chap. 8). To exceed equipment, piping and valve dimensions, 
the amount of gas flowing through the loop has to be minimised (i.e., the con¬ 
version per pass has to be increased). 

For plants exceeding 3,000 tpd, just doubling the reactors would not work; the 
pipework, valves and equipment sizes make it impractical, and the necessary 
economy of scale would not be achieved. The solution was to design methanol 
loops with substantially reduced recycle rates that kept high conversion efficiency. 
In addition, the equilibrium temperature at the exit of the reactor systems has to be 
low, as the reaction is limited by equilibrium. High methanol content at the reactor 
exit combined with low CO levels to keep high efficiencies requires exit tem¬ 
peratures to be as low as possible. 

As a typical example, Lurgi Combined Converter Methanol Synthesis 
(Fig. 4. 115), which is part of the MegaMethanol process, is described in Sect. 4.7.3.1 . 
Other designs, including their special features and reactors, are also discussed. 


4.7.3.1 The Lurgi MegaMethanol Process Design [414] 

The synthesis gas from battery limits is mixed with hydrogen from a PSA unit and 
compressed in the synthesis gas compressor. The outlet pressure of the compressor 
is at approximately 75-80 bar. 

The circulation in the methanol synthesis loop is achieved by a one-stage 
recycle gas compressor and without any intercooling. The synthesis gas com¬ 
pressor and recycle gas compressor are driven by a steam turbine using super¬ 
heated high-pressure steam. After this step, the gas is routed together with the 
recycle gas to the tube side of the GCR to be preheated by the heat of reaction 
coming from the shell side. 

The preheated gas enters the tube side of the WCR, where it is partially con¬ 
verted to methanol on the copper-zinc catalyst contained in the tubes. The heat of 
reaction is removed by boiling water on the shell side. Medium-pressure steam is 
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Fig. 4.115 Process scheme for the Lurgi MegaMethanol Synthesis Process [426]. MP = medium 
pressure; LP = low pressure; HP = high pressure 


generated, collected in associated steam drum and exported to the plant network. 
To start up the reactors, injectors are needed, which are driven by medium-pres¬ 
sure steam. 

Downstream of the WCR, the gas is cooled down in the interchanger, thereby 
transferring the heat to the feed gas heading to the GCR. Final cooling and con¬ 
densation of methanol is achieved in the intermediate air cooler with the liquid 
methanol being separated from the gas stream in the intermediate methanol sep¬ 
arator. The liquid methanol is cooled down further in the crude methanol cooler by 
the means of cooling water. 

The remaining gas with low methanol content is reheated in the interchanger 
and sent to the shell side of the GCR for a second reaction step on copper-zinc 
catalyst at a lower temperature level compared to the WCR. The hot reactor outlet 
gas is used to preheat BFW for the steam drum in the medium-pressure boiling 
feed water (BFW) preheater and for the high-pressure steam drum in the high- 
pressure BFW preheater. Downstream of the BFW preheaters, the waste heat is 
used for reheating cold recycle gas coming from the recycle gas compressor in the 
trim heater. Temperature control for the GCR is achieved by partially bypassing 
this trim heater and by a cold gas bypass around the GCR tube side, which is 
mainly utilised during startup and shutdown of the unit. 

The methanol produced in the GCR is being condensed in the air cooler and at 
low temperature in the water-cooled final coolers before the liquid product is 
separated in the methanol separator. The remaining nonreacted gas is being 
compressed by a recycle gas compressor, partially heated in a trim heater, and 
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Fig. 4.116 The Atlas methanol plant (5.000 tpd) is based on the MegaMethanol technology 
(gas-cooled reactor and steam-raising reactor), which was developed and supplied by Germany- 
based engineering contractor Air Liquide Global E&C Solutions [426] 


mixed with the fresh MUG from the synthesis gas compressor before entering the 
tube side of the GCR. A small amount of the recycle gas is removed from the 
system and sent as required to a PSA (pressure swing adsorption) unit to recover 
the hydrogen, which is used for adjustment of the SN of the feed gas. This crude 
methanol is processed further in the methanol distillation section. 


4.7.3.2 The Lurgi GigaMethanol Process Design 
(A) The GigaMethanol plant concept 

Low natural gas and/or shale gas prices in the United States and the tendency to 
use methanol as a building block for fuels and as chemical storage for renewable 
electricity favour the development of even larger capacities beyond 5,000 tpd of 
methanol. Such capacities (10,000 tpd and even higher) have to be built as single- 
line plants to take advantage of the economies of scale. The scaleup to higher 
capacities, however, is limited because certain critical equipment, such as valves 
and some other special equipment, are not available beyond certain sizes. The only 
choice was to increase the operating pressure and thus to decrease the syngas 
volume. Having this in mind, Lurgi built a pilot plant in Freiberg (Germany) and 
tested catalytic and noncatalytic ATR operation with natural gas of different types 
as well as liquid hydrocarbons and oxygen (see Sect. 4.3). 
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air 




Fig. 4.117 Lurgi GigaMethanol concept 


The most important parameters were the following: 

• Pressures up to 100 bar 

• Temperatures exceeding 1,000 °C at the ATR exit 

• Catalytic (different types) and noncatalytic performance 

• S/C for soot formation 

• Ignition behaviour. 

The results of the test work were included in simulation programmes to be able 
to design and simulate the behaviour of large plants. In addition, engineering 
studies confirmed that all equipment could be purchased/manufactured within the 
existing reference frame for capacities up to 10,000 tpd methanol. 

The main benefits of the selected GigaMethanol technology compared to the 
conventional combined reforming concept are as follows: 

• Large single-train capacity utilising cost benefits due to economies of scale 

• Advanced, proven, safe and reliable technology 

• Optimised energy efficiency 

• Low environmental impact. 

The use of an oxygen-blown ATR is the basis for this efficient methanol plant. 
The optimum syngas composition required for the downstream methanol synthesis 
section will be achieved by an enlarged PSA unit (see Fig. 4.117). 

Apart from economic considerations, equipment manufacturing and transpor¬ 
tation limitations are decisive for the selection of the maximum single-train 
capacity. Therefore, the main objective of the conceptual design of the Giga¬ 
Methanol technology was to increase the capacity of the plant by not exceeding the 
mechanical possible dimensions of the individual items. The GigaMethanol con¬ 
cept follows these requirements by maximum reduction of the effective gas flows. 

In contrast, a large-scale conventional combined reforming based plant needs 
technical scaleups and will include equipment and/or bulks outside the commer¬ 
cially proven range of size. To avoid critical configurations in the production 
stream, the parallel equipment and/or bulk installations are necessary conse¬ 
quences (e.g. steam reformer, syngas compressor, control valves). For 
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Fig. 4.118 Catalytic autothermal reforming for a 10,000 tpd methanol plant (simplified 
flowsheet) [415]. HP high pressure, MP medium pressure 


GigaMethanol, the only main parallel installations will be the reformed gas WHBs 
(waste heat boilers) and the water-cooled methanol reactors. 

The plant has the following processing units: 

• Reforming unit 

• Steam and condensate system 

• Methanol synthesis 

• PSA unit 

• Methanol distillation. 

ATR generates syngas with a SN lower than optimum for the downstream 
methanol synthesis (see Fig. 4.118). As a consequence, the syngas is short on 
hydrogen. The additionally required hydrogen will be produced in a PSA unit and 
mixed with the syngas stream (see Fig. 4.119). 

Conventional steam reforming of natural gas generates a syngas with hydrogen 
in excess and at low pressures. The excess hydrogen is to be routed through the 
syngas production unit, has to be compressed, and is finally part of the purge gas 
from the synthesis unit, which is used as fuel. In the GigaMethanol concept, the 
natural gas is routed directly to the ATR, where the operating pressure is not 
anymore limited by the operating pressure of the steam reformer as it is for 
conventional and for combined reforming. 

Reformed gas is produced, which can be adjusted to the optimum composition 
by adding hydrogen separated from the purge gas of the methanol synthesis loop. 
This concept together with the high pressure of the system reduces the effective 
reformed gas flow to the most favourable figure and allows comparably smaller 
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Fig. 4.119 Simplified process flow diagram of GigaMethanol synthesis. (Courtesy of Air 
Liquide Global E&C Solutions) 


sized equipment and pipe/valve sizes, particularly in the main plant process sec¬ 
tions. A SN number of 2.03 is achieved via ATR and recycle of purge gas, 
according to Fig. 4.119. 

The steam utilised in the GigaMethanol plant during normal operation is 
generated by process WHBs and by auxiliary boilers. The pressure levels are 
100 bar high-pressure/69 bar and 35 bar medium-pressure/4.8 bar low-pressure 
steam. 

(B) Methanol Synthesis in the GigaMethanol Process 

Based on these proven building blocks of the MegaMethanol process, Lurgi has 
improved the process further, pursuing the track towards a process that is even 
more optimised for CAPEX (capital expenses) and OPEX (operating expenses). 
The improvement features a condensation step between the water- and gas-cooled 
methanol reactor, removing the methanol produced in the first stage before 
entering the second reaction stage. The removal of methanol from the system 
results in a higher driving force for the reaction towards methanol in the GCR 
Reactor, such that the catalyst volume required and the reactor size are drastically 
reduced. 

About 50 % of the methanol produced (depending on the aging status of the 
catalyst) is withdrawn in between the stages; the methanol content at the GCR 
outlet and the resulting dew point are therefore significantly lowered. Still, the 
combined per pass conversion is even higher than before, although the recycle rate 
has been lowered from 2.2 to about 1.7 with much less gas volume being circu¬ 
lated in the loop, resulting in a remarkable reduction of scale-up. 
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The condensation step comprises an interchanger to cool down the WCR outlet 
and reheat the gas before entering the GCR, an air cooler to condense the meth¬ 
anol, and a methanol separator. The size of the GCR and the downstream con¬ 
densation section is reduced accordingly. The control of the cooling gas amount, as 
well as the control of the cooling gas temperature (via the trim heater), will allow 
for flexibility due to load changes or end-of-run conditions (Fig. 4.119). 

(C) Pressure Swing Adsorption (PSA) in the GigaMethanol Process 

For the purpose of adjusting the SN of the synthesis gas, hydrogen must be added 
to the reformed gas. Purge gas from the methanol is used as feedstock for the PSA. 
The off-gas from the PSA is compressed and used as fuel in the fired heater and in 
the auxiliary boiler. The hydrogen product is added to the reformed gas upstream 
of the synthesis gas compressor. The PSA unit works on the principle that the 
adsorbent attracts and retains the impurities at higher pressure and releases them at 
lower pressure (thus the expression PSA). 


4.7.3.3 Other Large-Scale Methanol Processes 

(A) The Haldor Topspe Process Design 

In the Haldor Topspe process design, the feed gas is routed together with the 
recycle gas to an adiabatic top catalyst bed in the upper part of the WCR to be 
preheated by the heat of reaction. Then the preheated gas enters the cooled part of 
the catalyst bed in the tube of the WCR, where it is partially converted to methanol 
on the copper-zinc catalyst contained in the tubes. The adiabatic catalyst bed 
installed before the cooled part of the WCR has the effect of rapidly increasing the 
inlet temperature to the boiling water part. This ensures optimum use of this 
relatively expensive unit, as the tubes are now used only for removal of reaction 
heat, not for preheat of the feed gas. 

According to Topspe, the BWR with the installation of the adiabatic top layer in 
the WCR reduces the total catalyst volume and the cost of the synthesis reactor by 
approximately 15-25 %. The maximum capacity of one reactor may increase by 
approximately 20 % [412]. The two-step reforming scheme is claimed to be 
suitable for capacities between 1,500 and 7,000 tpd and S/C ratios of 1.5-1.8. 
Using ATR, capacity ranges of 5,000-10,000 tpd with an S/C ratio of 0.6-0.8 can 
be achieved. Topspe claims that a natural gas-based plant using the two-step 
reforming has proven energy consumption as low as 28.76 GJ/t methanol [415]. 

(B) The Davy Process Design 

A second example is the series loop technology of Davy Process Technology for 
exothermic synthesis gas compositions [415] (Fig. 4.120). 

As was already shown in the case of Lurgi and HTAS designs for larger-scale 
plants, higher capacities (beyond approximately 3,000 tpd) increasingly use 
combined reforming for the syngas preparation. This has a strong impact on the 
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Fig. 4.120 Process scheme for the Davy Process Technology Series Loop [416] methanol 
process. (Courtesy of Nexant Inc.) 


loop design and the selection of the reactor, as the more reactive gas leads to 
smaller catalyst volumes. The net heat of reaction per volume of catalyst is more 
than double that produced by SMR-based technology only. Simple loop arrange¬ 
ments would simply no longer be able to cope with the increased heat release, 
leading to impractical sizes of the loop and the related pipework. The large-scale 
loop design is also based on the principles of LPM synthesis. Instead of arranging 
two reactors in parallel, the reactors are arranged in series where the same cir¬ 
culation gas is used twice, first in the high-pressure reactor and secondly in the 
low-pressure reactor. The driving force for the reaction is maintained by con¬ 
densing the methanol between the two reactors. 

(C) The Improved Low-Pressure Methanol Process 

The improved low-pressure methanol (ILPM) technology is based on a CRG 
prereformer, steam reformer and the Davy Process Technology (DPT) Steam 
Raising Converter (SRC). This combination of proven process units allows single¬ 
stream methanol plants of capacities in excess of 5,000 tpd, while only using one 
steam raising reactor (see Sect. 4.7.4). The specific feature of this design is that it 
does not need an oxygen plant. Figure 4.121 shows a simplified process flow 
diagram of the ILPM Process, which is based on a SRC and incorporates a CRG 
prereformer upstream of the primary reformer. 

The DPT radial SRC design features a radial gas flow from the centre of the 
converter, passing over the methanol synthesis catalyst (see Sect. 4.7.4). 
Depending on the plant capacity, a two-stage methanol synthesis also may be 
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Fig. 4.121 Improved low-pressure methanol process [415]. BFW boiling feed water, CRG 
catalytic-rich converter, MP medium pressure, HP high pressure 


incorporated, using for instance the DPT tube-cooled converter (TCC) as the main 
reactor, followed by a WCR as an additional process step [417]. 

(D) The Toyo Process Design 

For plants with a capacity up to 5,000 tpd, Toyo proposed a design that incor¬ 
porates only steam reforming for the syngas generation, and thus without the use 
of oxygen. This process is called JumboMethanol. For capacities beyond 5,000 tpd 
and up to 10,000 tpd, Toyo offers combined reforming with oxygen for the ATR 
[427]. The S/C ratio is kept at approximately 2.2-2.5 to maintain high efficiency 
and reasonable CAPEX, while keeping enough security against metal dusting. For 
plant capacities of 10,000 tpd and beyond, Toyo has developed a highly integrated 
scheme, incorporating an improved combined reforming process for syngas gen¬ 
eration, called TAF-X. A primary reformer and the TAF-X reactor are installed in 
parallel; the S/C ratio is kept the same as before. The methanol production process 
is on a new radial-flow methanol converter called MRF-Z (see Sect. 4.7.4). For a 
10,000 tpd plant, Toyo plans two parallel trains for the methanol synthesis loop 
and the downstream distillation. 

(E) The Methanol Casale Process Design 

For conventional methanol plants (less than 3,000 mtpd), Casale uses its standard 
process. For capacities up to 7,000-10,000 tpd, Casale designs their plants 
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Source: Casale 


Fig. 4.122 Methanol Casale large-scale methanol process [431] 


according to the advanced methanol process, as shown in Fig. 4.122. The process 
features a combined reforming step, consisting of SMR followed by ATR. The 
syngas ratio is adjusted via a bypass of a fraction of the natural gas around the 
SMR. The key feature of the Casale design is the proprietary methanol synthesis 
converter, which is described in Sect. 4.7.4. 


4.7.4 Reactor Systems for Large-scale Plants 

4.7.4.1 Reactor Design Principles 

With increasing capacities the conventional methanol loop reactors are reaching 
their limits regarding gas flow, reactor size and fabrication and transport possi¬ 
bilities. In principal, other methanol reactors that are further discussed can be 
characterised as follows: 

(A) Isothermal boiling water/steam-raising reactor designs 

Isothermal boiling water/steam-raising reactor designs include the following: 

• Lurgi tubular steam-raising reactor with the catalyst in the tubes and boiling 
water on the shell side, in which the heat of reaction is used to produce process 
steam. 

• Linde steam-raising spiral reactor with the catalyst on the shell side and steam 
produced inside the coils, which are built in spirals through the catalyst bed 

• ICI TCC with the catalyst on the shell side and straight cooling tubes inside the 
catalyst bed 

• TOYO MRF-Z steam-raising reactor with radial process gas flow mode 

• Casale Isothermal Methanol Converter (IMC) converter 
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• MHI superconverter 

• HTAS tube-cooled reactor (for larger-scale plants, a combination of an adiabatic 
reactor followed by a tube-cooled BWR is used). 

Normally the BWR is used due to its efficiency and ease of temperature control, 
but adiabatic reactors in series or combinations of BWR and adiabatic reactors 
may also be considered. The BWR is in principle a shell and tube heat exchanger 
with catalyst on the tube side. Cooling of the reactor is provided by circulating 
boiling water on the shell side. By controlling the pressure of the circulating 
boiling water, the reaction temperature is controlled and optimised. The steam 
produced may be used as process steam, either directly or via a falling film 
saturator. 

The isothermal nature of the BWR gives a high conversion compared to the 
amount of catalyst installed. However, to ensure a proper reaction rate, the reactor 
will operate at intermediate temperatures (e.g. 240-260 °C). Consequently, the 
recycle ratio may still be significant. The BWR exhibits higher capital investment. 
The maximum size of the reactors is limited. 

An adiabatic catalyst bed may be installed before the cooled part of the BWR 
either in a separate vessel, as in the case of the Lurgi design, or on top of the upper 
tube sheet, as in the case of the Topspe design (see below). One effect of the 
adiabatic catalyst bed is to rapidly increase the inlet temperature to the boiling 
water part. This ensures optimum use of this relatively expensive unit because the 
tubes are now used only for removal of reaction heat, not for preheat of the feed 
gas. 

(B) Adiabatic reactor designs 

Adiabatic reactor designs include the following: 

• Multibed quench (direct cooling) design (lozenge, ARC, CMD - collect-mix- 
distribute). 

• Multibed with interstage heat exchange (indirect cooling). 

A number of adiabatic catalyst beds installed in series inside one pressure shell 
are called a quench reactor. In practice, up to five catalyst beds have been used. 
The reactor feed is split into several fractions and distributed to the synthesis 
reactor between the individual catalyst beds. The quench reactor is not suitable for 
large-capacity plants. 

In contrast to a quench reactor, in an adiabatic reactor a number (2-4) of 
separated fixed-bed reactors with separate pressure shells are placed in series with 
cooling between the reactors. The cooling may be by preheat of high-pressure 
BFW, generation of medium-pressure steam and/or by preheat of feed to the first 
reactor. The adiabatic reactor system features good economies of scale. 
Mechanical simplicity contributes to low investment cost. The design can be 
scaled up to single-line capacities of 10,000 tpd or more. 

An optimum quench gas distribution can improve the performance of the 
SynLoop. In an adiabatic multistage quench converter, the quench gas distribution 
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directly influences the inlet temperatures and therefore the approach to equilibrium 
(ATE) of the individual catalyst beds. Optimum ATE is 10-20 °C for maximum 
reaction rates. 

(C) Tube (gas)-cooled reactor designs 

Tube (gas)-cooled reactor designs include the following: 

• Casale gas-cooled reactor 

• Lurgi gas-cooled reactor 

• Davy Process technology TCC. 

The gas/gas heat exchange allows very good temperature control close to 
equilibrium temperatures (Lurgi system) and a very good controlled heat removal 
from different parts of the catalytic bed for the Casale reactor. 

Presently, nine major types of commercial methanol synthesis converters are on 
the market: 

• Quench cooled 

• Multiple adiabatic beds 

• Tube cooled 

• Tubular packed bed 

• Multistage radial flow 

• The superconverter 

• Collect-mix-distribute 

• Axial-radial converter 

• Isothermal. 

These reactor types are discussed in the following sections. The quench-cooled 
and tubular-packed bed types are the most common technologies. These two 
designs, besides the multiple adiabatic beds, have the largest capacity of the 
conventional methanol processes. 

(D) Lurgi Water-Cooled Reactor System (WCR) 

The Lurgi WCR is a tubular reactor. The tubes are filled with catalyst and sur¬ 
rounded by boiling water circulating between the reactor shell side and the steam 
drum mounted on top of the reactors. The reactions of H 2 with CO and C0 2 take 
place in the catalyst-filled tubes and the heat of reaction is removed by the boiling 
water outside the tubes. Hence, a quasi-isothermal condition is maintained in the 
system, which ensures a high conversion and eliminates the danger of catalyst 
overheating. 

Boiler water from the steam drum enters the reactor shell side at the bottom 
through a distributor and rises up to the outlet at the top due to the thermo¬ 
siphoning effect. The steam/water mixture from the reactor shell side is separated 
in the steam drum. Saturated medium-pressure steam at approximately 40 bar is 
discharged via a pressure control valve and water circulates back to the reactor. 

The makeup water is supplied from the BFW pump on a level control. The 
pressure control at the steam outlet controls the pressure in the shell side of the 
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reactor and thereby the boiling point of the water, which in turn controls the 
reaction temperature. As consequence, the reaction temperature is well controlled 
by the boiling water rector design. 

Main advantages of the WCR are the following: 

• A quasi-isothermal operation in which byproducts are kept to a minimum 

• Extremely quick transfer of reaction heat 

• A methanol yield of up to 1.8 kg methanol/L catalyst 

• Long catalyst lifetime; under adequate running conditions, most plants require 
catalyst replacement only after 4-5 years, or even later 

• Approximately 80 % of the reaction heat was converted to HP steam; this means 
1-1.4 t of steam per tonne of methanol, which is primarily used for driving 
turbines, thus minimising electric power consumption 

• Overheating of catalyst is impossible 

• Easy startup by direct steam heating, 

• Fast load changes are possible, as is easy and fast load/discharge of catalyst. 


4.7.4.2 Large Scale Reactor Designs 

(A) Lurgi Combined Reactor System Design 

For large-scale plants (above approximately 3,000 tpd methanol), the reaction is 
split into two conversion steps (see Fig. 4.123). As in LPM syntheses, the gas is 
compressed to the selected pressure (5-10 MPa) by a synthesis gas compressor and 
preheated to the required inlet temperature of the first methanol converter. This 
reactor is a quasi-isothermal boiling water reactor (WCR) with catalyst in the tubes 
to ensure the most efficient heat removal; the reaction gas entering this reactor is 
very reactive and overheating of the catalyst has to be avoided (see Fig. 4.124). In a 
second converter, the preconverted reaction gas is fed to a gas cooled reactor. 

The preconverted gas is routed to the shell side of the GCR, which is filled with 
catalyst at the shell side, and the final conversion to methanol is achieved at 
continuously reduced operating temperatures along the reaction route. The 
decreasing reaction temperature provides a permanent driving force for conversion 
to methanol. The heat of reaction is used to preheat the reactor inlet gas inside the 
tubes for the first methanol converter. The reactor outlet gas is cooled; crude 
methanol is separated and routed for purification to the distillation section. 
Unreacted gas is compressed and recycled. Part of the unreacted gas is purged out 
of the loop to avoid accumulation of inerts in the loop [414]. 

The main advantage of the combined converter system is that the substantial 
reduction of the syngas volume via combined reforming, together with the 
reduction of the recycle ratio to about 2, was possible by introducing a second 
reaction step with the GCR, thus providing thermodynamically optimised reaction 
conditions in the GCR (see Fig. 4.125). In the WCR, the isothermal reactor, a 
partial conversion of the syngas to methanol is achieved at higher space velocities 
and higher temperatures compared to single-stage synthesis reactors. These steps 
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Fig. 4.123 Lurgi combined reactor system [429] 


result in a significant size reduction of the WCR compared to conventional pro¬ 
cesses, while the steam raised is available at a higher pressure. As can be seen 
from Fig. 4.123, the methanol-containing gas is routed from the WCR outlet 
without any cooling to the downstream GCR. 

In this reactor, cold feedgas for the WCR is routed through tubes in a coun¬ 
tercurrent flow with the reacting gas. Thus, the reaction temperature is continu¬ 
ously reduced over the reaction path in the GCR (see Fig. 4.125), and the 
equilibrium driving force for the methanol synthesis maintained over the entire 
catalyst bed. The large inlet gas preheater normally required for the synthesis by a 
single WCR is replaced by a relatively small trim heater. 

Because fresh synthesis gas is only fed to the WCR, no catalyst poisons can 
reach the GCR. In combination with the low operating temperatures, this results in 
a very long catalyst service life. In addition, if the methanol yield in the WCR is 
reduced as a result of declining catalyst activity, the temperature in the inlet 
section of the GCR will rise as a result of improved reaction kinetics and hence an 
increased yield in the GCR. 

The main advantages of the combined reactor system are as follows: 

• High syngas conversion efficiency: At the same conversion efficiency, the 
recycle rate is about half of the ratio in a single-stage WCR reactor. 
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Fig. 4.124 Temperature 
profile of the water-cooled 
reactor [430] 
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Fig. 4.125 Temperature 
profile of the gas-cooled 
reactor [415] 
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• High energy efficiency: About 0.8 t of 50-60 bar steam per tonne of methanol 
can be generated in the WCR reactor. In addition, a substantial part of the 
sensible heat can be recovered at the GCR reactor outlet. 

• Low investment cost: The reduction of the catalyst volume for the WCR reactor, 
the omission of the large feedgas preheater, and savings resulting from other 
equipment due to the much lower recycle ratio result in approximately 40 % 
cost savings for the synthesis loop. 

• High single-train capacities: The process improvements explained above have 
paved the way to large methanol plants, such as MegaMethanol and 
GigaMethanol. 

The reaction temperature, as can be seen in Fig. 4.124, is well controlled by the 
boiling water rector design. 
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Main advantages of the gas-cooled reactor (see Fig. 4.125) are as follows: 

- Extended catalyst lifetime, 

- Possibility of very large single-train capacities 

- Low investment cost. 

(B) MHI Reactor System 

The Superconverter, jointly developed by MGC and MHI, has been described 
elsewhere. It is a simple double tubular heat exchanger for methanol synthesis (see 
Fig. 4.126). The methanol synthesis catalyst is packed in the annular space 
between the inner and outer tubes. The feed gas enters the inner tube, through the 
flexible tubes connected to the bottom dome, and is further heated by passing 
through the inner tubes. The gas then is introduced downwards into the catalyst 
bed in the annular space. The catalyst bed is cooled by boiler water outside the 
double tube and feed gas from the inner tubes. Methanol and the unreacted gas exit 
through a bottom outlet. The temperature profile of the co-catalyst in the super¬ 
converter is different than that of a quasi-isothermal reactor. 

The catalyst bed temperature is higher near the inlet but gradually lowers 
toward the outlet by heat exchange with the feed gas. This means that the gas 
proceeds along the maximum reaction rate line (when methanol concentration is 
plotted against temperature) at least some of the time, giving a high one-pass 
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conversion rate. MGC states that the superconverter’s other advantages include 
safe operation and a high level of mechanical stability. 

Mitsubishi has reported successful operation of the first commercial-scale 
(520 tpd) plant using the Superconverter at Niigatas Japans. The Superconverter 
has been incorporated in a 5,000 tpd plant for Sabic in Saudi Arabia. 

(C) Methanol Casale Reactor System Design 

Methanol Casale (Lugano-Besso, Switzerland) improved the so-called lozenge or 
ICI-type methanol reactor that consists of a single catalyst bed in which “lozenge¬ 
shaped” distributors for the cooling gases have been inserted. The single-bed ver¬ 
sion was replaced by a catalyst beds superimposed and in mutually spaced rela¬ 
tionship. The ICM converter is basically a pseudo isothermal converter, in which the 
heat transfer surfaces are plates instead of tubes, and the catalyst is outside the 
cooling plates. A combination of different cooling fluids is also possible. The con¬ 
verter allows very effective quench mixing [415, 431] as the temperature spread at 
the inlet of the next bed is only a few degrees. This eliminates hot spots inside the bed 
and allows operation of the beds at very low inlet temperatures (Fig. 4.127). 
According to Casale, the new design has the following main features: 

- Heat removal from the catalytic bed can be controlled independently in different 
sections of the bed. Thus, it is possible to operate the reactor at a temperature 
profile in accordance with the highest reaction rate. 

- No tube sheets are needed. The heat can be removed directly from the catalyst 
bed. 

- The axial-radial gas flow through the converter results in very low pressure drop. 

- The cooling fluid flowing inside the plates can be fresh converter feed gas, 
water, or another heat transfer fluid. 



Fig. 4.127 Methanol Casale IMC (axial/radial reactor) ©PERP Nexant [415] 
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Fig. 4.128 Linde Reactor System. Courtesy of Linde [432] 


- Casale claims that energy consumption is only about 29.3 GJ/mt methanol. 

- Very high single vessel capacities can be realised. 

(D) Toyo Reactor System Design 

Toyo Engineering Corporation has designed a new version of a multistage radial 
flow methanol converter (MRF-Z) that uses bayonet boiler tubes for intermediate 
cooling. The tubes divide the catalyst into concentric beds. The indirect cooling 
system allows the temperature to be kept very close to the path of the maximum 
reaction rate curve, achieving maximum conversion per pass and reducing the 
catalyst requirement by 30 % compared to quench reactors of the same size. 

The use of bayonet tubes avoids problems with thermal expansion stresses and 
allows for free draining. The pressure drop over the reactor system is low, allowing 
a scale-up to very large sizes (10,000 tpd) by simply enlarging the tube length. 

(E) Linde Reactor System Design 

The synthesis gas is converted to methanol in the Linde isothermal reactor shown 
in Fig. 4.128. The Linde isothermal reactor has the advantages of a tubular reactor, 
but the thermal stress problems of a straight tube bundle reactor are avoided. The 
reaction heat is flowing to a spiral-wound cooling tube, which is embedded in the 
catalyst bed. Thereby, the process can be operated at optimum temperature. The 
temperature is controlled by the vapour pressure. The very high heat transfer 
coefficients on the catalyst side, which are obtained by the cross-flow technology, 
reduce the cooling area required. Due to the flexible arrangement of the tubes in 
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Fig. 4.129 Davy Process Technology tube converter cooler [415] 

the bundle, high spatial and temporal temperature gradients can be tolerated, 
whereby fast startup and shutdown are possible. During loading, the physical 
damage of the catalyst is reduced to a minimum because the tube spiral-wounded 
bundle limits the free fall of the catalyst. 

The Linde isothermal reactor exhibits the largest amount of catalyst per reactor 
volume of all the isothermal reactors. In case of the methanol synthesis, depending 
on process conditions, a capacity up to 4,000 tpd can be achieved. The Linde 
isothermal reactor is presently used in eight methanol plants. 

(F) DPT Tube-Cooled Converter 

Depending on the plant capacity, DPT uses a variety of methanol synthesis con¬ 
verters, such as the following: 

• Axial steam-raising converter (up to 1,500 tpd per converter) 

• Radial-flow steam-raising converter (up to 2,500-3,000 tpd per converter) 

• TCC (up to 2,000 tpd per converter) (Fig. 4.129). 


4.7.5 Methanol Distillation 

4.7.5.1 The Principles 

The raw methanol produced in the methanol synthesis contains water, dissolved 
gases and a quantity of undesired but unavoidable byproducts, which have either 
lower or higher boiling points than methanol. The purpose of the distillation unit is 
to remove those impurities in order to achieve the desired methanol purity spec¬ 
ification. This is accomplished in the three following process steps. 
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First, dissolved gases (e.g. CO, C0 2 , H 2 , CH 4 ) are driven out of the raw 
methanol by simply flashing it at a low pressure into the expansion gas vessel. 
Removal of the light ends (e.g. ethers, formiates. aldehydes, ketones) and 
remaining dissolved gases is carried out in a pre-run column. Finally, the methanol 
is separated from the heavy ends (ethanol, higher alcohols and water) in a pure 
methanol distillation section consisting of one or two columns. 

Lurgi offers two basic distillation concepts, which are both incorporated in a 
large number of methanol plants: an investment cost-saving two-column distilla¬ 
tion and an energy-saving three-column distillation. Methanol purity remains 
unaffected, whereas pure methanol yield and consumption of steam depends upon 
the distillation concept. 


4.7.5.2 Equipment and Process Description 
(A) Cost-Saving Distillation 

The two-column distillation is designed to reduce investment cost while accepting a 
higher energy requirement. This design is recommended for plain steam reforming 
(no use of C0 2 is required) or if steam import for column reboilers is possible. A 
process flow diagram of a typical two-column distillation is shown in Fig. 4.130. 

Raw methanol withdrawn from the synthesis loop is flashed into the expansion 
gas vessel. The dissolved gases escape and are discharged via pressure control into 
the expansion gas line. Raw methanol is then fed to the pre-run column, where low 



Fig. 4.130 Two-column distillation. (Courtesy of Air Liquide Global E&C Solutions) 
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boiling byproducts are removed. Light ends are taken overhead with a large volume 
of methanol vapours. The overhead vapours are passed to the pre-run column 
condenser, where condensation of the methanol vapours is accomplished, and 
further sent to the reflex vessel. Uncondensed light ends are vented off the top of the 
vessel to the off-gas cooler, which serves to condense residual methanol vapours out 
of the vent gases. Condensed methanol runs back into the reflux vessel while light 
ends are withdrawn. Light ends together with expansion gas, both saturated with 
water and methanol, are routed off and can be used as fuel gas. Methanol reflux is 
removed from the vessel and routed by way of the reflux pump back to the upper 
tray of the pre-run column. The column is heated from the bottom by thermosyphon 
and reboilers, utilising low-pressure steam and reformed gas. 

The final product, stabilised methanol, is fed to the pure methanol column. The 
purpose of the pure methanol column is to remove the methanol from water and 
other heavier components. The column overhead stream is pure methanol, while 
process water containing traces of ethanol and higher alcohols is discharged from 
the bottom of the column via a pump and cooler. 

The overhead methanol vapours are condensed in an air cooler, further cooled 
against cooling water, and then collected in the reflux vessel. Part of the methanol 
is pumped back as reflux to the top of the column, whereas the rest is routed to the 
pure methanol storage facilities. 

(B) Energy-Saving Distillation 

The energy-saving three-column distillation is recommended when insufficient 
reformed gas waste heat is generated (e.g. with use of C0 2 ) or if large plant 
capacities are considered. A typical process flow diagram of a three-column dis¬ 
tillation is illustrated in Fig. 4.131. The distillation principle remains unaffected, 
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Fig. 4.131 Three column distillation. (Courtesy of Air Liquide Global E&C Solutions) 
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but the pure methanol column is divided into two separate columns, with one 
running at elevated pressure and the other at ambient pressure. 

Pure methanol is discharged overhead in both columns, each refining between 
40-60 % of the product. The ambient pressure column reboiler uses the heat of the 
pressure column overhead vapours, which are condensed simultaneously. This 
reduces the energy demand for heating the pure methanol column considerably by 
approximately 35 %. 


4.7.6 Unconventional Methanol Synthesis on 
Semicommercial Scale 

The LPMETHANOL liquid phase methanol synthesis process from Air Products 
and Chemicals offers superior reaction temperature control compared to fixed-bed 
technologies and higher conversion. The process is based on a bubble slurry reactor. 
An inert mineral oil/powdered catalyst slurry is used as a reaction medium and heat 
sink. The mineral oil transports the reaction heat to an internal tubular boiler, where 
the heat is removed by generating steam. The LPMETHANOL reactor is able to 
operate at isothermal (constant temperature) conditions by dampening large and 
rapid process changes, and when handling CO-rich (in excess of 50 %) syngas with 
wide compositional variations. Due to the ability to handle CO-rich syngas, an 
upstream WGS unit to increase the syngas H 2 /CO ratio is not needed for partial 
methanol production up to full utlilisation of feed H 2 . Therefore, the LPMETHA¬ 
NOL process can operate either base load or in IGCC co-production mode [433]. 


4.8 Methanol Production from C0 2 

Tom Lorenz 1 , Martin Bertau 1 , Friedrich Schmidt 2 and Ludolf Plass 3 

institute of Chemical Technology, Freiberg University of Mining and Technology, 
Leipziger Strafe 29, 09599 Freiberg, Germany 

2 Angerbachstrasse 28, 83024 Rosenheim, Germany 
3 Parkstrafie 11, 61476 Kronberg, Germany 


4.8.1 Introduction 

Methanol synthesis by C0 2 hydrogenation is one of the most promising steps 
toward a future based on sustainability and responsible use of fossil materials. 
Shortages of fossil fuels and decreasing crude oil qualities will be great challenges 
in the coming decades. Methanol production from C0 2 and H 2 provides a possible 
solution for both problems at the same time. 
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Hydrogenation of C0 2 is not a recent invention. In order to adjust the CO/H 2 
ratio of synthesis gas used for conventional methanol synthesis, scientists dis¬ 
covered during the early 1960s that small amounts of C0 2 added to the feed will 
enhance the yield of methanol [434]. The catalysts used in LPM synthesis (e.g. the 
GL-104 developed by Lurgi and Girdler, which is today a part of Clariant) mostly 
consist of copper, zinc oxide, and alumina. Using these catalysts, many scientists 
tried to investigate the optimal composition of catalysts for producing C0 2 -based 
methanol. Particularly in the 1980s and 1990s, a large number of scientific articles 
dealing with this topic were published. 

World wide first demonstration of converting the green house gas C0 2 to meth¬ 
anol as a useful chemical was reported by Lurgi at the 207th national meeting of the 
American Chemical Society in March 94. Another pilot plant was built in 1996 by the 
National Institute for Resources and Environment (NIRE, Japan) and the Research 
Institute of Innovative Technology for the Earth (RITE, Japan) [435-438]. Today, 
companies like Lurgi and Mitsui Chemicals run pilot plants to investigate the fea¬ 
sibility and problems of industrial-scale production [439]. In Iceland, another plant 
has been in operation since 2012 producing methanol from geogenic C0 2 [440]. 

C0 2 -based methanol has another advantage besides the active reduction of C0 2 
emissions. Methanol synthesis from C0 2 leads to a wide-ranging independence 
from fossil fuels if H 2 is produced by water electrolysis, employing electric power 
supplied from renewable energy sources. Further investments in renewable energy 
sources will promote methanol synthesis from C0 2 and H 2 as the missing link of a 
closed-carbon cycle. In addition, chemical C0 2 fixation will provide new options 
for storing renewable energy (see Chaps. 7 and 8). 

Every year, approximately 35 billion tonnes of C0 2 are produced by industry, 
transportation and households. In view of the enormous efforts nature has invested 
over the last 4 billion years in establishing a highly efficient carbon cycle on earth, 
questions about whether we can afford to dispose of the raw material carbon in the 
atmosphere remain unanswered so far. Consequently, chemists are looking for way 
to recycle carbon (i.e., closing the carbon cycle by reintegrating C0 2 ). In other 
words, C0 2 is increasingly being viewed as a raw material rather than a waste 
product. As a result of C0 2 -based chemistry on an industrial scale, fossil carbon 
resources will be replaceable by C0 2 -derived base chemicals, particularly 
methanol (see Chap. 8). The approach described in this chapter is the chemical 
monetisation of C0 2 by its conversion into methanol according to the reactions 
outlined in Sect. 4.5. In fact, C0 2 hydrogenation very much resembles classic 
methanol production from synthesis gas: 

CO + 2H 2 ^ CH 3 OH A R H (298K ,50bar)= - 90.7 kJ/mol (4.97) 

C 0 2 + 3H 2 ^ CH 3 OH + H 2 0 AH R(298K ,50bar)= - 40.9kJ/mol (4.98) 

The syntheses of methanol from carbon CO and C0 2 are tied through the WGS 
reaction: 


CO + h 2 o ^ co 2 + h 2 


AH R ( 298K sobar) — 42 kJ/mol (4.99) 
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As previously mentioned, Eqs. 4.97^1.99 are equilibrium reactions. The reac¬ 
tion enthalpy AH R refers to 298 K and 50 bar, whereas the standard enthalpy of 
reaction (denoted A R H _ ) is the enthalpy change that occurs in a system when 
1 mol of matter is transformed by a chemical reaction under standard conditions. 
Reactions 4.97 and 4.98 are exothermic and accompanied by a volume decrease. 
Reaction 4.99 in its forward direction is mildly exothermic. In principle, methanol 
formation is therefore favoured by increasing pressure and decreasing temperature, 
with the maximum conversion being determined by the equilibrium composition. 
If hydrogen is obtained from renewable or C0 2 neutral sources, such as biomass, 
solar, wind, or nuclear power, a potentially C0 2 neutral cycle is possible. 

C0 2 separation technologies are discussed in Sect. 4.5.1, such as C0 2 capture 
from integrated gasification combined cycle plants through selective gas treatment 
in a Rectisol process. Also, there are several options for H 2 production, both sus¬ 
tainable (i.e., nonfossil, such as PVs or gasification of renewable feedstock) and 
conventional but nonfossil (e.g. nuclear power) [437, 441-446]. C0 2 capture from 
industrial emissions and the conversion of C0 2 into methanol for the transportation 
sector are also referred to as clean renewable methanol fuel. RM can be blended with 
different grades of gasoline for existing automobiles and hybrid flexible vehicles. 
RM is a drop-in fuel for existing automobiles and hybrid flexible vehicles and can be 
purchased at existing gasoline stations. The production of RM is feasible in many 
locations in the world with geothermal, wind and solar energy sources [447]. 

Because the RWGS is a reversible reaction (Eq. 4.99), catalysts active in the 
direct WGS reaction are also active in the reverse reaction. Copper-based catalysts 
have been studied for the WGS reaction and methanol synthesis from synthesis 
gas, most frequently modified by alumina and less frequently modified by zirconia, 
titania and/or silica. Although some C0 2 is accelerating the reaction rate of 
methanol synthesis from synthesis gas, typically up to a maximum of approxi¬ 
mately 3 % C0 2 in the feed, the use of pure C0 2 results in lower reaction rates. As 
can be deduced from Eqs. 4.97-4.99, the reason is related to the formation of 
water, which is in favour of the reverse methanol synthesis reaction. 

The stoichiometric number SN (see Sect. 4.3.2.4) of a synthesis gas required for 
methanol synthesis should be 2.0 or slightly above. The CO-to-C0 2 ratio as well as 
the concentration of inerts are other important properties of the synthesis gas. A 
high CO-to-C0 2 ratio will increase the reaction rate and the achievable per pass 
conversion. With high CO-to-C0 2 ratios, the formation of water will also decrease, 
thus reducing the catalyst deactivation rate. Both conditions are unfavourable for 
the formation of methanol from C0 2 . However, for particular H 2 /CO ratios, the 
addition of C0 2 can reduce the SN of the MUG to the optimum level of 2.04-2.06, 
which results in significantly higher methanol production for each unit of MUG 
fed to the loop. A disadvantage of this type of operation is the additional amount of 
water that is produced. This water can have an effect on the methanol synthesis 
catalyst. The distillation system has to be capable of handling the additional water 
if C0 2 is added to the reformer effluent, which conversely requires a source of C0 2 
to be available. The quantities effectively needed in large methanol plants usually 
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mean that the plants should be located adjacent or near one or more large-scale 
ammonia plants [449]. 

For these reasons, it was believed that pure C0 2 created as waste from coal- 
fired power plants cannot efficiently enough be transformed into methanol. 
However, Lurgi researchers succeeded in producing methanol from almost pure 
C0 2 by using a Sud-Chemie (today Clariant) catalyst, which is manufactured 
commercially today [452]. Nevertheless, even thereafter researchers reported a 
significant deactivation of the catalyst. This is caused by the water produced in the 
course of C0 2 hydrogenation, which reduces the rate of methanol formation and 
affects ZnO crystallisation, thus rendering the process unfeasible in the long term 
[451, 454]. 


4.8.2 The Lurgi Process with a Cu/Zn/Al-Catalyst 


Early studies on C0 2 -based methanol synthesis were carried out in the early 1990s 
by Lurgi, who in 1994 unveiled the “worldwide first demonstration of converting 
the greenhouse gas C0 2 to methanol as a useful chemical” [452]. At that time, the 
key to the process was a new copper-zinc oxide catalyst developed by Sud-Chemie 
(now Clariant) with an economical service life of about the same as a commercial 
catalyst in a conventional methanol plant that has high CO in its feed gas. This 
new technology was attractive for producers with access to pure C0 2 and excess 
H 2 , such as methyl tertiary butyl ether makers with dehydrogenation units, thus 
making the process as cost-effective as conventional methods. This approach may 
also be attractive in cases where H 2 is available through electrolysis of water by 
using energy from wind or solar sources (see Chap. 8) [450, 453]. 


4.8.2.1 Selection of Catalyst and Process Parameters 

As mentioned previously, Cu-based catalysts are the by far most commonly used 
active catalysts for methanol synthesis from synthesis gas, due to their high 
activity, selectivity and long-term stability. As shown in Table 4.54, in particular, 
those catalysts developed by Sud-Chemie (now Clariant) display very high 
activities for methanol production. Because of the similarities between more C0 2 - 
based and more CO-based methanol synthesis, it is possible to apply these cata¬ 
lysts for both pathways of methanol synthesis. 

Therefore, a commercial Sud-Chemie (now Clariant) Cu/Zn0/Al 2 0 3 catalyst 
was subjected to tests at Lurgi’s research and development centre (now Air 
Liquide Research and Development) with synthesis gases composed of C0 2 and 
H 2 in different stoichiometric ratios with various proportions of inert gases. Cat¬ 
alyst activity proved to be excellent at a pressure of 60 bar and a space velocity of 
22,000 h -1 , and methanol production exhibited a broad peak at temperatures 
between 260 and 270 °C. 
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Table 4.54 Overview of some catalysts used for methanol synthesis from synthesis gas, 


including methanol yields and reaction conditions 


Process 

Catalyst 

Reaction 

Space-time yield 

YMeOH 

Reference/ 


composition 

conditions 

(kgMeOH/kgcat h) or 

(%) 

patent 


(wt%) 


(kgMeOH/lcat h) 


filing date 

Shell 

Cu-Zn-M 

300 °C, 


- 

[454] 

International 

40:18:4 b 

53 bar, 

1.01 


(1971) 

Research 


10,900 h _1 




Mitsubishi Gas 

Cu-Zn-Al 

240 °C, 

- 

- 

[455] 

Chemical 

62:31.5:6.5° 

88 bar. 

- 


(2010) 

Company 


30,000 h _1 




Ammonia 

Cu-Zn-Cr-Al 

250 °C, 

- 

- 

[456] 

Casale 

30:50:16:3 

100 bar, 
12,500 h _1 

1.00 


(1982) 

Sud-Chemie AG 

Cu-Zn-Al 

300 °C, 

- 

- 

[457] 


65.2:23.8:11 

100 bar, 
4,000 h -1 

0.82 


(1984) 

Sud-Chemie AG 

Cu-Zn-Al 

250 °C, 

1.144 

- 

[458] 


63:27:10 

60 bar, 
22,000 h -1 

1.190 


(2001) 

Lonza AG 

Cu-Zn-Zr 

250 °C, 

0.54 

12.7 

[459] 


40:20:40 

50 bar, 
8,000 1/ 

- 


(1996) 



kg h -1 




AIST, RITE a 

Cu-Zn-Al-Zr-Si 

250 °C, 

- 

- 

[460] 


45.2:27.1:4.5: 

50 bar, 

0.72 


(1998) 


22.6:0.6 

10,000 h -1 




Mitsubishi Gas 

Cu-Zn-Al-Zr d 

250 °C, 

- 

34.7 

[461] 

Chemical 

57.6:29.5:9.2:3.7 

49 bar, 



(1973) 

Company 


4,000 h _1 




YYK Corp a 

Cu-Zn-Al 

250 °C, 

1.548 

- 

[462] 


76.3:11:12.7 

50 bar, 

1.7 g/ 

- 


(1998) 



h mol 




Fujimoto et al. 

Cu-Mg-Na-Pd 

U 

o 

O 

'vD 

- 

- 

[463] 


x:y:18.7:0.025 

50 bar, 
batch 

- 


(2010) 

Kang et al. 

Cu-Zn-Al-Zr 

250 °C, 

- 

- 

[464] 


60.5:30.1:7.6:1.8 

50 bar, 
4,000 h -1 

— 


(2009) 


M = Mixture of two or more rare earth elements (except Ce) in their natural ratio 
a = The full list of all proprietors is published in the patent 
b = Weight portion of the metal oxides 
c = Molar ratio 

d = A Ce/Zr-oxide support was used with a catalyst/support weight ratio of 5:1 
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4.8.2.2 Activity and Stability of the Commercial Catalyst System 

Catalytic production processes of commodities on an industrial scale are mainly 
dependent on selectivity and stability of the catalyst system in use. Low conver¬ 
sions are acceptable as long as unconverted substrate can be recycled with an 
acceptable effort. Therefore, these aspects were in the focus of catalyst charac¬ 
terisation tests in a setup with recycling of unconverted synthesis gas. The catalyst 
showed a good performance and furnished almost complete conversion of C0 2 . 
The C0 2 per-pass conversions were in the range of 35-45 % and showed a slight 
decrease over time-on-stream (TOS). 


4.8.2.3 Selectivity of the Methanol Formation Reaction from C0 2 

In general, the methanol synthesis reaction based on synthesis gas is already very 
selective. The crude product obtained from the low-pressure flash has normally a 
purity of approximately 90 % if the common synthesis gas is used as a feed 
(Table 4.55). The predominant byproduct is water with a content of 10-12 wt%. 
Water is a byproduct of the C0 2 hydrogenation, too, and can be converted in situ 
with CO to give C0 2 and H 2 (WGS reaction). 

If C0 2 -based feed gas is used, both primary reactions (i.e., the C0 2 hydroge¬ 
nation to methanol and the RWGS reaction to CO) are accompanied by formation 
of water. Therefore, the crude methanol from the C0 2 -based process contains 
approximately 30-40 % water. In both cases, the water content strongly depends 
on the C0 2 fraction in the synthesis gas and additionally on the activity of the 
catalyst towards the (reverse) WGS. 

Apart from water as an inevitable byproduct, other byproducts from parallel or 
consecutive reactions are present in significantly lower amounts. For CO-based 
synthesis gas, the content of byproducts is in the range of 2,000 ppm (Fig. 4.132). 
The C0 2 -based process yields methanol in higher purity with five times lower 
byproduct contents. This can be partly explained by the high temperature sensi¬ 
tivity of the byproduct formation reactions. These components are mainly formed 
at higher temperatures. Because the resulting catalyst bed temperature is higher 
when CO is present in the feed gas, byproduct formation is faster, too. However, in 
addition to this effect, C0 2 conversion seems to proceed with an inherently higher 


Table 4.55 Purity of the crude methanol product from a pilot plant [464] 


Synthesis gas basis/ 
process conditions 

Overall selectivity 
for methanol (%) 

Water content 
(wt%) 

Content of other 
byproducts (ppmw) 

CO 

87.0 (99.82) a 

12.8 

1,800 

70 bar, 250 °C 




co 2 

63.5 (99.96) 

36.1 

390 

80 bar, 250 °C 





a Excluding water and only taking the other byproducts into account 
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Fig. 4.132 Comparison of 
the byproducts in crude 
methanol for various feed 
gases using a standard 
catalyst under standard 
conditions compositions 
[490]. (Courtesy of Air 
Liquide Global E&C 
Solutions) ‘comb, reform.’ 
stands for ‘combined 
reforming’ 
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selectivity. The data show that, even at comparable peak temperature levels of the 
reaction, byproduct formation is significantly reduced for C0 2 -based synthesis gas 
compared to CO-based synthesis gas. 

Under similar process conditions, C0 2 conversion is slower than CO hydro¬ 
genation but more selective, which is owed to lower peak temperatures. However, 
productivity of the overall process always depends on the space velocity, recycle 
ratio and temperature, among other factors. In all cases, the producer must decide 
what the main aims of the process are. C0 2 may not lead to comparable pro¬ 
ductivities as CO, but it offers many other potential benefits and advantages. 


4.8.2.4 Lurgi Process Technology for C0 2 Hydrogenation to Methanol 

The high activity of a C0 2 -to-methanol catalyst permits high loads and corre¬ 
spondingly good STYs. The low equilibrium conversion affects carbon and 
hydrogen use in the synthesis gas, rendering it slightly lower than that in a 
CO-based methanol synthesis. Lurgi has developed a concept for the synthesis 
of methanol from C0 2 and H 2 that almost offsets the drawbacks of the lower 
equilibrium conversion rate by subdividing the reaction system into WGS and 
methanol synthesis as two separate reaction units (Fig. 4.133) [465]. 

In this process, the conventional setup of adding the MUG to the recycle gas is 
supplemented by contacting the MUG with the catalyst in a fixed-bed prereactor in 
a once-through operation. This can be realised without overheating the catalyst 
even at high pressure because for the two reactions, C0 2 hydrogenation and 
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Fig. 4.133 Setup for 
methanol synthesis based on 
C0 2 and H 2 . (Courtesy of Air 
Liquide Global E&C 
Solutions) [439] 


Ad i a batic R e acto r fs othorm a I Reactor 



RWGS reaction, the exothermic effect is only slightly higher than the endothermic 
effect. Under these conditions, the occurring reaction rates for the two reactions 
leads to only a marginal temperature increase. 

The product gas from the prereactor is cooled and fed into a synthesis loop 
incorporating a conventional water-cooled methanol reactor. The exothermic 
reaction, which is clearly dominant during the recycle operation, can be conve¬ 
niently controlled by the water-cooling reactor system. This well-proven reactor 
concept is perfectly suitable to accurately adjust the narrow temperature range 
where both kinetic and thermodynamic conditions reach their optima. The WCR 
requires only approximately 80 % of the volume that would be necessary if the 
MUG was fed directly into the methanol synthesis loop. Consequently, all equip¬ 
ment and piping within the loop is also reduced by the same percentage [465]. 

In both the adiabatic and the isothermal reactor, the same catalyst is used, which 
is composed of 67.4 wt% CuO, 21.4 wt% ZnO and 11.1 wt% A1 2 0 3 , sum is only 
99.9 wt%. Prior to synthesis, the catalyst material is reduced in a conventional 
manner. The adiabatic reactor, which is operated at 80 bar and 240-280 °C, is 
loaded with 200 kg catalyst, whereas 800 kg is filling the tubular reactor, which is 
run at approximately 78 bar and 270 °C. Synthesis gas (according to the com¬ 
position given in Table 4.56) is supplied to the adiabatic reactor at a rate of 
11,000 Nm 3 per hour per m 3 of catalyst. The isothermal reactor is fed at a rate of 
12,000 Nm 3 /m 3 h. 
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Table 4.56 Typical gas compositions for methanol production from C0 2 according to the Lurgi 
process 


Gas 

Adiabatic reactor 
feed (mol%) 

Isothermal reactor 
feed (mol %) 

Isothermal reactor 
product (mol %) 

co 2 

18.5 

14.0 

11.3 

CO 

3.6 

3.0 

2.5 

h 2 

64.5 

69.1 

62.0 

ch 4 

1.3 

8.4 

9.3 

n 2 

0.8 

5.1 

5.6 

ch 3 oh 

4.0 

0.3 

5.2 

h 2 o 

7.3 

0.1 

4.1 


The amounts of CH 4 , CH 3 OH, and H 2 0 in the adiabatic reactor feed results from the process run 
as a loop process, in which the isothermal reactor product gas is mixed with makeup gas [465] 


Cooling results in the formation of steam at 48 bar. From this process, a water- 
containing product mixture with 63.9 wt% methanol becomes available. For the 
production of 1,000 kg of that product mixture, 142 kg mol of synthesis gas 
having the composition stated in Table 4.56 are supplied to the adiabatic reactor. 
The feeds of both reactors have the SN of 2.066. 


4.8.3 The Korean Institute of Science and Technology 
CAMERE Process 

CAMERE stands for carbon dioxide hydrogenation to form methanol via reverse- 
water-gas-shift-reaction. The process, which has the status of a pilot plant, is a 
joint development of Korean Pohang Iron and Steel Company and the Korea 
Electric Power Research Institute funded by the Korean government. The setup 
consists of a RWGS reactor and a methanol formation reactor [466]. Both reactors 
are serially connected to remove water in the first reactor and synthesise methanol 
in the second one. Production capacity of the plant is 100 kg methanol per day. 
Methanol production yield in the CAMERE process exceeds that of the direct C0 2 
hydrogenation without a RWGS reaction by a factor of >2. The pilot plant for 
methanol synthesis from C0 2 was combined with a pilot plant for the separation of 
C0 2 discharged from a power plant [467, 468]. 

In the CAMERE process, C0 2 is converted to CO and H 2 0 through the RWGS 
reaction, whereupon the product gas (C0/C0 2 /H 2 /H 2 0) is freed from water and 
fed into the methanol reactor. Each reactor has a recycle stream to increase C0 2 
conversion to CO and C0 2 to methanol, respectively. Water produced from the 
methanol reactor, which is fed back to the RWGS reactor via the recycling gas, is 
chemically eliminated through a WGS reaction with MUG (C0/C0 2 /H 2 ), thus 
increasing C0 2 conversion to methanol and decreasing the recycle gas amount 
from the methanol reactor. Methanol productivity of the CAMERE process 
depends on the CO concentration in the methanol reactor feed, which depends on 
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Fig. 4.134 Setup of the CAMERE process [461] 


the RWGS reaction conditions (particularly temperature). Figure 4.134 illustrates 
the setup of the process. 

The RWGS reaction is one of the most promising processes for a technically 
viable C0 2 recycling. In this process, a fraction of the C0 2 feed is converted to CO 
in a RWGS reactor (Eqs. 4.97-4.99). Thus, the CAMERE process benefits from 
chemical removal of water produced in the course of methanol synthesis via a 
WGS. Water is regarded detrimental for methanol synthesis because it deactivates 
the catalyst. However, because catalyst deactivation goes along with selectivity 
increase, it depends on the individual process conditions for which degree water 
removal prior to methanol synthesis is beneficial. 


4.8.4 Mitsui’s Process for Producing Methanol from C0 2 

Another pilot-scale project is operated by Mitsui Chemicals in the Osaka manu¬ 
facturing complex. Mitsui’s catalytic process for producing methanol from C0 2 is 
based on their proprietary greenhouse gases-to-chemical resources (GTR) tech¬ 
nology and that of Carbon Recycling International (CRI). The pilot plant at Osaka 
has a capacity to produce 100 tonnes/year of methanol and it has been operational 
since March 2009. An oxidised copper, zinc, aluminium, zirconium and silicon 
catalyst is used, which was developed within a joint research project with the 
Kyoto-based RITE. RITE developed several highly active Cu-based, multicom¬ 
ponent catalysts during the early 1990s, which have been tested in the first pilot 
plant built in 1996; they are capable of producing 50 kg methanol per day from a 
C0 2 /H 2 feed. C0 2 and H 2 are also the major feedstocks used by the Mitsui plant. 
The hydrogen supplied to the plant stems from waste gases of an ethylene oxide 
(EO) unit operated by a nearby ethylene manufacturing facility [469] . 
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Despite two patents having been published for the Mitsui approach, there is 
meager information available on the overall process. The core component is a 
copper-containing catalyst for the production of methanol. The process is reported to 
be characterised by including a step in which H 2 and C0 2 are supplied from the 
upstream side of the catalyst bed of the reactor and a reaction mixture containing 
methanol, which is obtained from the downstream side of the catalyst bed [470,471]. 


4.8.5 The CRI Iceland Demonstration Plant 

CRI is an Iceland-based company that produces methanol from C0 2 with the aim 
of converting it into clean RM fuel. In their Svartsengi plant named after George 
A. Olah the “George A. Olah Renewable Methanol Plant” and which was com¬ 
pleted at the end of 2011, geogenic C0 2 and geothermal heat are used to produce 
methanol through water electrolysis and C0 2 hydrogenation. Initially, 2 million 
litres of methanol were intended to be produced per year. CRI planned to expand 
the plant to produce more than 5 million litres per year by 2012, which in terms of 
RM fuel corresponds to approximately 2 % of Icelandic gasoline consumption. 
CRI reports that RM is blendable with established gasoline qualities [472-474]. 


4.8.6 Catalysts 

4.8.6.1 Catalytic Mechanism 

In general, the overall mechanism of C0 2 -based methanol synthesis can be 
summarised by reactions in Eqs. 4.97 and 4.99, the latter of which is also known as 
the RWGS reaction (the most important side reaction). In both reactions, water and 
CO occur together as the main byproducts, what may impair catalyst performance. 
Water is able to decrease catalyst activity by blocking coordinatively unsaturated 
binding sites, [440, 441] whereas CO chemisorbs strongly on Pd catalysts [475- 
477]. Further byproducts such as dimethyl ether, methyl formate, methane, or 
higher alcohols are also found, but in most cases with a total selectivity of less than 
0.1 %. To improve selectivity for methanol synthesis from C0 2 , a thorough 
understanding of the mechanism behind the reaction is a crucial prerequisite. 
Today, the so-called formate route (Fig. 4.135) is the most preferred reaction 
pathway to describe the mechanism, but nevertheless there is still controversy 
about the formed intermediates during methanol synthesis; in addition, the cata¬ 
lytic mechanism has not entirely been elucidated yet [478-483]. The most 
important steps of the formate route are described here. 

As shown in Fig. 4.135, the reaction begins with the adsorption of hydrogen 
onto the Cu surface followed by a homogenous splitting (a), which provides 
atomic hydrogen by spillover (b). Conner et al. described the hydrogen spillover as 
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Fig. 4.135 Mechanism of 
methanol synthesis. (Adapted 
from [480]) 
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wandering of H atoms over the Cu surface by establishing new bonds to neigh¬ 
bouring Cu atoms [484]. This wandering continues until the H atoms pass the Cu/ 
metal oxide boundary. Beyond the boundary, the H atoms are available for C0 2 
reduction. Simultaneously, C0 2 adsorbs onto the catalyst surface, giving way to 
two competitive reactions. The dissociative adsorption (c) represents one part of 
the RWGS reaction, leading to CO and adsorbed oxygen. Alternatively, C0 2 
adsorbs onto the catalyst surface, where it reacts with adsorbed oxygen to form a 
carbonate-like transition state (d). Considering the fact that C0 2 also adsorbs on 
metal oxides such as ZnO, Zr0 2 , or Ga 2 0 3 for instance, subsequently M will be 
used as a placeholder instead of particular chemical entities. 

In the next step, hydrogen supplied by spillover reduces the transition state (d), 
yielding formate being bound in two different ways to the catalyst surface (e). Of 
these entities, only the bidentate formate reacts with atomic hydrogen (f). The 
resulting methylenediol species undergoes a further reduction to yield a catalyst- 
bound methoxy and hydroxy species each (g). The methoxy species undergoes a 
final reaction with hydrogen to give methanol, which desorbs as methanol in 
subsequent course (h). In a consecutive reaction, the remaining hydroxy species is 
converted to water (i). The rate-determining step of the mechanism is the reduction 
of the bidentate methyl formate. 

In addition to Cu-based catalysts, gallia (Ga 2 0 3 ) supported Pd catalysts show a 
similar reaction pathway, yet with a few differences [477, 485, 486]. The entire 
C0 2 hydrogenation takes place on the gallia surface, while the atomic hydrogen is 
supplied by spillover from Pd [485]. The latter is indispensable, although a dis¬ 
sociative adsorption of hydrogen may take place on the gallia surface alone. 
However, the subsequent reduction steps only yield methoxy species, and no 
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Fig. 4.136 Reverse water- 
gas shift reaction on a Pd- 
Ga 2 0 3 catalyst. (Adapted 
from [477]) 
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methanol is formed. Pd is required for the supply of atomic hydrogen on Pd-Ga 2 0 3 
catalyst surfaces, thus allowing for C0 2 to be reduced to methanol. Considering 
the rate-limiting step of formate reduction, it is the monodentate formate rather 
than the bidentate form that reacts with hydrogen to form methoxy species. In fact, 
the contribution of each individual pathway (mono- and bidentate) to the overall 
process has not been finally elucidated so far after literature [485, 486]. Another 
difference compared to Cu-catalysts concerns the RWGS reaction, which takes 
place on gallia as shown in Fig. 4.136. 

First of all, no dissociative adsorption of C0 2 could be observed on gallia- 
supported Pd-catalysts. Instead of dissociative adsorption, CO is produced by 
decomposition of monodentate and bidentate formate (a). Similarly to the case of 
formate decomposition, the reaction of surface-bound oxygen with hydrogen 
supplied by spillover leads to hydroxyl species (b), from which water is formed in 
consecutive reactions (c, d) [471]. 


4.8.6.2 Catalyst Compositions 

Due to similar mechanisms, reaction conditions and the fact that minor amounts of 
C0 2 in the synthesis gas mixture increase the methanol yield, most of the catalyst 
compositions used for methanol generation from synthesis gas equal those for C0 2 
hydrogenation. Particularly in recent decades, a large quantity of catalysts has 
been examined in terms of selectivity, long-term stability and activity with regard 
to methanol synthesis [453, 455-461, 487, 488]. Table 4.54 gives a short overview 
of representative catalysts used in methanol synthesis from synthesis gas. 

As mentioned, conventional Cu catalysts were the basis for further catalyst 
improvements and research. Most of the catalyst systems consist of a noble metal 
component such as Cu, Re, Pt, Pd, Ag, or Au (hydrogen activation) and some less 
noble metal oxides, such as ZnO, Zr0 2 , Ga 2 0 3 , or A1 2 0 3 (carbon oxide activation). 
Depending on the fabrication technique, Si0 2 , metal oxides, or more recently 
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Table 4.57 Changes in catalyst properties caused by metal oxides [493] 


Catalyst (molar ratio) 

X C0 2 (%) 

SMeOH (%) 

Sco (%) 

YMeOH (%) 

Cu/ZnO (50/50) 

27.3 

31.9 

68.1 

8.7 

Cu/ZnO/MgO (47/47/6) 

19.1 

57.0 

43.0 

9.0 

Cu/Zn0/Al 2 0 3 (47/47/6) 

35.3 

64.7 

35.3 

22.8 


Reaction conditions H 2 /C0 2 = 3, temperature = 493 K, pressure =13 bar, space velocity = 
3,600 h -1 


carbon structures such as carbon nanotubes [479] are used as catalyst support. 
Despite the huge variety of metal-metal oxide combinations, Cu catalysts are still 
by far the most commonly used catalysts. Aside from catalyst composition, fab¬ 
rication technique and catalyst pretreatment also have a substantial influence on 
catalyst properties. Therefore, the size of the catalytic surface is a very important 
factor because this has a direct outcome on catalytic activity. For more detailed 
information, see Sect. 4.7. 

C0 2 -to-methanol hydrogenation catalysts are mostly like those in use for 
synthesis gas to methanol conversions. After all, it was in the early 1960s when the 
usefulness of cofeeding C0 2 in methanol production from synthesis gas was 
discovered [434]. Consequently, catalyst compositions and preparation techniques 
are the same or at least greatly resemble those used for synthesis gas conversion 
catalysts. However, hydrogenation of pure C0 2 has some peculiarities that require 
these protocols to be individually adapted. The major difference between the two 
starting materials for methanol synthesis, C0 2 /H 2 , and synthesis gas consists in the 
production of water in stoichiometric amounts occurring in the course of C0 2 
hydrogenation. This side-product formation is generally thought to impair catalyst 
activity by blocking unsaturated bonding sites [475, 485, 490]. In this context, the 
catalysts converting C0 2 /H 2 have to become more stable and more active to keep 
up with those catalysing methanol synthesis from synthesis gas. Therefore, 
changes in catalyst composition are expected to be helpful. Many metal oxides are 
able to improve the catalytic properties, for which reason using more than one 
metal oxide is generally regarded as favourable. Table 4.57 shows how catalyst 
properties can be improved by moving from a binary to a ternary system. 

Most metal oxides examined as catalyst promoters are alkali metals, alkaline 
earth metals, rare earth metals, transition metals, or main group III metals of the 
boron group. However, not all of them are suitable as catalyst components. Some 
metal oxides impair catalyst properties and some metal oxides (e.g. most of the 
rare earth oxides) are simply far too expensive. The most commonly used metal 
oxides are ZnO, Zr0 2 , A1 2 0 3 and Ga 2 0 3 . 

ZnO is found in most of the Cu catalysts, where it effectuates an enhanced 
dispersion of Cu particles, thus increasing catalytic surface area [438, 477, 494, 
495]. As described earlier, ZnO also participates in the catalytic mechanism, which 
renders ZnO as an essential catalyst component. Furthermore, ZnO is capable of 
retaining small amounts of sulphides, which may contribute to prevent catalyst 
deactivation [495, 496]. 
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A1 2 0 3 represents another often used metal oxide. In particular, the combination 
of ZnO and A1 2 0 3 showed a synergetic effect, resulting in delaying the unavoid¬ 
able sintering of Cu particles during long-term operation [438, 495, 496]. A1 2 0 3 
also promotes Cu particle dispersion. However, this effect is not observable with 
Re or Pd catalysts, for which addition of A1 2 0 3 causes massive impairment both of 
selectivity and activity of the catalysts [493, 497, 498]. 

Sometimes Zr0 2 is used instead of A1 2 0 3 in ternary catalyst systems. It became 
apparent that catalysts containing Zr0 2 show a less intensive adsorption of water 
onto the catalyst surface than those containing A1 2 0 3 [477, 498]. Like the latter, 
Zr0 2 is capable of enhancing Cu particle dispersion, too [438, 500], although this 
effect is slightly less pronounced than with ZnO [495]. 

Ga 2 0 3 in the form of monoclinic /i-Ga 2 0 3 is often used in combination with Pd 
as noble metal component, where it is required for C0 2 adsorption [478, 479, 501]. 
As an additive of Cu catalysts, Ga 2 0 3 prevents the latter from sintering [477]. 
Furthermore, Ga 2 0 3 interacts with Cu in the course of methanol formation and 
regulates the Cu°/Cu + -ratio [438, 502]. Both oxidation states are part of the cat¬ 
alytic mechanism. 

Many other metal oxides, such as K 2 0 [503], B 2 0 3 [477], MgO [493], MnO 
[475], Ti0 2 [498], Ce0 2 , [438] and Cr 2 0 3 , [493, 504] have also been used as 
catalyst promoters, although with small effects on methanol synthesis from C0 2 
and H 2 only. 


4.8.6.3 Catalyst Preparation Techniques 

The following section refers mainly to scientific literature. The easiest and most 
commonly used fabrication technique is to coprecipitate. However, as a matter of 
course, for the purpose of research there are also other techniques that use 
impregnation, decomposition of citrate complexes, or gels for catalyst preparation, 
for instance. Each method affects catalyst activity and long-time stability. 
Therefore, it is necessary to pay attention to every single step of preparation. In 
order to basically illustrate catalyst preparation and the influence each preparation 
step has on the catalytic properties, coprecipitation of a catalyst is exemplified 
here. For more detailed information on the respective techniques as well as 
peculiarities of individual catalyst preparation steps, the reader is kindly referred to 
the original literature cited. 

Catalyst preparation commences with dissolving the nitrate salts of the chosen 
metal components (e.g. Cu(N0 3 ) 2 /Zn(N0 3 ) 2 /Al(N0 3 ) 3 ) in demineralised water 
under vigorous stirring according to the desired catalyst composition. During the 
next step, a Na 2 C0 3 solution is added dropwise to precipitate the respective 
metals, thus furnishing a mesoporous, needle-shaped zincian malachite, (Cu, 
Zn) 2 (0H) 2 C0 3 , which serves as catalyst precursor [505, 506]. Because of the 
different precipitation pH values of Cu 2+ and Zn 2+ /Al 3+ ions of approximately 3 
and 5, respectively, pH has to be kept at 7. 
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Table 4.58 Influence of aging time [476] 


Aging time (h) 

Sodium content (wt%) 

BET surface (m 2 /g) 

X C0 2 (%) 

SMeOH (%) 

YMeOH (%) 

0.5 

3.4 

42 

7.7 

14.9 

1.15 

12 

1.3 

74 

19.6 

23.8 

4.66 

24 

0.8 

99 

19.4 

29.3 

5.68 


Reaction conditions temperature = 523 K, pressure = 30 bar, H 2 /C0 2 = 3, V = 50mol/min 
Catalyst Cu/ZnO/Zr0 2 (average molar ratio: 48/45/7) 


In some experiments to improve the catalyst precursor formation, use of the 
respective metals’ formate salts are claimed to be superior to nitrates. The formate 
ion can serve as ligand and buffer during the precipitation procedure, thus leading 
to catalysts with higher activities in methanol synthesis [507]. Precipitation tem¬ 
perature is another important parameter. For instance, Cu/Zn 0 /Zr 0 2 /Al 2 03 /Ga 203 
catalyst activity was observed to decrease by 7 % upon raising precipitation 
temperature from 0 to 60 °C [508]. Before filtering, the precipitate is aged in its 
solution under continuous stirring for a certain period of time. This is an essential 
process step because—among other consequences—aging time has an effect on 
sodium content of the catalyst, and sodium remainders in the catalyst impair the 
development of fine catalyst structures, thus reducing catalytic surface and activity. 
According to Chiavassa et al. a long aging time is favoured to decrease sodium 
content stepwise, while at the same time activity, selectivity and methanol yield 
benefit from this measure (Table 4.58). 

After filtering, the filter cake is extensively washed with distilled water and 
dried at 120 °C. The dry filter cake is then calcined at 350 °C for a several hours, 
causing the mesoporous catalyst precursor to decompose to the corresponding 
nano-structured metal oxides and C0 2 . In laboratory experiments, the sieved 
catalyst is now ready for the reduction step. For these purposes, in the laboratory a 
mixture of H 2 and a noble gas such as helium or argon is used to reduce CuO 
slowly to Cu°. This reduction process is an exothermic reaction that may cause the 
Cu particles to sinter on the catalyst surface. This undesired effect can be avoided 
by keeping hydrogen at <10 vol%. It is important to note, however, that not all 
CuO is reduced. In fact, both species, Cu° and Cu + , are involved in the catalytic 
mechanism. After finishing the reduction step, the catalyst is ready for use. 

Apart from coprecipitation of carbonates, water-insoluble metal citrate com¬ 
plexes were also examined [477]. For these purposes, a solution of citric acid is 
added slowly to the dissolved nitrates to precipitate the metal citrate complexes. 
From this step on, the procedure follows the one described above. 

A special technique, so-called oxalate gel coprecipitation, works with metal 
nitrates and oxalic acid separately dissolved in absolute ethanol [509, 510]. Pre¬ 
cipitation is conducted by mixing the two solutions at ambient temperature under 
vigorous stirring. The centrifuged precipitate consisting of isomorphic substituted 
oxalates exhibits the consistence of a gel, which during drying shrinks to one-fifth 
of the former volume. Compared to catalysts prepared by the carbonate and 
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Table 4.59 Comparison of fabrication techniques [478] 


Method 

X C0 2 (%) 

SMeOH (%) 

YMeOH (%) 

Carbonate coprecipitation 

15.8 

22.8 

3.6 

Oxalate coprecipitation 

19.3 

22.3 

4.3 

Gel oxalate coprecipitation 

19.3 

36.3 

7.0 


Cu/Zn0/Al 2 0 3 -catalyst (molar ratio: 45/45/10) 

Reaction conditions temperature = 513 K, pressure = 20 bar, H 2 /C0 2 = 3, space 
velocity = 3,600 h -1 


oxalate coprecipitation method, respectively, catalysts prepared by the latter 
method gave a much higher methanol yield (Table 4.59). 

During calcination release of CO formed from oxalate, decomposition emerged 
as detrimental. CO is very reactive under calcination conditions and reduces CuO 
and ZnO to the corresponding metals [487]. The heat released during the exo¬ 
thermic reduction may cause Cu particles to agglomerate, thus impairing catalyst 
activity. This can be avoided by choosing a moderate temperature increase rate 
under the addition of fresh air in order to oxidise CO to C0 2 . 

The impregnation method may be used, particularly for catalysts with expensive 
components such as platinum group metals. This method allows for synthesising 
the catalysts with a very low amount of the expensive metallic component. For 
example, a Pd//l-Ga 2 0 3 -catalyst (1 wt% Pd) was produced by impregnating a 
/i-Ga 2 0 3 -surface with a solution of palladium(II)-acetate in acetone. After drying, 
calcination and reduction in the H 2 /Ar stream, the catalyst is ready for methanol 
synthesis from C0 2 [485]. 


4.8.7 Alternative Approaches 

Because catalysts are inhibited by reaction water, as alternatives to the previously 
described prereactor membranes were examined. For these purposes, the mem¬ 
brane is used to remove water and/or methanol in situ from the reactor system. In 
this regard, a Nation membrane from DuPont [509-511] and a special silica/ 
alumina-membrane [512-514] were found to be suitable for removing water and 
methanol faster than the gaseous components. Due to the shift of the equilibrium 
towards the side of the products, membrane reactors were supposed to achieve 
higher methanol yields. In fact, both membranes were capable of increasing 
methanol yield by 50 % compared to a fixed-bed reactor operating at the same 
reaction conditions. The results are summarised in Table 4.60. 

However, membranes suffer from an insufficient stability, for which reason 
temperature and pressure have to be lower than what is usually applied for fixed- 
bed reactors. As a result, the catalysts will not be operable at optimal conditions. 
Even worse in this context, there are opposing membrane characteristics. Nation 
membranes, for instance, can be operated up to 200 °C, while their selectivity for 
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Table 4.60 Results of the examined membrane reactors [485, 488] 


Membrane 

Nafion 

Silica/Alumina 

Flow mode 

Countercurrent 

Parallel flow 

Pressure (bar) 

4.3 

3 

Temperature (°C) 

200 

200 

H 2 /C0 2 ratio 

3:1 

3:1 

GHSV (h _1 ) 

1,000 

3,000 

Catalyst 

Cu/ZnO 

Cu/ZnO 

Methanol yield (%) 

3.6 

3.4 

Fixed-bed reactor a (%) 

2.4 

2.3 


a Methanol yield of the comparable fixed-bed reactors, working under the same conditions 


methanol and water are optimal at far higher temperature levels. In fact, methanol 
and water selectivity are rather meager within the operating range of organic 
membranes. Inorganic membranes, such as the silica/alumina-membrane, which 
were once regarded as a loophole, display the same characteristics. This is the 
background for the relatively low methanol yields of membrane reactors, which 
range between 3.4 and 3.6 %. 

Another process design addresses the heat released during methanol synthesis, 
which promotes slow sintering of Cu particles on the catalyst surface. To improve 
heat removal, methanol synthesis is conducted in an inert liquid. This so-called 
LPMeOH process (from liquid-phase methanol) was initially developed for con¬ 
ventional methanol synthesis from synthesis gas by Chem Systems in 1975 (see 
Sect. 4.6). In the 1990s, research eventually was directed to investigating catalysts 
applicable in liquid-phase C0 2 -based methanol synthesis [515-517]. Apart from 
improved heat removal, liquid-phase methanol synthesis also benefits from the 
option to recover product methanol through extraction of the solvent-water mixture 
leaving the reactor [515]. On the other hand, solvent molecules may also adsorb on 
the catalyst surface, thus impairing catalyst activity [518]. However, although this 
concept proved successful, it has never left laboratory status. Indeed, one has to 
bear in mind that methanol synthesis from C0 2 /H 2 releases only half of the heat 
produced in conventional methanol synthesis from synthesis. In conclusion, fixed- 
bed reactors are much easier to handle compared to LPMeOH reactors—the 
shortcomings of which cannot be compensated for in C0 2 hydrogenation. 

Another approach considers hydrogenation of C0 2 bubbled through an alkaline 
suspension of a photocatalyst by irradiating with visible light/ultraviolet radiation 
at the same time. The STYs of such photocatalysts are still more than three orders 
of magnitude lower than those of conventional catalysts. At present, experiments 
with photocatalysts applied for methanol synthesis are constrained to laboratory 
use only [519-521]. 

Homogeneously catalysed C0 2 hydrogenation using metal organic catalysts, 
such as ruthenium triphos complexes dissolved in anhydrous THF, offer another 
option for producing methanol under mild reactions conditions, but with com¬ 
paratively low TON [522]. Also, this approach is far from being applicable on a 
pilot scale. 
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4.8.8 Conclusion 

Today, the C0 2 -to-methanol technology is (at least in principle) state of the art, 
allowing for an active reduction of C0 2 emissions by simultaneously exploiting 
C0 2 as a basic commodity for industrial methanol production. Improvements of 
process and catalyst systems are desirable but not mandatory. The two severe 
impediments for commercialisation of this technology are (1) the commercially 
feasible production of renewable hydrogen from various energy sources and 
(2) the economically feasible production of clean C0 2 from waste gas streams. 
The various technologies require individual investments, which depend on the 
geographical, geological and climatic conditions of the specific location for the 
realisation of the particular approach. 
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